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PREFACE 


Chemical reaction engineering is the branch of engineering that is 
concerned with the exploitation of chemical reactions on a commercial 
scale for purposes other than the production of power. Here the goal is the 
successful design of chemical reactors, and this is achieved by knowing 
what a reactor can produce and by knowing how this product can be 
controlled to suit requirements. Chemical reaction engineering, probably 
more than any other single activity, sets chemical engineering apart as a 
distinct branch of the engineering profession. 

The primary problem facing the engineer in chemical reaction engineering 
is to decide which of the many possible design alternatives is the most 
favorable. This is brought out in this teXt by treating the major reactor 
types side by side, giving particular attention to their performance capa¬ 
bilities. This procedure should help develop a strong intuitive sense for 
good design which can then guide and reinforce the formal methods pre¬ 
sented for optimization. 

This is a teaching book; thus simple ideas are introduced first and are 
then extended to the more complex. However, emphasis is placed on 
developing a strategy of design common to all systems, both homogeneous 
and heterogeneous, rather than presenting distinct approaches and complex 
applications. 

This is an introductory book. The pace is leisurely, and occasionally 
time is taken to discuss why certain assumptions are made, why an 
alternative approach is not taken, and to indicate the limitations of the 
treatment when applied to real situations. These discussions lead to a 
grasp of the physical situation—^an awareness of the controlling factors 
involved—^which should always accompany the manipulation of formulas. 
Only when we recognize the limitations of our methods do we have enough 
understanding to extend these methods judiciously to new, more compli¬ 
cated, and untried situations. 

Problems in this book are intended to contribute materially to the 
learning process. Some are simple, some complement the text material. 
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and others challoige the brave soul to venture beyond. Light relief is 
provided by a sprinkling of unconventional problems which serve to show 
that the methods employed are flexible and can be used in quite unrelated 
situations. 

This book treats some of the latest and most promising lines of thought 
previously available only in the technical journals. Though some of th^ 
concepts are rather sophisticated, the level of treatment should be suitable 
for presentation at the undergraduate level. 

In recent years a single course in chemical reaction engineering has 
appeared in more and more undergraduate curricula. At Illinois Institute 
of Technology Chapters 1-8, 11, and 14 are covered in a one-semester 
course at the senior level; the rest of the topics are considered in a follow¬ 
up course at the graduate level. 

When it is widely recognized that the principles of chemical reaction 
engineering can be presented in understandable fashion at the under¬ 
graduate level, this subject will take its proper place in the chemical 
engineering curriculum, probably as an undergraduate one-year course 
following physical chemistry and complementing unit operations under 
whatever name the latter may be taught. 

I should like to express appreciation to R. J. Adler, G. A. Lessells, 
S. Szepe, C. Y. Wen, and R. Zeleny for their helpful comments on 
individual chapters; to R. F. Bukacek, L. T. Fan, and E. Wollaston for 
using the preliminary notes of this book in class and for detailing to me the 
results of their experiences; to K. M. Watson for introducing me to, and 
for championing, the term space time, which I use throughout the book; 
to D. Kunii for reorienting my ideas on the subject of Chapter 12 and for 
subsequently reviewing this chapter; and to K. B. Bischoff, G. F. Froment, 
and R. L. Steinberger for their critical (and often disturbing) appraisals 
and for their encouraging interest throughout this writing project. 

Finally I should like to acknowledge a very special debt to my wife 
Mary Jo who so graciously undertook what must have been the seemingly 
endless chores associated with the preparation of this book. 

Octave Levenspiel 

My 1962 

Chicago, Illinois 



CONTENTS 


Chapter I Introduction 

Chapter 2 Kinetics of Homogeneous Reactions 

Concentration-Dependent Term of a Rate Equation, 10 
Temperature-Dependent Term of a Rate Equation, 22 
Searching for a Mechanism, 31 
Predictability of Reaction Rate from Theory, 35 


Chapter 3 Interpretation of Batch Reactor Data 42 

Constant-Volume Batch Reactor, 43 
Variable-Volume Batch Reactor, 69 
Temperature and Reaction Rate, 74 
Comments, 82 


Cha^)ter 4 Introduction to Reactor Design 

94 

Chapter 5 Single Ideal Reactors 

99 

Chapter 6 Design for Single Reactions 

125 

Size Comparison of Single Reactors, 126 


Multiple-Reactor System, 137 


Autocatalytic Reactions, 146 



vii 



vlli 


CONTENTS 


Chapter 7 Design for Multiple Reactions 158 

Reactions in Parallel, 159 
Reactions in Series, 169 
Mixed Reactions, 182 
Conclusion, 193 


Chapter 8 Tennperature and Pressure Effects 203 

Single Reactions, 203 
Multiple Reactions, 233 


Chapter 9 Nonideal Flow 242 

Residence Time Distribution of Fluid in Vessels, 243 

Conversion Directly from Tracer Information, 257 

Models for Nonideal Flow, 260 

Dispersion Model, 261 

Tanks in Series Model, 282 

Mixed Models, 284 

Summary, 300 


Chapter 10 Mixing of Fluids 309 

Self-Mixing of a Single Fluid, 310 
Mixing of Two Miscible Fluids, 323 


Chapter 11 

Introduction to Design for Heterogeneous 
Systems 

332 

Chapter 12 

Noncatalytic Fiuid-Solid Reactions 

338 


Selection of a Model, 340 

Rate of Reaction for Spherical Particles of Unchanging Size, 343 
Rate of Reaction for Shrinking Spherical Particles, 350 
Combinatitm of Resistances for Spherical Particles, 352 
DetermUmtion of the Rate-Controlling Step, 352 
Application to Design, 357 



CONTENTS ix 

Chapter 13 Heterogeneous Fluid-Fluid Reactions 384 

The Rate Equatioriy 385 
Application to Design, 396 
Remarks, 421 

Chapter 14 Solid-Catalyzed Fluid Reactions 426 

The Rate Equation, 430 

Product Distribution in Multiple Reactions, 458 
Application to Design, 465 

Name Index 491 

Subject Index 493 




NOTATION 


Symbols and constants which are defined and used locally are not 
included here. British units are given to illustrate the dimensions of the 
various symbols. 

a interfacial contact area per unit volume of tower in fluid>fluid 
systems, ft“‘; Ch. 13 only 

Hj b, •.., r, Sy ... 

stoichiometric coefficients for reacting substances A, B.R, 

S,... 

... 

reactants 

Cjj. concentration of reactant A, moles/ft® 

Cao concentration of A at the unreacted core, moles/ft^ 

Ca. equilibrium concentration of A, moles/ft^ 

Ca, concentration of A in the gas stream, moles/ft’ 

Ca, concentration of A at the surface of the catalyst or reacting 
particle, moles/ft® 

CpA molar specific heat, Btu/(mole AX°F) 

C curve 

dimensionless tracer response to an idealized pulse input; see 
£q. 9.2 

Cp specific heat of fluid stream per mole of key reactant, usually A, 
Btu/(mole key)(°F) 

Cp' mean specific heat of unreacted feed stream per mole of key 
reactant, Btu/(mole of kcyX°F) 

Cp"' mean specific heat of product stream if key reactant is completely 
converted, Btu/(moie keyX°F) 

VCp difference in specific heats, defined in £q. 8.5, Btu/'^F for the 
reaction as written 

D dispersion or axial dispersion coefficient, ft®/hr; see £q. 9.22 

xl 
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^ diffusion coefficient, ft^hr; see p. 262 

ei(a) equals —Ei(—a), exponential integral, defined in Eq, 10.9 
E activation energy; see Eq. 2.32; for units see footnote, p. 23 
-Ei(-a) 

equals ei(a), exponential integral, defined in Eq. 10.9 
E exit age distribution function, dimensionless; see p. 245 
E(r) equals E/f, exit age distribution function, hr~^; see Eq. 9.8 
S' effectiveness factor, defined in Eqs. 13.13 and 14.11, dimensionless 

f fugacity, atm; Ch. 8 only 

/ volume fraction of phase in which reaction is occurring; Ch. 13 
only 

volume fraction of gas in gas-liquid system; Ch. 13 only 
fi volume fraction of liquid in gas-liquid system; Ch. 13 only 

F volumetric feed rate of solids, or mass feed rate for negligible 

density change of solid, ft®/hr or Ib/hr; Ch. 12 only 
Fj, molar flow rate of substance A, moles/hr 
F{Rf) feed rate of solids of size /?,, ft^/hr or Ib/hr; Ch. 12 only 

AF° standard free energy of the reaction, fitu for the stoichiometry as 

written; see Eq. 8.9 or Eq. 1.2 

F curve 

dimensionless tracer response to a step input, fraction of tracer in 
exit stream; see p. 247 

G equals G'pyln, upward molarlflow rate of inerts in the gas phase 
per unit cross section of tower, moles/(hrXft®) 

G' upward molar flow rate of all gas per unit cross section of tower, 
moles/(hr)(ft‘^) 

h height of absorption column, ft. 

H phase distribution coefficient; for gas-liquid systems H = pjC, 
(atm)(ft®)/mole, Henry’s law constant 
H' enthalpy of unreacted feed stream per mole of entering key reac¬ 
tant, usually A, Btu/mole key 

H' enthalpy of product stream if key component is completely 
reacted, Btu/mole key 

A//,, heat of reaction at temperature 7, Btu for the stoichiometry as 
written; see Eq. 1.1 or 8.1 

AHf heat of reaction per mole of entering key reactant, Btu/mole key 

i any participant, reactant or product, in the reaction; Ch. 13 only 

I internal age distribution function, dimensionless; see p. 244 

1(0 equals 1/f, internal age distribution function, hr~^; see Eq. 9.8 
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j number of equal-sized backmix reactors or ideal stirred tanks in 
series 

k reaction rate constant, (ftVmoleV~”/hr; see Eq. 2.6 
kg mass transfer coefficient, fi/hr; see Eq. 12.4. In Ch. 13 kg refers 
specifically to the gas phase, moles/(hrXft^atm); see Eq. 13.2 
ki mass transfer coefficient in liquid phase, ft/hr; see Eq. 13.2 

k, reaction rate constant based on unit surface, ft/hr; see Eq. 14.5 

K equilibrium constant for a reaction for the stoichiometry as written, 

dimensionless; see Eq. 1.2 or Eq. 8.9 
AT,, Kg, Kg, Ko 

see Eq. 8.10 

/ length 

L length of reactor 

L equals VC^fC^, downward molar flow rate of inerts in the liquid 
phase per unit cross section of tower, moles/(hrXft*); Ch. 14 only 
V downward molar flow rate of all liquid per unit cross section of 
tower, moles/(hrXft®) 

m equals yjkf^, Chs. 13 and 14 only 
kth moment about the origin; see p. 251 
A/jt' Ath moment about the mean; see p. 251 

n order of reactidh; see Eq. 2.5 

N moles 


Pa partial pressure of component A, atm 

Pi* partial pressure of A in gas which would be in equilibrium with Ca 
in liquid; henceP a* ^ ^^aCa* atm 

Q heat transfer rate to reacting system, Btu/hr 
Q flux of material, moles/(hrXfl^; Chs. 11 and 12 only 

Q heat transfer to reacting system per mole of key feed component, 

Btu/mole key 


radial position within a particle 

equals rate of reaction based on volume of fluid, moles A 

K at 

formed/(hrXft^; see Eq. 1.3 

equals rate of reaction based on volume of reactor if this 

is different from volume of fluid, moles A formedXhrXft*); see 
Eq. 1.4 
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rx 
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Tt 
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R, S, . 





T 

U 


V 


V 

K 


w 

W(R,) 


equals , rate of reaction based on unit surface, moles A 

. o at 

formed/(hrXft*); sec Eq. 1.5 

1 dN A , 

equals . rat® or reaction based on unit mass of catalyst. 


moles A formed/(hrXlb catalyst); see Eq. 1.6 

radius of unreacted core 

radius of particle 

the ideal gas law constant, 

= 1.98 Btu/(lb moleX^R) 

=s 1.98 cal/(gm mole)('’K) 

= 0.730 (ft»Xatm)/(lb moleX"R) 

= 0.08206 (liter) (atm)/(gm mole)(®K), 


products of reaction 

space velocity, hr“^; see Eq. 5.5 
surface, ft* 

interior surface of porous particle, ft* 
exterior surface of particle, ft* 

time 

equals Vfvy reactor holding time or mean residence time of fluid 
in a flow reactor, hr 

mean residence time in reactor of particles of size hr 
temperature 

inert or carrier material in a phase 

volumetric flow rate, ft*/hr 
volume, ft® 

equals K/c, reactor volume, if different from volume occupied by 
reacting fluid 

mass, lb 

mass of solids of size R^ in the reactor, lb 


JITa fraction of reactant A converted into product; see Eqs. 3.9, 3.10, 
and 3.64 

Xa equals CJC^, moles A/mole inert in liquid 
Ya equals pjpv* moles A/mole inert in gas 
Z equals //£, fractional length through a reactor 
Ya equals px/ir, see p. 208, p. 412 



NOTATION 


XV 


GREEK SYMBOLS 

^r) Dirac delta function, an idealized pulse occurring at time /, defined 
as follows: 

= o" r«where )“ ' 

With this definition: j fit) dit) dt = /(O) 

€ porosity or fraction voids in a packed bed or fluidized bed 

fractional change in volume on reaction; see Eqs. 3.62 to 3.65 
d equals r/f, reduced time, dimensionless; see £q. 9.1 
K elutriation velocity constant, defined in Eq. 12.57, hr~^ 
fi mean of a distribution function, defined in Eq. 9.9 

IT total pressure, atm. 

p molar density, molcs/ft® * 

ff® equals variance of a tracer curve or distribution function in 
d units, dimensionless; see Eqs. 9.11, 9.12, and 9.15 
O’,® variance in time units, hr® 

T space time, hr; see Eq. 5.5 

T time for complete reaction of a single solid particle, hr 

t(R,) time for complete conversion of particles of size hr 

q) instantaneous fractional yield; see Eq. 7.7 
<p(MIN) 

instantaneous fractional yield of M with respect to N, moles M 
formed per mole H formed or reacted away; see p. 165 
O over-all fractional yield; see Eq. 7.9 

<t>iMlN) 

over-all fractional yield of M with respect to TV, moles M formed 
per mole N formed or reacted away; see Eq. 7.9 

SUBSCRIPTS 

f leaving or final condition 

I entering 

r total moles in liquid phase; Ch. 13 only 

U carrier or inert component in a phase; Ch. 13 on'y 
0 entering or reference 




INTRODUCTION 


Every industrial chemical process is designed to produce economically a 
desired product from a variety of starting materials through a succession 
of treatment steps. Figure 1 shows a typical situation. The raw materials 
undergo a number of physical treatment steps to put them in the form in 
which they can be reacted chemically. They then pass through the reactor. 
The products of the reaction must then undergo further physical treatment 
—separations, purifications, etc.—for the final desired product to be 
obtained. 

Design of equipment for the physical treatment steps is studied in the 
unit operations. In this book we are concerned with the chemical treatment 
step of a process. Economically this may be an inconsequential unit, say 
a simple mixing tank. More often than not, however, the chemical 
treatment step is the heart of the process, the thing that makes or breaks 
the process economically. 

Design of the reactor is no routine matter, and a great variety of designs 
can be proposed for a process. In searching for optimum design it is not 
just the cost of reactor that must be minimized. One design may have low 
reactor cost, but the materials leaving the unit may be such that their 
treatment requires much higher cost than alternative designs. Hence, in 
proper design the economics of the over-all pro^ss must be considered. 

Now in the design of the reactor unit we must use information, 
knowledge, and experience from a variety of areas—^thermodynamics, 
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chemical kinetics, fluid mechanics, heat transfer, mass transfer, and 
economics. Chemical reaction engineering is the syntheses of all these 
factors with the aim of properly designing a chemical reactor. 

The design of chemical reactors is probably the one area of interest in 
engineering that is unique to chemical engineering, and it is probably this 
function more than anything else which justifies the existence of chemical 
engineering as a distinct branch of engineering. 

In chemical reactor design there are two questions which must be 
answered: 

1. What changes can we expect to occur? 

2. How fast will they take place? 

The first question concerns thermodynamics, the second the various rate 
processes—chemical kinetics, heat transfer, etc. Tying these all together 
and trying to determine how these processes are interrelated can be an 
extremely difficult problem; hence in any study we should start with the 
simplest of situations and build up our analysis by considering additional 
factors until we are able to handle the more difficult problems. This is 
what we shall attempt to do. 

Let us first of all briefly take an over-all view of the subject, some of it 
being review, some new. Discussion on thermodynamics and chemical 
kinetics will set the stage for an outline of the way we cover the subject. 

Thermodynamics 


Thermodynamics gives two important pieces of information needed in 
design, the heat liberated or absorbed during reaction and the maximum 
possible extent of reaction. 

Chemical reactions are invariably accompanied by the liberation or 
absorption of heat, the magnitude of which must be known for proper 
design. Consider the reaction 


a A -► rR -I- sS, 


AH, 


positive, endothermic 
,negative, exothermic 


( 1 ) 


The heat of reaction at temperature T is the heat transferred from 
surroundings to the reacting system when a moles of A disappear to form r 
moles of R and s moles of with the system measured at the same 
temperature and pressure before and after reaction. With heats of 
reaction known or estimable from thermochemical data, the magnitude of 
the heat effects during reaction can be calculated. 

Thermodynamics also allows calculation of the equilibrium constant 
K from the standard free energies F°, of the reacting materials. Thus for 
the reaction just given 

AF® * rF°K + = -RT\n K 


( 2 ) 
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With the equilibrium constant known, the expected maximum attainable 
yield of the products of reaction can be estimated. 

Chemical kinetics 

Under appropriate conditions materials may be transformed into new 
and different materials which constitute different chemical species. If 
this occurs only by rearrangment or redistribution of the constituent atoms 
to form new molecules, we say that a chemical reaction has occurred. 
Chemistry is concerned with the study of such reactions. It studies the 
mode and mechanism of such reactions, the relative ease of their occurrence, 
the physical and energy changes involved and products obtained from the 
given materials, and, finally, the rate of attainment of these end products. 

It is the last-mentioned area of interest, chemical kinetics, which is of 
primary concern to us. Chemical kinetics is simply the study of the factors 
that influence the rate of reaction and the explanations for the rate of 
reaction. Its study is important for a number of reasons: 

1. For physical chemists it is the tool for gaining insight into the 
nature of reacting systems, for understanding how chemical bonds are 
made and broken, and for estimating their energies and stability. 

2. For the organic chemist the value of chemical kinetics is greater still 
because the mode of reaction of compounds provides clues to their 
structure. Thus relative strengths of chemical bonds and molecular 
structure of compounds can be investigated by this tool. 

3. In addition, it is the basis for important theories in combustion and 
dissolution and provides a method to study heat and mass transfer and 
suggests methods for tackling rate phenomena in other fields of study. 

4. For the chemical engineer the kinetics of a reaction must be known 
if he is to make a satisfactory design for equipment in which these reactions 
are to be effected on a technical scale. Of course, if the reaction is rapid 
enough so that the system is essentially at equilibrium, design is very much 
simplifled. Kinetic information is not needed, and thermodynamic infor¬ 
mation alone is sufficient for design. 

Now our approach to chemical kinetics, the way we express kinetic laws, 
depends in large part on the type of reaction we are dealing with, and it 
may be well to consider next the classification of chemical reactions. 

Classification of reactions 

There are many ways of classifying chemical reactions. In chemical 
reaction engineering probably the most useful scheme is the breakdown 
according to the number and types of phases involved, the big division 
being between the homogeneous and heterogeneous systems. A reaction is 
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homogeneous if it takes place in one phase alone. A reaction is hetero¬ 
geneous if it requires the presence of at least two phases to proceed at the 
rate that it does. It is immaterial whether the reaction takes place in one, 
two, or more phases, or at an interface, or whether the reactants and 
products are distributed among the phases or are ail contained within a 
single phase. All that counts is that at least two phases are necessary for 
the reaction to proceed as it does. 

Table I. Classification of chemical reactions useful 
in reactor design 



Noncatalytic 

Catalytic 

Homogeneous 

Most gas-phase reactions 

Most liquid-phase reactions 


Fast reactions such as 

Reactions in colloidal 


burning of a flame 

systems 

Heterogeneous 

Burning of coal 

Roasting of ores 

Attack of solids by acids 
Gas-liquid absorption 
with reaction 

Ammonia synthesis 

Oxidation of ammonia to 
produce nitric acid 
Catalytic cracking of petrol¬ 
eum hydrocarbons 
Methanol synthesis 


Sometimes this classification is not clear-cut as with the large class of 
biological reactions, the enzyme-substrate reactions. Here the enzyme 
acts as a catalyst in the manufacture of proteins. Now enzymes themselves 
are highly complicated large-molecular-weight proteins of colloidal size, 
10 to 100 mju. Hence enzyme-containing solutions are midway between 
homogeneous and heterogeneous systems. Though such systems are 
sometimes called microheterogeneous systems, we do not consider them 
as a separate class, for as far as their kinetics is concerned, they are 
treated either as homogeneous or heterogeneous systems depending on 
the circumstances. Other examples for which the distinction between 
homogeneous and heterogeneous systems is not sharp are the very rapid 
chemical reactions, such as the burning of a gas flame. Here large non¬ 
homogeneity in composition and temperature may exist. Strictly speaking, 
then, we do not have a single phase, for a phase implies uniform tempera¬ 
ture, pressure, and composition throughout. Thus we conclude that only 
in the context of a given situation can we decide how the reaction is the 
most usefully classified. 

Cutting across this classification is the catalytic reaction whose rate is 
altered by the presence in the reacting mixture of materials that are neither 
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reactants nor products. These foreign materials, called catalysts, need not 
be present in large amounts. Catalysts act somehow as go-betweens, 
either hindering or accelerating the reaction process while being modified 
relatively slowly if at all. 

Table 1 shows the classification of chemical reactions according to our 
scheme with a few examples of typical reactions of each type. 

Variables affecting the rate of reaction 

Many variables may affect the rate of a chemical reaction. In homo¬ 
geneous systems the temperature, pressure, and composition are obvious 
variables. In heterogeneous systems, because more than one phase is 
involved, the problem becomes more complex. Material may have to move 
from phase to phase during reaction; hence the rate of mass transfer can 
become important. For example, in the burning of a coal briquette the 
diffusion of oxygen through the gas film surrounding the particle, and 
through the ash layer at the surface of the particle, can play an important 
role in limiting the rate of reaction. In addition, the rate of heat transfer 
may also become important. Consider, for example, an exothermic 
reaction taking place at the interior surface of a porous catalyst pellet. 
Here reactants must diffuse into and products out of the pellet. In 
addition, however, heat is released at the various locations within the 
catalyst pellet. If the reaction is rapid and the heat is not removed rapidly 
enough, severe nonuniform temperature distribution can occur within the 
pellet itself, which in turn will result in differing point rates of reaction. 
These heat and mass transfer effects become increasingly important the 
faster the rate of reaction, and in very fast reactions, such as burning flames, 
they become controlling. Thus heat and mass transfer may play important 
roles in determining the rates of heterogeneous reactions. 

In all cases considered, if the reaction involves a number of steps in 
series, it is the slowest step of the series that exerts the greatest influence 
and can be said to control. A big problem is to find out which variables 
affect each of these steps and to what degree. Only when we can determine 
the magnitude of each factor do we have a clear picture of the effect of 
these variables on the rate of reaction. Furthermore, only when we have 
this information do we have confidence in the ability of extrapolations of 
small-scale laboratory kinetic data to predict the performance of large- 
scale industrial equipment. 

Definition of reaction rate 

We next ask how we should define the rate of reaction so that it is as 
meaningful and useful and as broad in application as possible. To answer 
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this, let us adopt a number of definitions of rate of reaction, all inter¬ 
related and all intensive rather than extensive measures. But first we must 
select one component for consideration and define the rate in terms of this 
component. Thus let us consider the rate of change of component i 
involved in the chemical reaction. If the rate of change in the number of 
moles of this component is dNJdt, the rate in the various areas of kinetics 
is defined as follows. Based on unit volume of reacting fluid, 


1 dNj moles i formed _ 

V dt (unit volume of fluidXtime) 


( 3 ) 


Based on unit volume of reactor, if different from the rate based on unit 
volume of fluid, 

, 1 dNi moles i formed , 

r/ =-1 s=- (4) 

Vf. dt (unit volume of reactorXtime) 

Based on unit interfacial surface in two-fluid systems or based on unit 
surface of solid in gas-solid systems. 


^ _ 1 — nmoles i formed 

5 dt (unit surfaceXtime) 

Based on unit mass of solid in fluid-solid systems, 


( 5 ) 


_ J_ di^ _ moles i formed . . 

W dt (unit mass of solidXtime) 

In homogeneous systems the volume of fluid in the reactor is nearly 
always identical to the volume of reactor. In this frequently encountered 
system no distinction is made between V and and £qs. 3 and 4 are 
used interchangeably. Packed- and fluidized-bed reactors for homogeneous 
reactions are the only exception to this rule. In heterogeneous systems all 
these definitions of reaction rate are encountered. The choice of the 
form of the rate equation used in any given situation is governed by the ease 
of its use, and occasionally we may even find it more convenient to define 
the reaction rate in a way altogether different from those presented here. 

The rate of reaction is a function of the variables of the system 

r, = / (system variables) 

The form of this functional relationship remains the same, no matter how 
we choose to define the rate of reaction. It is only the constants of 
proportionality and their dimensions that change when we switch from one 
defining rate equation to another. 

The following example illustrates the interrelation of the various forms 
of rate equations. 
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Example I 

Chemical A is being converted into chemical R in a vessel packed with non> 
porous, spherical catalyst beads. The specific surface area of the catalyst is 60 
ftVft’ of packed bed, its bulk density is 180 Ib/ft^ of packed bed, and the porosity 
of the bed c = 0.40. The stoichiometric equation is 

A — 2R 


and the rate of disappearance of A based on unit mass of catalyst is proportional 
to the concentration of A present in the gas. Thus in English units, using hours, 
we find from experiment 



fV dt 


= 0.1 


The negative sign shows that the rate of change of A is negative, or that A 
disappears. 

{a) Write out rate equation given, showing the units of the various terms. 

{b) Find the rate based on unit volume of reactor, Eq. 4. 

(c) Find the rate based on unit volume of fluid, Eq. 3. 
id) Find r^', the rate based on the unit surface of catalyst, Eq. S. 

Solution, (a) Noting that moles A/ ft’ voids, we obtain, with Eq. 6, 

1 dNj^ _ moles A _ , ft® voids \ moles a\ 

""'‘a “ Ti' ~dt (lb solidXhr) * \ ’ (lb solidXhr)/ \ ^ ft® voids/ 

(6) Catalyst mass per reactor volume = 1801b solid/ft® reactor. 

Therefore, ^sed on unit volume of reactor, 

_ , _ 1 dNj^ _ moles A ^ _ _ it 

^ Vf dt ~ (ft® reactorXhr) W dt 



lb solid \ / ft® voids 
ft® reactor/ \ ' (lb solidXhr) 


ft® voids \ / 

(ft* reactorXhr)/ \ ^ 


moles A 
ft® voids 


)( 

) 


Ca 


moles A 
ft® voids. 


(c) The porosity Vj = 0.4 ft® voids/ft® reactor. Therefore based on unit 
volume of fluid 

1 db/j^ moles A _ Vf 1 _ 

“ ?“dr “(ft’voidsXhr) ” V Vr dt V 


a= /J_ reactor\ / ft® voids \ moles A \ 

* \0.4 ft® voids / \ (ft® reactorXhr)/ \ ^ ft* voids/ 

/45W moles A \ 

** \hr/ \ ^ ft® voids/ 

(d) Catalyst surface per reactor volume 5/1', = 60 ft* surface/ft® reactor. 
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Therefore based on unit surface of reactor 

^ ^ _ moles A Vr i dN^ _ , 

* S dt ^ (ft* surfaoeXhr) S Vr dt ^ S 

« / ^ Ag ft* voids \/ moles A \ 

* \60ft^ surface/ \ (ft* reactorXhr)/ \ ^ ft* voids/ 

/ ft* voids \ / moles A \ 

\ ‘ (ft* suifaceXhr)/ \ ^ ft* voids/ 

Note: In parts b and c the constants 18 and 4S have the sanw dimensions and 
are different only because the volumes on whidi the rates are defined vary. This 
shows that to avoid confusion we should specify which of the volumes V or F, 
is being considered. Distinctions such as these are necessary in the study of 
heterogeneous systems. 

Overall plan 

Our over-all plan is to start with homogeneous systems (Chapters 2 to 
10) to see how rate expressions are suggested from theory (Chapter 2), 
how they are determined experimentally (Chapter 3), and how they are 
applied to design of batch and flow chemical reactors involving ideal flow 
(Chapters 4 to 8) and the nonideal flow of real reactors (Chapters 9 and 10). 
The additional complications of design for heterogeneous systems are 
then introduced (Chapter 11), and the specific problems of noncatalytic 
fluid solid systems, two fluid systems, and solid catalyzed fluid systems are 
then considered in turn (Chapters 12 to 14). 


RELATED READINGS 


T. E. Corrigan, Ghent. 61,230 (July 1954). 
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In homogeneous reactions all reacting materials are found within a 
single phase, be it gas, liquid, or solid. In addition, if the reaction is 
catalytic, the catalyst must also be present within the same phase as the 
reactants and products. Though there are a number of ways of defining 
the rate of reaction, only one such measure is used in homogeneous systems. 
This is the intensive measure of rate ba^d on unit volume of reacting fluid 
or system. Thus the rate of reaction of any reaction component A is 
defined as 

r ^ 1 dNj, ^ 1 d(Cj,V) 

^ V dt V dt 

moles of A which 
Bs appear by reaction 
(unit volume)(unit time) 

By this definition, if A appears as product, the rate is positive; if it is a 
reactant which is being consumed, the rate is negative. 

Now we may expect that the variables which affect the progress of this 
class of reactions are the composition of the materials within the phase as 
well as the temperature and pressure of the system. Shape of container, 
surface properties of solid materials in contact with the phase in question, 
and the diffusional characteristic of the fluid should not affect the rate of 
homogeneous reaction. Thus we may write for the rate of reaction of 
component A 

r^—f (temperature, pressure, composition) 

9 
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These variables, pressure, temperature, and composition, are interdepend¬ 
ent in that the pressure is hx^, given the temperature and composition 
of the phase.* Thus we may write without loss of generality 

(temperature, composition) 

In this chapter we are concerned with the various forms of this functional 
relationship and consider in turn the explanations on the basis of chemical 
theory for the composition dependency and temperature dependency of the 
rate expression, and finally we consider the question of predictability of 
rates of reaction. 

CONCENTRATION-DEPENDENT TERM OF A RATE 
EQUATION 

Before we can find the form of the concentration term in a rate expres¬ 
sion, we must distinguish between a number of types of reactions. This 
distinction is based on the form and number of kinetic equations used to 
describe the progress of a chemical reaction. Since we are concerned with 
the concentration-dependent term of rate equations, we assume in the 
discussion to follow that the temperature of the system is kept constant. 

Single and multiple reactions 

First of all, when materials react to form products it is usually easy to 
decide after examining the stoichiometry, preferably at more than one 
temperature, whether we should consider a single reaction or a number of 
reactions to be occurring. 

When a single stoichiometric equation and single rate equation are 
chosen to represent the progress of the reaction, we have a single reaction. 
When more than one stoichiometric equation is used to represent the 
observed changes, more than one kinetic expiessioa is needed to follow the 
changes in composition of all components of the reaction and we have 
multiple reactions. 

Multiple reactions may be. classified as consecutive or series reactions, 

A—►R— 

parallel, competing, or side reactions, 

A—>R A—>R 

A—►S* B—>S 

* Strictly speaking, this interdependency only applies at equilibrium; however, for 
lack of any better supposition, we assume it also to be true for systems not at equilib¬ 
rium which are not changing too rapidly. 
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II 


and mixed reactions 

A + B—►R 
R + B—».S 

The mixed reactions illustrated are parallel with respect to B and con¬ 
secutive with respect to A, R, and S. 

Elementary and noneiementary reactions 

Consider a single reaction with stoichiometric equation 

A-f-B—>R 

If we postulate that the mechanism which controls the rate of reaction 
involves the collision or interaction of a single molecule of A with a single 
molecule of B to give a product molecule, the number of collisions of 
molecules A and B is proportional to the rate of reaction. But the number 
of collisions at given temperature is proportional to the concentration of 
reactants in the mixture; hence the rate of disappearance of A is given by 

—= AtCaCb 

Such reactions, which are viewed to occur in a single step, are called 
elementary reactions, and in any such reaction the rate equation is suggested 
by a stoichiometric equation which represents the actual mode of action. 

When there is no direct correspondence between stoichiometric equa¬ 
tion and the rate expression, we have a noneiementary reaction. The 
classical example of a noneiementary reaction is that between hydrogen 
and bromine, 

Hjs + Bra — 2HBr 
which has a rate expression* 

k, + tHBr]/[BrJ 

Noneiementary reactions are explained by assuming that what we 
observe as a single reaction is in reality the over-all effect of a sequence 
of elementary reactions. The reason for observing only a single reaction 
rather than two or more elementary reactions is that the amount of 
intermediates formed is negligibly small and unmeasurable. Considera¬ 
tion of such explanations of noneiementary reactions follows later. 

* To eliminate much writing, at various places in this chapter we usi; square brackets 
to indicate concentrations. Thus, 

“ [HBr] 
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Kinetic view of equilibrium for elementary reactions 

Consider the elementary reversible reactions 

A ■!- B R + S, Ajp, K 
The rate of formation of R by the forward reaction is 
Rate of formation = Tr. forward *= 
and the rate of disappearance by the reverse reaction is 
Rate of disappearance = '-rR, backward ~ 

At equilibrium with no net formation of R 

ra. forward + rR, reverse ” 0 

Of !Ei „ <2) 

C^Cjj 

Since for this reaction is defined as* 


at equilibrium we have 




CrCs 



Ca^b 


(3) 


Since Kq and kjk^, constants that are independent of concentration, are 
equal to each other at one concentration, the equilibrium concentration, 
they must be equal to each other at all concentrations. Now at nonequi¬ 
librium conditions Eqs. 2 and 3 do not hold. Thus 


Kc 


k\ r__ CrCsI 

T* — _ _ only at 
/Cg L C^CjjJ equilibrium 


(4) 


For nonelementary reactions we cannot make a generalization of this 
type; however, Denbigh (1955) does treat this situation showing the 
restrictions imposed by thermodynamics on the possible forms of the 
kinetic equation. 

So kinetics views equilibrium as a dynamic but steady state with a 
constant interchange of reactant and product molecules, rather than as a 
static situation. 

We can now view equilibrium in one of three ways. 


* See any chemical engineering thermodynamics textbook or the brief thermo* 
dynamics review in Chapter 8. 
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1. From thermodynamics we say that equilibrium is attained, if for 
any possible change, the free energy of the system increases. Thus for 
any movement away from equilibrium, 

^ 0 

2. From statistical mechanics equilibrium is the state of the system 
consisting of the greatest number of equally likely molecular configura¬ 
tions which are macroscopically indistinguishable and can be considered 
to be identical. Thus from the gross point of view the state of the system 
that has the overwhelmingly great probability of occurring is call^ the 
equilibrium state. 

3. Kinetically, the system is at equilibrium if the rates of change of all 
the forward and backward elementary reactions are equal. 

These three criteria depend in turn on energy, probability, and rate 
considerations. Actually the thermodynamic and probabilistic views are 
enunciations of the same theorem in different languages. The kinetic 
point of view, however, has further implications, for it requires knowledge 
of the mechanism of reaction for systems not at equilibrium. Thus in 
terms of understanding what is occurring, the kinetic point of view is 
more illuminating. 

Molecularity and order 

The molecularity of an elementary reaction is the number of molecules 
involved in the rate-determining step of a reaction. Molecularity of 
reactions has been found to be one, two, and occasionally three. Needless 
to say, the molecularity refers only to an elementary reaction and can 
only be in whole numbers. 

Often we find that the rate of progress of a reaction, involving say 
materials A, B,..., D, can be approximated by an expression of the 
following type: 

'’a = a + b + ’k- d- n (5) 

where a, b,--- are not necessarily related to the stoichiometric coef¬ 
ficients. We call the powers to which the concentrations are raised the 
order of the reaction. Thus the reaction is 

ath order with respect to A 
bih. order with respect to B 
and * nth order over-all 

Since the orders refer to the empirically found rate expression, they 
need not be whole numbers, but the molecularity of a reaction inust be 
in terms of whole numbers since it refers to the actual mechanism of the 
elementary reaction. 
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Rate constant k 

When a rate expression for a homogeneous chemical reaction is written 
in the form of Eq. S, the units of the rate constant k for the nth>order 
reaction are 

(tirne)"^ (concentration)''" (6a) 

which for a first-order reaction become simply 

(time)-' (6b) 

Representation of a reaction rate 

In expressing a rate equation we may use any measure equivalent to 
concentration, such as the partial pressures of the components. Thus 

* ^PaW • • ‘Pd 

Whatever measure we use leaves the order unchanged; however, it will 
affect the units of the rate constant k. 

For brevity elementary reactions are often represented by an equation 
showing both the molecularity and the rate constant. Thus 

2A^2R (7) 

represents a bimolecular irreversible reaction with second-order rate 
constant ki implying that the rate of reaction is 

“'’a “ ra “ ^i^A 

It would not be proper to write Eq. 7 as 

aA^r 

for it would imply that the rate expression is 

-'■a = ''e = 

Thus we must be careful to distinguish between a stoichiometric equation 
that may be multiplied by any constant and the equation that represents 
an elementary reaction. 

We should note that writing the elementary reaction with the rate 
constant, as just shown, may not be sufficient to avoid ambiguity. At 
times it may be necessary to specify the component in the reaction to 
which the rate constant is referred. For example, consider the reaction 

B + 2dA>3T (8) 

If the rate is measured in terms of B, the rate equation is 
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But if it refers to D, the rate equation is 

—r j) = A:j'CbCd* 

Or i** it refers to the product T, 

But from the stoichiometry 
Hence 

= ifca" = W 

Which of these three primed values are we referring to in Eq. 8? We 
cannot tell. Hence, to avoid ambiguity when the elementary reaction 
involves different numbers of molecules of the various components, we 
must specify the component being considered. 

To sum up, we must be careful to avoid ambiguity in expressing the rate 
in condens^ form. To eliminate any possible confusion, write the 
stoichiometric equation followed by the complete rate expression giving 
the units of the rate constant. 

Kinetic models for nonelementary reactions 

To explain the kinetics of nonelementary reactions we assume that a 
sequence of elementary reactions is actually occurring but that we cannot 
measure or observe the intermediates formed because they are present only 
in very minute quantities. Thus we observe only the initial reactants and 
final products, or what appears to be a single reaction. For example, if the 
kinetics of the reaction 

Aj + B 2 —► 2AB 

indicates that the reaction is nonelementary, we may postulate a series of 
elementary steps to explain the kinetics such as 

Ag ^ 2A* 

A* + Bj AB + B* 

A* + B*^AB 

To test our postulational scheme, we must see whether the kinetic expression 
predicted by it corresponds to the experimentally found kinetic equation. 
The types of intermediates we may postulate are suggested by the chemistry 
of the materials. These may be grouped as follows. 

Free radicals. Free atoms or larger fragments of stable molecules which 
contain one or more unpaired electrons are called free radicals. The 
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unpaired electron is designated by a *‘dot” in the chemical symbol for the 
substance. Some free radicals are relatively stable such as triphenylmethyl. 



but as a rule they are unstable and highly reactive, such as 

CHa-, CaHj-, I-, H-, CCV 

Ions and polar substances. Electrically charged atoms, molecules, or 
fragments of molecules such as 

N,-, Na+, OH-,'HsO+, NH 4 +, CH80Ha+, I” 

are called ions. These may act as active intermediates in reactions. 
Molecules. Consider the consecutive reactions 


Ordinarily these are treated as multiple reactions. If the product material 
R is highly reactive, however, its mean lifetime will be very small and its 
concentration in the reacting mixture can broome unmeasurably small. 
In such a situation R is not observed and can be considered to be a reactive 
intermediate. 

Transition complexes. The numerous collisions between reactant mole¬ 
cules result in a wide distribution of energies among the individual mole¬ 
cules. This can result in strained bonds, unstable forms of molecules, or 
unstable association of molecules which can then either decompose to give 
products or by further collisions return to molecules in the normal state. 
Such unstable forms are called transition complexes. 

Postulated reaction schemes involving these intermediates can be of two 
types. 

Nonchain reactions. In the nonchain reaction the intermediate is 
formed in the first reaction and then disappears as it reacts further to give 
the product. Thus 

Reactants (Intermediates)* 

(Intermediates)* -► Products 
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Cluiin reactions. In chain reactions the intermediate is formed in a 
first reaction, called the chain initiation step. It then reacts with the 
reactant to produce the product and more int^mediate in the chain 
propagation step. Occasionally the intermediate is consumed in the chain 
termination step. Thus 

Reactant -^.(Intermediate)* Initiation 

(Intermediate)* + Reactant (Intermediate)* + Product Propagation 
(Intermediate)*—»> Product Termination 

The essential feature of the chain reaction is the propagation step. In this 
step the intermediate is not consumed but acts simply as a catalyst for the 
conversion of material. Thus each molecule of intermediate can catalyze 
a long chain of reactions before being finally destroyed. 

The following are examples of mechanisms of various kinds. 

1. Free radicals^ chain reaction mechanism. The reaction 

Hg + Brj,-^2HBr 

with experimental rate 

k, + [HBr]/[BrJ 

can be explained by the following scheme: 

Brs 2Br* Initiation and termination 

Br* + Hg HBr + H* Propagation 

H- + Brg -► HBr + Br- Propagation 

2. Molecular intermediates^ nonchain mechanism. The general class of 
enzyme-catalyzed biological reactions 

A + B — AB 


is viewed to proceed as follows: 

A -b enzyme f^ (A* enzyme)* 

(A* enzyme)* -f B -> AB + enzyme 

In such reactions the concentration of intermediate may become more than 
negligible, in which case a special analysis is required; see Michaelis and 
Mcnten (1913). 

3. Ionic intermediates^ catalyzed nonchain mechanism. The kinetics of 
the acid-catalyzed hydration of the unsaturated hydrocarbon isobutene 
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is consistent with a multistep mechanism involving formation of a number 
of intermediates, all polar. Thus in general 


1 1 fut 

—C=C— -1-H+ 

r 1 1 1 

—c—c— 

* ilow 

— -C+— jflil— — 

fut 

'w' 

"'ita* 

1 


_ H J 


L H J 


compln carbonium ion 



H 


+ H2O 


fast 


■low 





/ \ 


H 



fiut 



4. Transition complex, nonchain mechanism. The spontaneous decom¬ 
position of azomethane 

(CH3)2N* QHe + Nj 


exhibits under various conditions first-order, second-order, or inter¬ 
mediate kinetics. In general, the decomposition 

A —R-l-S 

can be explained as follows: 

Formation of unstable reactant A -1- A -► A* 4- A 
Return to stable form by collision A* + A -► A -4- A 
Spontaneous decomposition of unstable reactant A* R -F S 


or more concisely 


2A ^ A* + A 
A* — R-|-S 


Azomethane decomposition is consistent with such a scheme. 

S. Transition complex, nonchain reaction. The intermediate in the 

H* + I* 2HI 


with elementary second-order kinetics is an example of another type of 
transition complex, this one consisting of an association of molecules. Thus 


H 

I 

H 


+ 


HI" H—I 

! I + 

HI H—I 


This reaction is called a four-center-type reaction. 
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At first free radicals were hypothesized to give a rational explanation to 
observed kinetic occurrences without any direct evidence of their actual 
existence. In recent years, however, with the development of more sensitive 
experimental techniques such as high-resolution spectroscopic analyses 
and reaction freezing at very low temperatures, the existence of many free 
radicals has been directly verified. Today it is thought that such substances 
play a role in explaining many types of reactions. In general, free-radical 
reactions occur in the gas phase at high temperature. More often than not 
they occur by a chain mechanism and may be greatly affected by radiation 
and traces of impurities. Such impurities may inhibit the reaction by 
rapidly consuming the free radicals, whereas radiation may trigger the 
chain by helping to supply the small number of free radicals needed to 
start and sustain the reaction. 

Ionic reactions occur mainly in aqueous solutions or other polar 
solvents. Their rates are often dependent on the nature of the solvent, and 
they are often catalyzed by bases or acids. Ionic reactions can also occur 
in the gas phase, but then only under the extremely energetic conditions of 
high temperature, electrical discharge, or X-ray irradiation. 

Transition-type intermediates are considered to be the unstable inter¬ 
mediates **at the top of the energy hump'* (see p. 25 and Fig. 1). There is 
no direct evidence for their existence; however, their use does explain 
observed data. 

Intermediates consisting of rapidly decomposing molecules have real 
existence and have been observed to occur in a variety of reactions, both 
gas and liquid. 

Tasting kinetic models 

Two problems make the search for the correct mechanism of reaction 
difficult. First, the reaction may proceed by more than one mechanism, 
say free radical and ionic, with the relative rates changing with the con¬ 
ditions of the reaction. Second, more than one mechanism can be con¬ 
sistent with given kinetic data. Resolving these problems is difficult and 
requires an extensive knowledge of the chemistry of the substances involved. 
Leaving these aside, let us see how to test the correspondence between a 
propos^ mechanism and experimental kinetics. To test a hypothesized 
mechanism involving a sequence of elementary reactions, we must match 
the predicted rate expressions with experimental rate expressions. We 
rely on the following two rules. (1) If component i takes place in more than 
one reaction, its net rate of change is the sum total of the rates of change 
of that component in each of the elementary reactions, or 

'■i.aet -Jr, (9) 

•lleleramitwy 

TCMttoni 
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(2) Because the intermediates are present in such small quantities, their 
rates of change in the system after a veiy short time can never be great; 
hence with negligible error these rates are taken to be zero. This is called 
the steady-state approximation. Such an approximation is needed if we 
are to solve the attendant mathematics, and our justification for its use is 
that the predicted results based on this assumption very often agree with 
experiment. The trial and error procedure involved in finding a mechanism 
is illustrated in the following example. 


The reaction 


Example 

2A + B « AsB 


( 10 ) 


has been studied kinetically, and the rate of formation of product has been found 
to be well correlated by the following rate equation: 

r 0-72 C^»Cb 0.72[A]«[B1 

^A,B “ 1 +2Ca “ 1 +2[A1 ^ ^ 


What reaction mechanism is suggested by this rate expression if the chemistry 
of the reaction intimates that the intermediate probably consists of an association 
of reactant molecules and that a chain reaction does not occur? 


Solution. If this were an elementary reaction, the rate would be given by 

rA.B “ = W[B] (12) 


As Eqs. 11 and 12 are not of the same type, we evidently have a nonelementary 
reaction occurring. Let us try various mechanisms or models and see which one 
gives a rate expression similar in form to the experimentally found expression. 
Let us start with simple two-step models and if unsuccessful work up to more 
complicated three-, four-, or five-step models. 

Model 1. Hypothesize a two-step reversible scheme involving the formation 
of an interme^ate substance A 2 *, not actually seen and hence thought to be 
present only in small amounts. Thus 


2A 

Aa* -I-B 



A,* 


AjB 


(13) 


which really involves four elementary reactions: 


2A-X 

Aa* 

(14) 


2A 

(15) 

Aa* + 

AaB 

(16) 

AaB-^ 

Aa* +B 

(17) 
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Let the A; values refer in each case to the any one of the components disapp^ing; 
thus kx refers to A, refers to A^*, etc. Now let us write out the expression for 
^A|B* the rate of formation of AgB. Since this component is involved in Eqs. 16 
and 17, its over-all rate of change is the sum of the individual rates. Thus we 
have 

rA,B “ MA**1[BJ - AJAjB] (18) 

All the terms in this equation except [A 2 *] can be found. Unfortunately A,* is 
not observed experimentally; hence if it is present, it can only be present in 
extremely small nonmeasurable quantities. Thus we would like to replace it in 
terms of concentrations of materials that can be measured, such as A, B, or AB. 
This is done in the following manner. From the four elementary reactions which 
all involve A^* we find 

^A,* = iArJAP - ArjlAa*] - kJiAx*m + A:4[A2B] (19) 

Because of its small concentration we may assume that [A 2 *] reaches a steady or 
equilibrium state within a very short time; thus its rate of change is zero or 


= 0 

This is the steady-state approximation. From Eqs. 19 and 20 we find 

TA « _ WAP + ArJAjB] 

^ ^ “ kx+ km 


( 20 ) 


( 21 ) 


which when replaced into Eq. 18 gives the rate of formation of A 2 B in terms of 
measurable quantities. Thus 


^A,B 


i^iifealAPlB] - k^4[AgB] 
kt + AtsIB] 


( 22 ) 


In searching for a model consistent with observed kinetics we may, if we wish, 
restrict a more general model by arbitrarily selecting the magnitude of the 
various rate constants. Since Eq. 22 does not match Eq. 11, let us see if its 
simplified forms will. Thus, if k^ is very small, this expression reduces to 

rA.B - R[AP (23) 


a reaction which is second order with respect to A and independent of B. 
is very small, ^ reduces to 

(W2k2XAHBl 

“ 1 + (k^km 


lik^ 

(24) 


Neither of these special forms, Eqs. 23 and 24, match the experimentally found 
rate, Eq. 11. Thus the hypothesized mechanism, Eq. 13, is incorrect. 

Model 2. As our first model gave a rate, Eq. 24, somewhat similar to Eq. 11, 
let us try, for our second model, a mechanism somewhat similar to that of Model 
1. Let us try the mechanism 


A +B 


AB* 
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Following a procedure analogous to that used for Model 1, we And the desired 
rate 

= ^3tAB*l[Al - k,[A^B] (26) 

Next eliminate [AB*] in this expression. With the steady-state approximation 
we obtain 

Tab* - 0 = Ar,[A][B] - k^[AB*] - ^ 3 lAB*][A] + A: 4 [AsB] 


from which 

rAT>., .^iIAHB] H-^JAjB] 
^ k^+ ^3[A] 


(27) 


Replacing Eq. 27 in Eq. 26 to eliminate the concentration of inteimediate, we 
obtain 


^i^3[Ap[B] - M4rA2B] 

k^ + ^'slA] 


(28) 


Let us restrict this general model. With k^ very small we obtain 


1 + (^3/^8)[A] 


(29) 


Comparing Eqs. 11 and 29, we see that they are of the same form. Thus the 
reaction may represented by the mechanism 


A -I- B 



AB* 


AB* -I- A 



(30) 


The individual rate constants can only be determined if one more piece of 
information is known. From Eq. 4 we see that the equilibrium constant 
Kfy » kjki is just the information needed. 

We were fortunate in this example to have represented our data by a form of 
equation which happened to match exactly that obtained from the theoretical 
mechanism. Often a number of equation types will fit a set of experimental data 
equally well, especially for somewhat scattered data. Hence to avoid rejecting 
the correct mechanism, it is advisable to test the fit of the various theoretically 
derived equations to the raw experimental data using statistical criteria whenever 
possible. 


TEMPERATURE-DEPENDENT TERM OF A RATE EQUATION 

Temperature dependenqr from Arrhenius* law 

For many reactions and in particular elementary reactions the rate 
expression can be written as a product of a temperature-dependent term 
and a composition-dependent term, or 

= /j(temperature) •/^(composition) 

» k ‘y^composition) 


( 31 ) 
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For such reactions the temperature-dependent term, the reaction rate 
constant, has been found in practically all cases to be well represented by 
Arrhenius* law: 

k = (32) 

where is called the frequency factor and E is called the activation energy 
of the reaction.* This expression fits experimental data well over wide 
temperature ranges and is strongly suggested from various standpoints as 
being a reasonable first approximation to the true temperature dependency. 

Temperature dependency from thermodynamics 

The temperature dependency of the equilibrium constant of the ele¬ 
mentary reversible reactions such as 


A R, 

(33) 

is given by the van*t Hoff equation, Eq. 8.15, 


d(\n K) ^Hr 
dT RT* 

(34) 


Because Kc^ lR]/[A] « kjk^ for this reaction, we can then rewrite 
the van’t Hoff relationship as 

d(ln fci) _ d(ln fcg) ^ 
dT dT RT^ 

Though it does not necessarily follow, the fact that the difference in 
derivatives is equal to suggests that each derivative alone is 

equal to a term of that form, or 

fci) ^ A. and (35) 

dT RT^ dT RT^ 

* There seems to be a disagreement in the dimensions used to report the activation 
energy; some authors use calories, and others use calories per mole. On the one hand, 
calories per mole are clearly indicated by Eq. 32. In contrast to the dimensionally 
identical thermodynamic quantities and A//„ however, the numerical value of £ 
does not depend on how we represent the reaction stoichiometry (number of n\oies used). 
Thus reporting calories per mole may be misinterpreted. To avoid this E is reported 
here simply as calories. 

What moles are we referring to in the units of £? These are always the quantities 
associated with the molar representation of the rate-controlling step of the reaction. 
Numerically E can be found without knowing what this is; however, if £ is to be 
compared with analogous quantities from thermodynamics, collision theoiy, or transi¬ 
tion-state theory, this mechanism must be known and its stoichiometric representation 
must be used throughout. 

This whole question can be avoided by usit^ the ratio E/R throughout, since £ and 
R always refer to fKe same number of moles. 
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where Ey — (36) 

In addition, if the energy terms are assumed to be temperature inde¬ 
pendent, Eq. 35 can be integrated to give Arrhenius’ equation, £q. 32. 

Temperature dependency from collision theory ^ 

The collision rate of molecules in a gas can be found from the kinetic 
theory of gases. For the bimolecular collisions of like molecules A we have 


Zaa * Wa^Oa’ 


'■J' 


AnkT 


M, 



N* lAnkT^ 2 

10®V Mj, ^ 


number of collisions of A with A 
(sec)(cc) 


(37) 


where o = diameter of a molecule, cm 

M — (molecular weight)/N, mass of a molecule, gms 
N ss 6.023 X 10“ molecules/gm mole, Avogadro’s number 
Ca = concentration of A, gm moles/liter 
H v = NCa/ 10®, number of molecules of A/cc 
k = /J/N = 1.38 X 10~^® erg/°K, Boltzmann constant 


For the bimolecular collisions of unlike molecules in a mixture of A and B 
we have 


Zab - 

(ma Mb. 

) 



ICaCj 


(38) 


If every collision between reactant molecules results in the transformation 
of reactants into product, these expressions give the rate of bimolecular 
reaction. The actual rate is usually much lower than that predicted, 
however, indicating that only a small fraction of aH collisions between 
reactant molecules result in reaction. This suggests that only the more 
energetic and violent collisions between molecules lead to reaction, or more 
specifically, only those collisions that involve energies in excess of a given 
minimum energy E lead to reaction. From the Maxwell distribution 
law of molecular energies the fraction of all bimolecular collisions that 
involve energies in excess of this minimum energy is given approximately 
by 

g ~BIRT 
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when E > RT. Since we are only considering energetic collisions, this 
assumption is reasonable. Thus the rate of reaction is given by 




9 


V dt ® \moles/(Uter)(sec), 


( fraction of collisions\ 
involving energies | 
in excess of £ / 



g-EIRT 

N 



CaC 


B 


(39) 


A similar expression can be found for the bimolecular collisions between 
like molecules. For both, in fact for all bimolecular reactions, we see from 
Eq. 39 that the temperature dependency of the rate constant is given by 

k oc (40) 


Temperature dependency from transition-state theory 

A more detailed mechanism by which reactants are transformed into 
products is given by the transition-state theory. This pictures reactants 
combining to form unstable intermediates called activated complexes which 
then decompose spontaneously into products. It assumes in addition that 
an equilibrium exists between reactants and activated complex at all times 
and that the rate of decomposition of complex is the same for all reactions 
and is given by kT/h where k is the Boltzmann constant and h » 6.63 x 
10~^ erg-sec is the Planck constant. Thus for the. forward elementary 
reaction of a reversible reaction, 

A + B AB, LHr (41) 

we have the following conceptual scheme: 

A + B ^ AB» AB (42) 

with 

,, . fa [AB»] 
fc. [A][B] 
and 
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The observed rate of reaction is then 


Tab — 


( concentration of \ / rate of decomposition^ 
activated complex/ \ of activated complex / 

= !^[ab*] 


kT 

n 


(43) 


By expressing the equilibrium constant of the activated complex in terms 
of the standard free energy, 

Af* = A//* ~ rA5* « -/Jrin Kc* 
or (44) 

f' * SS __ g-AH*IRT + AS»lR 

the rate of reaction becomes 


Tab * ~ (45) 

h 

Theoretically both A5* and A//* vary very slowly with temperature. 
Hence, of the three terms that make up the rate constant in £q. 45, the 
middle one is so much less temperature-sensitive than the other two 
terms that we may take it to be constant. Hence for the forward and 
reverse reactions of Eq. 41 we find approximately 

oc 

(46) 

where 

A//i* - AHi* = A//, 

We may next look for a relationship between A//* and the Arrhenius 
activation energy E. Though none can be logically derived, still we can 
arbitrarily define one. This is generally done by using analogy arguments 
from thermodynamics. Thus we have for liquids and solids 

E = AH* -f RT (47) 

and for gases 

E = AH* — (molecularity — \)RT (48) 

With this definition the difference between E and AH* is small and in the 
order of hence we can predict from transition-state theory approxi¬ 
mately that 


k oc Te 


(49) 
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Activated complex 




Reactants Complex Products 
“Distance" along reaction path 


Fig. I. Visualization of the energies involved in the transformation of reactants to 
products in an elementary reaction. 

Figure 1 illustrates the energies involved in reactants and complexes in such 
a scheme. 

It is interesting to note the divergence in approach between the collision 
and transition-state theories. Consider A and B colliding and forming an 
unstable intermediate which then decomposes into the product, or 

A + (50) 

Collision theory views the rate to be governed by the number of energetic 
collisions between reactants. What happens to the unstable intermediate 
is of no concern. It is simply assumed that this intermediate breaks down 
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rapidly enough into products sc as not to influence the rate of the over-all 
process. Transition-state theory on the other hand views the reaction rate 
to be governed by the rate of decomposition of intermediate. The rate of 
formation of intermediate is assumed to be so rapid that it is present in 
equilibrium concentrations at all times. How it is formed is of no concern. 
Thus collision theory views the first step of Eq. SO to be slow and thus the 
rate-controlling step, whereas transition-state theory views the secoiKl step 
of Eq. SO combined with the determination of complex concentration to be 
the rate-controlling factors. In a sense, then, these two theories comple¬ 
ment each other. 


Comparison with Arrhenius* law 


The expression 

k ac 


0 < m < 1 


(SI) 


summarizes the predictions of the simpler versions of the various theories 
for the temperature dependency of the rate constant. For the more 
complicated versions m can be as great as 3 or 4. Now because the exponen¬ 
tial term is so much more temperature-sensitive than the term, the 
variation of k caused by the latter is effectively masked, and we have in 
effect 

k X 


= (32) 

We may show this another way. Taking logarithms of Eq. SI and differen¬ 
tiating with respect to T, we find how k varies with temperature. This gives 

djlnk) E ^ mRT-\- E 

dT T /IT® /?T® 


As mRT < E for most reactions studied, we may ignore the mRT term 
and may write 


or 


d(\nk) ^ E 
dT RT^ 

k oz 


(32) 


Variables affecting the temperature dependency of reactions 

A plot of In k versus 1/T for any reaction should yield a straight line if 
Arrhenius* law is applicable. Figure 2 is a typical plot of this kind and is 
us^ to show the temperature dependency of reaction rates. From this 
figure and Tables 1 and 2 we may draw the following condlusimis. 
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Fig. 2. Sketch showing temperature dependency of the reaction rate. 


Table I. Temperature rise needed to double the rate of reaction 
for activation energies and average temperatures shown; 
hence shows temperature sensitivity of reactions 


Temperature 

1 Activation Energy E 

10,000 cal 

40,000 cal 

70,000 cal 

0“C 

11 

3 

2 

400“C 

70 

17 

9 

1000'’C 

273 

62 

37 

2000"C 

1037 

197 

107 


Table 2. Relative rates of reaction as a function of activation 


Temperature 

energy and temperature 

1 Activation Energy E 

10,000 cal 

40,000 cal 

70,000 cal 

OX 

10“ 

10“ 

1 


7 X 10*» 

10“ 

2 X 10“ 

lOOOX 

2 X 10“ 

lO** 

10“ 

2000X 

10“ 

10“ 

2 X lO** 
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1. Reactions with high activation energies are very temperature* 
sensitive; reactions with low activation energies are relatively temperature- 
insensitive. 

2. A given reaction is much more temperature-sensitive at low tempera¬ 
ture than at high temperature. 

3. From the Arrhenius law the frequency factor does not affect the 
temperature sensitivity of a reaction. In an actual reaction there may be a 
slight temperature dependency of this term as predicted by Eq. 51; 
however, this is rather minor and can be ignored. 

Rate of elementary reactions from collision and transition-state 
theory 

Experimental values for rates of reaction are in most cases either in the 
order of magnitude of, or are below, those predicted by collision theory. 
Thus collision theory may be used to estimate the upper bound to the 
expected rate of reaction. The order of magnitude of the rates so predicted 
are given in Table 3, in which entries show the time required for 50% of 

Table 3. Approximate time required for 50% of reactants to 

disappear by reaction 


Temperature 

Activation Energy E 

10,000 cal 

40,000 cal 

70,000 cal 

0“C 

3 X 10-® 

3 X 10^» 

3 X 10<» 

400“C 

10-* 

8 X 10* 

4 X 10» 

1000“C 

2 X 10-“ 

2 X 10-« 

30 

2000*’C 

10-13 

9 X I0-“ 

7 X 10-* 


A + B -► products 
Qo = C'bo “ 0-5 atm 
Molecular weights: 100 

Molecular diameters: = 3.35 x 10“*cm 

Calculations are based on collision theory. 

Time in seconds 

the reactants A and B to disappear when equimolar quantities of gaseous A 
and B are being reacted in a container, the reaction being bimolecular and 
taking place at 1 atm. Once in a while a reaction is encountered with rates 
much higher than those predicted by collision theory. This is good evidence 
pointing to the occurrence of a complex reaction, frequently catalytic. 

Occasionally, for the elementary reaction between simpler molecules 
enough information is available to allow prediction of the rates from 
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transition-state theory. When available, these predictions usually agree 
more closely with experiment than do the predictions of collision theory. 

SEARCHING FOR A MECHANISM 

The more we know about what is occurring during reaction, what the 
reacting materials arc, and how they react, the more assurance we have for 
proper design. This is the incentive to find out as much as we can about 
the factors influencing a reaction within the limitations of time and effort 
set by the economic optimization of the many factors involved in the 
industrial exploitation of a process. 

There are three areas of investigation of a reaction, the stoichiometry, 
the kinetics, and the mechanism. In general, the stoichiometry is studied 
first, and when this is far enough along the kinetics is then investigated. 
With empirical rate expressions available, the mechanism is then looked 
into. In any investigative program considerable feedback of information 
occurs from area to area. For example, our ideas about the stoichiometry 
of the reaction may change on the basis of kinetic data obtained, and the 
form of the kinetic equations themselves may be suggested by mechanism 
studies. With this kind of interrelationship of the many factors, no 
straightforward experimental program can be formulated for the study of 
reactions. Thus it becomes a matter of shrewd scientific detective work, 
with carefully planned experimental programs especially designed to 
discriminate between rival hypotheses, which in turn have been suggested 
and formulated on the basis of all pertinent information available at that 
time. 

Although we cannot delve into the many aspects of this problem, a 
number of clues which are often used in such experimentation can be 
mentioned. 

1. Stoichiometry may suggest whether we have a single reaction or not. 

2. Stoichiometry can suggest whether a single reaction is elementary or 
not because no elementary reactions with molecularity greater than three 
have been observed to date. As an example the reaction 

N* + 3H, - 2NHs 

is not elementary. 

3. The correspondence or lack of correspondence between the stoichio¬ 
metric equation and experimental kinetic expression can indicate whether 
we are dealing with an elementary reaction or not. This has been pointed 
out earlier. 

4. A large difference in the order of magnitude between the experimen¬ 
tally found frequency factor of a reaction and that calculated from collision 
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theory or transition-state theory may suggest a nonelementary reaction; 
however, this is not necessarily true. For example, certain isomerizations 
have very low frequency factors and are still elementary. 

5. Consider two alternate paths for a simple reversible reaction. If one 
of these paths is preferred for the forward reaction, the same path must also 
be preferred for the reverse reaction. This is called the principle of 
microscopic reversibility. Consider for example the forward reaction of 

2NH8 ^ Ng + SHa 

At first sight this could very well be an elementary bimolecular reaction 
with the two molecules of ammonia combining to yield directly the four 
product molecules. From this principle, however, the reverse reaction 
would then also have to be an elementary reaction involving the direct 
combination of three molecules of hydrogen with one of nitrogen. Since 
such a process is rejected as improbable, the bimolecular forward 
mechanism must also be rejected in favor of some other mechanism. 

6. The principle of microreversibility leads us to the rule that changes 
involving bond rupture, molecular syntheses, or splitting are likely to occur 
one at a time, each then being an elementary step in the mechanism. From 
this point of view the simultaneous splitting of the complex into the four 
product molecules in the reaction 

2NH3 (NHa)** N2 -f 3H2 

is very unlikely. This rule does not apply to changes which involve a 
shift in electron density along a molecule. Changes of this type may take 
place in a cascade-like manner. For example, the transformation 


CH«=CH—CH.—CH«—CHO 


•8-v,i»8- 

D-penuldehyde'ene 4 


CH8==CH—CHg—O—CH=CH2 

vinyl allyl ether 

can be explained in terms of the following shifts in electron density: 

H H 

/ / 

CH2==C ch—c 

CH* J O — CH* 

V'"'. X' \ 

CH-^H* CH==CH8 


or 


O 


H 

CH»=rC 

4-. 

CHt) O 

CH^H* 


CH—C 


/ 


H 


cii* 

\ 


o 


CH=CH. 
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7. Comparing theoretical and experimental energies of activation can 
lend strong support to the mechanism chosen or can supply evidence for 
rejecting a mechanism. With the additional assumption that the frequency 
factor is constant (from collision theory it rarely varies by more than a 
factor of 50 for gas-phase reactions), comparison of activation energies 
may suggest which of two competing mechanisms provides the favored path 
for a reaction; with identical frequency factors the reaction with lower 
activation energy is the faster. Consider the hypothetical decomposition 
of A to R -f S either directly or by means of a three-step mechanism, with 
activation energies and form of corresponding rate expressions all known. 
Thus 

Mechanism 1: 

2A -> R -f S £■ = 46 kcal, = kCji^ 

Mechanism II: 

Step 1 Ei = 65 kcal 

step 2 £2 = 6 kcal, tr = 

^3 

Step 3 £3 =s: 38 kcal 

Experimentally the activation energy is found to be 

^expt ^ 28 kcal 

Let us see which mechanism is suggested by consideration of activation 
energies. 

First, comparing the actual activation energy, £ = 28 kcal, with that 
calculated for the elementary reaction, £ =» 46 kcal, we see that the actual 
rate is much more rapid than that predicted by the elementary reaction; 
hence another mechanism is probably favored. Note that in arriving at 
this conclusion we assume that the frequency factors are alike; hence the 
rate of reaction is taken to be a function of the activation energy alone. 

Second, if the reaction takes place by means of the three-step mechanism, 
the observed temperature dependency is incorporated in the term. 

Thus from the Arrhenius-type relationship for each of the rate constants, 

Afovewui * - £3 * 65 -H m - 38 * 30 kcal 

The close correspondence of this calculated activation energy with the 
actual value, 29 kcal, provides evidence for the correctness of this 
mechanism. Unfortunately this procedure cannot be used for kinetic 
expressions such as Eq. 29. 
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When energies of activation are not available for the specific elementary 
reactions under consideration, we may be forced to estimate them by 
empirical rules and generalizations obtained from reactions of a similar 
kind, even though some of these rules may be of questionable reliability. 
Some of these rules are as follows [see Jungers et al. (1958)]. 

1. In the splitting or decomposition of a single molecule the activation 
ener^ is simply the energy of the bond which is ruptured. Thus the 
activation energy of the reaction 

CH 3 —CHO CHg- + CHO- 

is simply the energy of the carbon-carbon bond. 

2. The activation energy for the reaction 

A + BC -► AB -H C, exothermic 

is 5.5% of the B—C bond which is broken. For endothermic reaction 
the heat of reaction must be added to this value. 

3. The activation energy for the exchange reaction 

AB -f CD -► AC -H BD, exothermic 

is 28 % of the sum of the A—B and C—D bonds. For the reverse reaction 
which is endothermic, the heat of reaction must be added to this value. 

4. The activation energy for the combination of free radicals is negligible. 
In terms of collision theory this means that every collision of free radicals 
is effective. 

These rules suggest that the energy of rupturing bonds is an indication 
of the activation energy of the reaction. Thus it is useful to be able to 
estimate in turn the bond energies between atoms of various kinds. These 


Table 4 , R'—R' bond dissociation energies 


R'X 

H 

CH, 

C,Hj CHr==CH CH sC ii-C,H, 

(CH,),CHC,H, 

C,H,—CH, 

H 

103.24* 

101 

98 

104? 

121? 

95 

89? 

104? 

77.5 

CH, 

101 

83 

82 

90? 

no? 

79 

74.5? 

91? 

63 

C,H, 

98 

82 

82 

90? 

109? 

79 

75? 

91? 

62 

CHi=CH 

104? 

90? 

90? 

101? 

- 

87? 

85? 

101? 

- 

C.H, 

104? 

91? 

91? 

101? 

119? 

88? 

83? 

103? 

76.5? 

Cl 

102.2“ 

80 

80 

86? 

— 

77? 

— 

88? 

— 

Br 

86.5* 

66-67 

65 

— 


— 

— 


50.5 

OH 

116* 

90-91 

90-93 


— 

92 


107? 

73? 

NH, 

102" 

79 

78 

- 

- 

77? 

— 

94? 

59 

CHO 

<78?* 

71-75 

71? 

84? 

— 

71? 

— 

83? 

- 


Values selected from Szwarc (1950), and where not available (“) from Cottrell (1954). For 
additional values see these sources and Steacie (1954), 
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arc influenced primarily by the two atoms involved and to a lesser extent 
by the nature of the molecule as a whole. Average values for various bond 
energies are shown in Table 4 and may be used for estimation purposes. 

PREDICTABILITY OF REACTION RATE FROM THEORY 

The rate expression in general involves two factors, the temperature- 
dependent and the concentration-dependent factors. Consider the pre¬ 
diction of these factors in turn. 

Concentration-dependent term 

There is no way at present to predict a priori the path of a reaction. 
Actually, if the reaction has a number of competing paths available, it will 
take the path that aflbrds the smallest resistance, the fastest one available. 
Only a knowledge of the energies of all possible intermediates will allow 
prediction of the path to be taken and the corresponding rate expression. 
As such information is not available a priori, prediction of the form of the 
concentration term is not possible. Actually, the form of the experi¬ 
mentally found rate expression is often the clue used to investigate the 
energies of the intermediates of a reaction. 

Temperature-dependent term 

Assuming that we already know the mechanism of reaction, whether it 
is elementary or not, we may then proceed to the prediction of the frequency 
factor and activation energy terms of the rate constant. 

Frequency factor predictions from either collision or transition-state 
theory may come within a factor of 100 of the correct value; however, in 
speciflc cases predictions may be much further off. 

Though activation energies can be estimated from transition-state 
theory, reliability is poor, and it is probably best to estimate them from the 
experimental findings for reactions of similar compounds. For example, 
the activation energies of the following homologous series of reactions. 


where R is 


R1 + CjHjONa C,H 50 R + Nal 


CH 3 

CtHw 

iso-C3H7 

jec-CgHg 


CgHj7 

iso-C4H3 

jcc-QHja 

QH, 

CigHsg 

iso-C5Hu 

jec-CaHi7 

C4He 



/erl-C4Ho 


all lie between 21.5 and 23.5 kcal 
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Use of predicted values in dMign 

The frequent order-of-magnitude predictions of the theories tend to 
confirm the correctness of their representations, help find the form and the 
energies of various intermediates, and give us a better understanding of 
chemical structure. However, theoretical predictions rarely match experi¬ 
ment by a factor of two. In addition, we can never tell beforehand 
whether the predicted rate will be in the order of magnitude of the 
experimentally found rate or will be off by a factor of 10*. Therefore for 
engineering design this kind of information should not be relied on, and 
experimentally found rates should be used in all cases. Thus the theoretical 
studies may be used as a supplementary aid to suggest the temperature 
sensitivity of a given reaction from a similar type of reaction, to suggest the 
upper limits of reaction rate, etc. Final design invariably rests on experi¬ 
mentally found rates. 

Experimental findings 

Primary sources of kinetic data are conveniently found in Chemical 
Abstracts, either in the formula index for the materials being reacted or in 
the subject index under kinetics. 

At present there is no complete compilation of kinetic data; probably 
the most comprehensive single source is found in 

“Tables of Chemical Kinetics: Homogeneous Reactions," National Bureau of 
Standards (U.S.), Circular SIO, 19S1, and Supplements. 

Other secondary sources are textbooks on chemical kinetics and series 
devoted to reactions of a given type, as for example in the field of catalysis: 

Advances in Catalysis, Academic Press, New York, a volume published annually 
since 1948. 

Catalysis, P. H. Emmett, ed.. Reinhold, New York, approximately one volume 
published annually since 19S4. 
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PROBLEMS 


1. A reaction has the stoichiometric equation 2A = R + S. What is the 
order of reaction ? 

2. Given the reaction 2 NO 2 + lOg = NgOg, what is the relation between the 
rates of formation and disappearance of the three components of the reaction? 

3. A reaction with stoichiometric equation |A + B = R H- S has the follow¬ 
ing rate expression 

1 dNj, 


-''A = -7 


dt 




What is the rate expression for this reaction if the stoichiometric equation is 
written as A -I- 2B = 2R 4- 2S? 

4. The rate constant for the low-pressure gas-phase hydroafhliation of iso¬ 
metric inkahol at 0"C has been reported independently by two teams of investi¬ 
gators in the following ways: 

Team 1: k = 1260 x e'“® ®*Ib moles/(barrel)(50-min class periodXft water)® 
Team II: A = 4.2 x 10®/(sec)(mm HgXatm) 

The first study, having been made by the team of Lurch, Stagger, and Reel, can 
be considered to be absolutely reliable. On this basis 

(a) What can you say about the rate constant found by the second team? 

(b) What should the second team have found in their study using mm Hg for 
the units of concentration or pressure and seconds for the units of time? 

5. Given the low-pressure gas-phase reaction A = R with rate 

“''A = ~ ^ 


with p in atmospheres, C in lb moles/ft®, / in hours, and = 17.3, k^ - 0.2. 
The reaction takes place at 72'’F and 1 atm pressure. 

(a) What are the units of ky and k^. 

{b) With the rate equation in the following form 


dt 



find ky and k^'. 
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6 . Show that the following scheme 


k 




3 


NO 2 + NOa* ^ NOj + O 2 + NO* 
NO* + NO 3 * 2 NO 2 


proposed by Ogg (1947) is consistent with, and can explain, the observed first- 
order decomposition of N 2 O 5 . 


7. Under the Influence of oxidizing agents, hypophosphorous acid is trans¬ 
formed into phosphorous acid: 


oxidizing agent 
H 3 PO 2 - 


H 3 PO 3 


The kinetics of this transformation present the following features. At low 
concentration of oxidizing agent 

''HaPOj = k[oxidizing agentlfHaPOg] 

At high concentration of oxidizing agent 

= ^'IH+KHaPOJ 

To explain the observed kinetics, it has been postulated that with hydrogen ion 
as catalyst normal unreactive HaPOa is transformed into an active form, the 
nature of which is unknown. This intermediate then reacts with the oxidizing 
agent to give H 3 PO 3 . Show that this scheme does explain the observed kinetics. 

8 . Present mechanisms consistent with the experimentally found rate equations 
for the following reactions: 

(а) 2A + B = AsB 

'• a.m “ k[Am 

(б) 2 D 2 E = 2DE + D 2 

1960(D2E]* 

“ [DE] + 18[D2E] 

9. The decomposition of A at 400°C for pressures between I and 10 atm 
follows a first-order rate law. 

■ 

(a) Show that a mechanism similar to azomethane decomposition, pg. 18, 

A + A ?:iA* -I-A 
A* -+R +S 


is consistent with the observed kinetics. 

Now many different mechanisms can be put forward to explain first-order 
kinetics. To claim that this mechanism is correct in the face of the other 
altomatives requires that we present additional strong evidence in favor of it. 
ib) For this purpose what further experiments would you suggest we run and 
what results would you expect to find? 
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10. Chemicals A, B, and D combine to give R and S with stoichiometry 
A+B+D«R+S, and after the reaction has proceeded to a significant 
extent, the observed rate is 

= ^C^CijCd/Ch 

(a) What is the order of the reaction ? 

The following two mechanisms involving formation of active intermediate 
have been proposed to explain the observed kinetics. 

Mechanism I: A + B X* + R 
D + X* S 

Mechanism II: A + D Y* + R 
B + Y* -S 

(b) Are these mechanisms consistent with the kinetic data? 

(c) If neither is consistent, devise a scheme that is consistent with the kinetics. 
If only one is consistent, what line of investigation may strengthen the 
conviction that the mechanism selected is correct ? If both are consistent, 
how would you be able to choose between them? 

11. AgB decomposes with stoichiometry AgB = AB + |Aa. Much effort 
has been expended to discover the kinetics of this reaction, but the results are 
discouraging, and no concise rate equation can be made to fit the data. The 
following observations can be made from the data, however. 

1. At the start of any experimental run the reaction seems to be of first order 
with respect to reactant. 

2. When the reactant is just about gone, the data is well correlated by an 
equation which is second order with respect to reactant. 

3. Introducing product AB into the feed leaves the rate unaffected. 

4. Introducing product As into the feed slows down the rate of reaction; 
however, no proportionality can be found between Ag added or present 
in the solution versus the slowing down of the reaction. 

With the hope that a theoretical treatment may suggest a satisfactory form of 
rate expression, the following mechanisms are explored. 

Mechanism I: 2 A 2 B 5 *(A 4 Bj)* 

(A 4 B 8 )* ^ As + 2AB 
Mechanism II: AjB A* + AB 

AsB + A* 5 :* As + AB 

If the rate expression derived from any of these mechanisms is consistent with 
the qualitative observations, it should then be further tested qualitatively with 
the actual data. 

(fl) Are any of these nncchanisms consistent with the qualitative expwimental 
findings? If a mechanism is rejected, state on what basis you reject it? 

(*) If neither of these mechanisms is satisfactory, can you devise one that 
is consistent with the experimental findings? 
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12. At SOO^K the rate of a bimolecular reaction is ten times the rate at 400°K. 
Find E the activation energy of this reaction 

(a) from Arrhenius’ law, 

(b) from collision theory. 

(c) What is the percentage difference in rate of reaction at 600°K predicted by 
these two methods? 

13. At 2S0°C the stoichiometry of the first-order gas-phase decomposition of 
A shows A -♦ 0.96R -I- 0.04S. We suspect that this stoichtometry is better 
explained by considering the competing decomposition paths 



with kilk^ — 24. Further experiments are planned for 300“C. What ratio of 
rate constants would we expect to find if this hypothesis of competing 
paths is correct? 

14. Suppose that the decomposition of hydrocarbon A proceeds in the 
following manner, Ri, R 2 ,... being stable product molecules and Xj, X^,... 
being free-radical intermediates. 

Formation of free radical: 


A-^Xi + Ri, 

£1 »80 

(1) 

Chain propagation steps: 



Xj + A -♦ X 2 + R 2 » 

00 

II 

(2) 

X 2 -*■ Xi - 1 - R 3 , 

•0 

II 

(3) 

With one of the following three chain termination steps: 


Xi -F X, - R 4 , 

£4=8 

(4) 

Xi +X2->R3. 

£ 6=8 

(5) 

X 2 + X 2 —► R#, 

£« = 8 

(6) 


With Eq. 4 as the chain termination step, the decomposition of A is given by 
the approximately 1.5-order rate equation: 


- * A:x[AKi + k^^iWikik,) ^ k^^/kylkdP^fi 

With Eq. 5 as the chain termination step, the decomposition of A is given by the 
first-order rate equation: 

- ^ = *.[AK1 + VkJcJTkJcH * 

(a) What is the predict^ rate equation and order of reaction if Eq. 6 is the 
chain termination step? 

(b) Calculate the activation energy for each of these three mechanisms, 
Eqs. 1, 2, 3,4, Eqs. 1, 2, 3, 5, and Eqs. 1, 2, 3, 6 . 



PROBLEMS 


4i 


(c) Suppose we were considering three distinct sets of reactions: 

Set 1 consisting of Eqs. 1, 2, 3, 4. 

Set 2 consisting of Eqs. 1, 2, 3, 5. 

Set 3 consisting of Eqs. 1, 2, 3, 6 . 

Which would you expect to be most rapid? 

(rf) Suppose we were considering the decomposition of a single material A in 
which all three chain termination mechanisms, Eqs. 4,5, 6 , occur competi¬ 
tively and concurrently. Which would you expect to predominate? 
Solve this by simply examining Eqs. 1 to 6 . 

(e) If your answers to parts c and d differ, resolve the paradox. 

Note: Since is very large, ki is considered to be very much smaller than 
the other rate constants. 

15. Thermal decomposition of hydrocarbons at elevated temperatures often 
yields mixtures of a wide variety of products. This is explained in terms of a 
free-radical mechanism with slow formation of radical in the initiation step 
followed by a variety of rapid chain propagation reactions. 

With the following starting materials (a) CH 4 , ( 6 ) CgHj, (c) CsHg, (d) 
CgHgCHg, what is the most likely chain initiation step? 

16. For the reaction 

H* + CH 4 CHa* + Ha 
** 

the activation energies have been estimated to be 

El — 13 kcal, £ 2*9 kcal 
Estimate the strength of the C—H bond in methane. 

17. Chemical and Engineering News [38, 48 (July 18, I960)] reports a new and 
exciting process which uses free radicals for the conversion of radiation into 
other forms of energy. Essentially the scheme is as follows. 

Diatomic gas such as hydrogen is split into free radicals by absorption of 
radiant energy. These radicals are then adsorbed by a highly porous material. 
Their recombination on demand releases large quantities of energy for use. 
The reconstituted molecules are then recycled for retreatment. 

(а) In a home unit using such a process, how many pounds of atomic hydrogen 
must be recombined to supply heat for a bath? 

( б ) What must be the recirculation rate in pounds per hour to supply 
electricity for a television set (250 watts) and two 75-watt lamps. 

Assume: For a bath 30 gal of water are to be heated from 40 to 120®F. 
Conversion of heat to electricity is 4% efficient. 

Heat of adsorption of hydrogen on the porous material is 5 kcal/gm 
mole. 

Before engaging in the commercial operations to produce free radicals, see the 
additional comments in Chemical and Er^ineerit^ NewSt 39, 5 (Oct. 10,1960); 
38. 5 (Oct. 17, 1960). 



INTERPRETATION OF 
BATCH REACTOR 
DATA 


CONSTANT-VOLUME BATCH REACTOR, 43 
VARIABLE-VOLUME BATCH REACTOR. 69 
TEMPERATURE AND REACTION RATE, 74 
COMMENTS, 82 


A rate equation characterizes the rate of reaction. The form of the rate 
equation selected may be dictated by theoretical considerations of a given 
model or may simply be the result of an empirical curve-fitting procedure. 
In any case the value of the constants of the equation can only be found by 
experiment; predictive methods are at present unable to do the job. 

The determination of the rate equation is usually a two-step procedure; 
first the concentration dependency is found at fixed temperature and then 
the temperature dependence of the rate constants is found, yielding the 
complete rate equation. 

Equipment by which empiriqil information is obtained can be large or 
small and rather varied, but it can be divided into two types, the batch and 
flow reactors. The batch reactor is simply a container to hold the contents 
while they react. All that has to be determined is the extent of reaction at 
various times. As we shaH see, an experimental batch reactor is usually 
operated isothermally and at constant volume because of the ease of 
interpretation of the results of such runs. The progress of a reaction in a 
batch reactor can be followed in one of a number of ways. 

1. By following the concentration of a given component. 

2. By following the change in some physical property of the system such 
as the electrical conductivity or refractive index. 

3. By following the change in total pressure of a constant-volume 
system. 

4. By following the change in volume of a constant-pressure system. 

The batch reactor is a relatively simple device adaptable to small-scale 
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laboratory setups. It needs but little auxiliary equipment or instrumenta¬ 
tion. Thus it is the preferred device for obtaining homogeneous kinetic 
data. Most of this chapter is concerned with the batch reactor. 

The flow reactor is used primarily in the study of the kinetics of hetero¬ 
geneous reactions, though in a number of instances it is used to com¬ 
plement and offers advantages over the batch reactor in the study of 
homogeneous reactions. Reactions which are difficult to follow, reactions 
with complicated kinetics which yield a variety of products, very rapid 
reactions, and gas-phase reactions are examples of situations which may be 
more easily followed in flow reactors. Planning of experiments and inter¬ 
pretation of data obtained in flow reactors are considered in later chapters. 

There arc two procedures for analyzing experimental kinetic data, the 
integral and the differential methods. In the integral method of analysis 
we select a kinetic model with corresponding rate equation and, after 
appropriate integrations and mathematical manipulations, predict that a 
plot of the C versus t data on specific x versus y coordinates should yield 
a straight line. The data are plotted, and if a reasonably good straight line 
is obtained the mechanism is said to fit the data satisfactoQly. 

In the differential method of analysis we select a kinetic model and fit 
its corresponding rate expression to the data directly. However, since the 

rate expression is a differential equation, we must first find from the 
data before the fitting procedure is attempted. ^ 

There are specific advantages and disadvantages to each of these methods. 
The integral method is easy to use and is recommended when testing 
specific mechanisms, when fitting relatively simple mechanisms, or when the 
data are so scattered that we cannot reliably find the derivatives needed 
in the diflerential method. The differential method may be more useful in 
more complicated situations but requires ihore accurate or larger amounts 
of data. The integral method requires that we hypothesize a mechanism 
of reaction; this is not necessary for the differential method, which may 
be used to find empirically the equation of best fit to a set of data. 

In general, it is suggested that integral analysis be attempted first, and, if 
not successful, that the differential method be tried. For complicated cases 
special experimental methods involving partial solution of the problem or 
use of flow reactors coupled with differential analysis may have to be used. 


CONSTANT-VOLUME BATCH REACTOR 

When we mention the constant-volume batch reactor we are referring 
to the volume of the reactor actually taken up by the reaction mixture. 
Thus we are referring to a constant-density reaction. Most liquid-phase 
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reactions as well as all gas*phase reactions occurring in a constant-volume 
bomb fall in this class. 

In the constant-volume system the measure of the reaction rate becomes 
simply 

^ I dNt^i d(CiV) ^l CidV+ VdCt ^ dCj .j. 

V dt V dt V dt dt ^ ^ 


or for ideal gases 


r SB -L 
RT dt 


( 2 ) 


These measures of rate can be followed directly in most systems. Because 
of the ease of interpretation of such data, the constant-volume system is 
used whenever possible, even though the commercial exploitation of 
chemical reactions is usually effected in constant-pressure systems. 

No matter how we choose to follow the progress of the reaction, Eqs. 
1 and 2 show that eventually we must convert this measure into the 
concentration or partial pressure of one of the reactants or products if we 
are to follow the rate of reaction. A convenient and frequently used 
procedure is to follow the total pressure of the system. Let us next see 
how such data can be transformed into concentration or partial pressures 
of the individual reacting materials so that we may use Eq. 1 or 2 to And 
the reaction rate. 

Analysis of total pressure data obtained in a constant-volume system. In 
isothermal gas-phase reactions where the number of moles of material 
change during reaction, following the total pressure it of the system, may 
be the easiest way to determine the progress of the reaction. We tabulate 
■n versus t data, which must then be transformed into a C, versus t tabula¬ 
tion. Let us derive a general expression with which to And the concentra¬ 
tion of any component at any time, given the initial conditions of the system 
and the reaction stoichiometry. We should emphasize that if the precise 
stoichiometry is not known, the method cannot be used. 

Write the general stoichiometric equation, and under each term indicate 
the number of moles of that component present: 


At time 0: 
At time t : 


a A -I- -H * • * = rR -f jS -1 - • • • 

^no> ^R0» ^S0» Mncrt 


= ^.40 - OX, Nu = JVbo “ 


“ ^no + 


A^a * A^SO + SX, ^inert 
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Initially the total number of moles present in the system is 

^0 = ^AO + ^BO H-H + ^SO -I-+ iVJnert 

but at time t it is 

+ + J + a — A — •••) = ^o + ®^ 

where 

All ssr-bj-j-'*’ — a — ^ — 

Assuming that the ideal gas law holds, we may write for any reactant, say 
A, in the system of volume V 

C - 

^ RT V V 

Combining these two expressions we obtain 


r ~ ^Ao « 

K An 1^ 
or 

Pa *= C^RT = Pao — (tt — ir^ (3) 

An 

Equation 3 gives the concentration or partial pressure of reactant A as a 
function of the total pressure tt at time r, initial partial pressure of 
^ao» and initial total pressure of the system irg. 

Similarly for any product R we can find 

Pr = CrRT = Pro + — TTo) (4) 

An 

Equations 3 and 4 are the desired relationships between total pressure of 
the system and the partial pressure of reacting materials. 

Integral method of analysis of data 

General procedure. The integral method of analysis always puts a 
specific rate equation to the test by integrating and comparing the predicted 
C versus t curve with the experimental C versus t data. Invariably this 
rate equation is suggested by a hypothetical mechanism or model. If the 
fit is unsatisfactory, the mechanism is rejected and another one suggested 
and tested. In contrast with the differential method, the integral method is 
not well suited to the finding of empirical equations of best fit to the data. 
The procedure may be summarized as follows. 
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1. A mechanism is hypothesized and its corresponding rate expression 
is found. This expression, written for the disappearance of reactant A in 
a constant-volume system, will be of the following form: 

-n=-^~f(kC) (5) 

dt 

or in the more restricted case in which the concentration-dependent terms 
may be separated from the concentration-independent terms, we have 

Ta = - ~ “ kf(C) (6) 

at 

With either form we proceed as follows; however, it is easier to illustrate 
the procedure using £q. 6. 

2. Equation 6 is rearranged to give 


dCj, 

/(Ca) 


= kdt 


Now J{C) only involves concentrations of materials, which may be expressed 
in terms of C^. Thus the left-hand side may be integrated to give 


-J, 


= ^(Ca) = fc fd/= 

Cao/(Ca) Jo 


3. From the experimentally found values of concentration of materials, 
determine the numerical value of /XCa) at various times. If the integral 


L/(Ca) 


is not easily evaluated, a graphical procedure may be used. The procedure 
involves finding the area under the l/f(Cj^) versus Ca curve to give 
^(C'a) as shown in Fig. 1. 



Fig. I. Graphical Integration of a rate equation. 
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Fig. 2. Test of a rate equation by the integral method of analysis. 

4. Plot F(Cx) versus t and see whether this gives a straight line (Fig. 2). 
If so, then the mechanism selected is consistent with the data. 

5. If the data do not seem to fall on a straight line, different mechanisms 
should be tried until a satisfactory fit is obtained. 

The integral method is especially advantageous for fitting simple 
reaction types corresponding to elementary reactions. Therefore let us 
next examine a number of these forms. 

Irreversible unimolecular-type first-order reactions. Consider 
the reaction 

A -► products 

Suppose we wish to test the first-order rate equation of the following type, 

- ^ - kC^ (7) 

dt 

for this reaction. Separating and integrating we obtain 

Jcao Cj^ Jo 

or 

—In = kt (8) 

which is the desired result. 

Now the fractional conversion of a given reactant is defined as the 
fraction of reactant converted into product or 

* ^Ao(l - ^a) (9) 

Fractional conversion (or simply conversion) is a convenient variable 
often used in place of concentration in engineering work; therefore 
most of the results which follow will be presented in terms of both 
and 
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Let us now see how Eq. 8 can be derived using conversions. First of all 




and 

Hence Eq. 7 becomes 
Integrating we obtain 

or 


—dCx = Cjj^o dXj^ 


^ = MI - JfA) 

at 


Jo I- X. Jo 


•In (1 - A'a) = kt 


(10)* 


(II) 


a result equivalent to Eq. 8. 



Fig. 3. Test for the first-order reaction, 
Eq. 7. 


A plot Of ln(l - Xj,) or In (CJC,„) 
versus / as shown in Fig. 3 gives a 
straight line through the origin for 
an equation of this type. 

Caution: We should point out that 
equations such as 

dt ^ “ 

are considered first order but are 
not necessarily amenable to this kind 
of analysis. Hence not all first-order 
reactions can be treated by this 
method. 

Consider 


Irreversible bimoiecuiar-type second-order reactions. 

the reaction 

* A + B -»■ products 


with corresponding rate equation 


-fA = 



dt 


— ^CaCb 


( 12 ) 


Noting that the amounts of A and B which have disappeared at any time t 


* Eqiution 64 presents a more general relationship between conoNitration and 
conversion for variable volume (or variable density) systems. 
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arc C^o-^A * Cbo-^b for both A and B, we may write Eq. 12 in terms of 

dX 

f'AO ^AO-^aX^'BO “ ^ao-^a) 

Letting Af = be the initial molar ratio of reactants, we obtain 

^A “ ~ ^^Ao*(^ ■“ X^M — Xj^ 

which on separation and formal integration becomes 

dXf, _ r* 

Jo (1 - X^XM - Xa) Jo 

After breakdown into partial fractions, integration, and rearrangement, 
the final result is 

In I— = In = In ^2^ = in 

1-Xa M(1-XJ CboCa MC^ 

= C,o(Af - \)kt = (C„o - Cao)^*. M :56 1 (13) 

Figure 4 shows that a plot of In (CnJC^) versus t yields a straight line 
of slope k(CnQ — Cao) for a reaction following this second-order rate 
law. 

If Clio is much larger than C^q, Cb remains approximately constant 
at all times, and Eq. 13 approaches Eq. 8 or 11 for the first-order reaction. 
Thus the second-order reaction becomes a pseudo first-order reaction. 

Caution 1. In the special case where reactants are used in the stoichio¬ 
metric ratio the integrated rate expression becomes indeterminate and 



Eq. 12. 
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Fig. 5. Test for th« bimolocultr mechanisms. 
A + B products, Cju, * Cg, 

2A -*■ products 
or rate equation, Eq. 14. 


requires taking limits of quotients for evaluation. This difficulty is avoided 
if we go back to the original differential rate expression and solve it for this 
particular reactant ratio. Thus for the second-order reaction when the 
initial concentrations of reactants A and B are the same or for the reaction 


2A -*' products 

the defining second-order differential equation becomes 


dC^ 

dt 



= kCj(l - XJ' 


which on integration yields 


(14a) 



1 

Cao 1 - 


^kt 


(14h) 


Thus the plot of 1 /Ca versus t as shown in Fig. 5 is a straight line. 

In practice we should choose reactant ratios either equal to or widely 
different from the stoichiometric ratios. 

Caution 2. The integrated rate expression depends on the stoichiometry 
of the reaction as well as the kinetics. To illustrate, if the reaction 


A + 2B r> products (15a) 

is first order with respect to boffi A and B, hence second order over-all, or 


dCA 

dt 


kCjjCs - kC^\l - - 2X^ 


cm 
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In 

CbqCjh^ 


In 


M-2X^ 

m - ^a) 


* CUM - 2)kt, 


M^2 (15c) 


With a stoichiometric reactant ratio the integrated form is 



(15d) 


These two comments hold for all reaction types. 

Irreversible trimoleculei^type third-order reactions. For the 

reaction 

A + B + D products 

let the rate equation be 

^ - fcCiCBCo (16) 

at 

or in terms of 

On separation of variables, breakdown into partial fractions, and 
integration, we obtain finally 


1 


(^AO “ ^BoX^AO ^Do) 


In 


^AO 

Ca 


+-5-In^ 

(^BO “ ^DoX^BO ■“ ^Ao) 


+- 1 -In ^ fcr (17) 

(Cdo — CaoX^DO “* ^Bo) 

Now if Cdo is much larger than Cao and C^, the reaction becomes second 
order and Eq. 17 reduces to Eq. 13. 

All trimolecular reactions found so far are of the form of Eq. 18 or 19. 
Thus we have 

A 4- 2B -► products (18a) 

with differential rate equation 

_ ^ = kCiC,* ( 1 * 6 ) 

at 
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or 

^ - XjXM - 2Xjy (18c) 

dt 

where M CnJCj^. On integration this gives 


(2C.<o - CboXCbo - Cb) ^ £mCb _ 

^no^B OboC^ 


or 


For the reaction 


‘ ~ —« 8 fcr, M = 2 

r * 

A '^AO 


c * 


A + B -► products 
with differential rate equation 

_ ^ = kCj,Cn^ 
dt 

integration gives 


M^2 

(ISd) 

(m 

(19o) 

(19h) 


(Cao . CboK . Cbo ._ Cb) ^ _ CDo)*fcr, M 1 (19c) 

^BO^B ObqC^ 

r 

±-^^ = 2kl. M = 1 (IM) 

'-'A 


Empirical rate equations of nth order. When the mechanism of 
reaction is not known, we often attempt to fit the data with an nth-order 
rate equation of the form 


-rj, = 



( 20 ) 


which on separation and integration yields 

Ci'" - ci;" = (n - i)kt. n ^ 1 (21) 

or in terms of the fraction of A converted 


Cir[(l - ^a)^-" - 1 ] = (n - l)kt (22) 


The order n cannot be found explicitly from either Eqs. 21 or 22, so a trial- 
and-error solution must be made. This is not too difficult a chore, 
however; we select a value for n and calculate k. The \elue of n which 
minimizes the variation in k is the desired value of n. 
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Fig. 6. Test for a zero-order reaction, or rate equation, Eq. 23. 


Zero-order reactions. A reaction is zero order when the rate of 
conversion is independent of the concentration of materials; thus 

Ti = - ^ = it (23) 

at 

Integrating we obtain directly 

Cao •” C'a “ (24) 

which means that the conversion is proportional to time, as shown in Fig. 
6. Zero-order reactions are usually encountered in heterogeneous catalytic 
kinetics and are always an indication that a complex reaction is occurring 
involving a number of steps in succession. The bottleneck in the process, 
the step that determines the rate, is visualized as an equilibrium-type 
surface-dependent reaction which is relatively slow and independent of 
reactant concentration; hence the zero order. If the concentration of 
reactants is lowered sufficiently, however, the concentration-dependent 
steps in the series will also slow down until the point is reached where these 
steps become slower than the equilibrium step. They then become con¬ 
trolling, and the reaction order will start rising from zero. 

Over-all order of irreversible reactions from the half-life 
Often for the irreversible reaction 


we may write 


aA -f /SB -f --- products 

^ - fcC/CB* • ■ • 


Now if the reactants are present in their stoichiometric ratios, they will 
remain at that ratio throughout the reaction. Thus for reactants A and 
B at any time Cb/C^ *= ^/a. So we may write 



-rA * - 


• • • 
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Fig. 7. Over-all order of reaction from a series of half-life experiments, each at a different 
initial-reactant concentration. 


or 


- ^ - k'Cs’ 
dt 


(25) 


which on integration for n 1 gives 

Ci-" - Cir = kXn - l)t 

Defining the half-life of the reaction, as the time needed for the 
concentration of reactants to drop to one-half the original value, we 
obtain 

“A = Ci;” (26) 


t(n - 1) 


This expression shows that a plot of log versus log C^o ^ straight 

line of slope 1 — n as shown in Fig. 7. 

Numerous variations of this procedure are possible. For instance, 
by having all but one component, say A, in excess, we can find the order 
with respect to that one component. For this situation the general 
expression reduces to 

^ = rc/ 

dt 

where 

k" = *(C*o • • •) 

This method can be extended to any fractional life data cannot be 

used for reactions in which it is impossible to maintain stoichiometric 
ratios, such as autocatalytic reactions. 

The half-life method requires making a series of runs, each at a different 
initial concentration, and shows that the fractional conversion in given time 
rises with increased concentration for orders greater than one, drops with 
increased concentration for orders less than one, and is independent of 
initial concentration for reactions of first order. 
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Irreversible reactions in parallel. Consider the simplest case, A 
decomposing or disappearing by two possible competing paths, both 
elementary reactions: 

R 


A A, 
*t. 


A-^S 

The rates of change of the three components are 

-'•a = - ^ iiCi + <c,Ci = (It, + lyCi 

at 

- _ — kC 

Tr- -k,C^ 

'•s ^ = ktCj, 


(27) 

(28) 
(29) 


This is the first time we have encountered a complex reaction. In such 
reactions following the concentration of a single component will not allow 
us to find the rate constants. Thus following C^, Cr, or Cs alone will not 
give ki or k^. At least two components must be followed. Then by simple 
material balance, noting that + Cr + Cg is constant, we can find the 
concentration of the third component. 

Now the k values are found using all three differential rate equations. 
Equation 27 is of simple first order and can be integrated to give 


-In ^ = (fc, + k,)t (30) 

Cao 




Fig. 8. Rate constants for two competing or parallel first>order reactions of the type 
A^ ^ with rate equations. Eqs. 27, 28. and 29. 
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Fig. 9. Typical conc«ntratien*time curves for parallel reactions. 


When plotted as in Fig. 8, the slope is + /ts- dividing Eq. 28 by 
Eq. 29 we obtain 

sss _ jh 

rs dCs k, 

which when integrated gives simply 



This result is shown in Fig. 8. Thus the slope of a plot of Ck versus Cs 
gives the ratio kjki. Knowing kjk^ as well as ki + kg gives k^ and k^. 
Typical concentration-time curves of the three components in a batch 
reactor for the reaction when = Cso = 0 and kj > k^ are shown 
in Fig. 9. 

Homogeneous catalyzed reactions. Suppose the reaction rate 
for a homogeneous catalyzed system is the sum of rates of both the 
uncatalyzed and catalyzed reactions, 

A-^VR 

A + C-S-R + C 
with corresponding reaction rates 




— k2C^C 


c 


This means that the reaction would proceed even without a catalyst 
present and that the rate of catalyzed reaction is directly proportional to 
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Fig. 10. Rat« constants for a homogeneous catalyzed reaction from a series of runs with 
different catalyst concentrations. 

the catalyst concentration. The over-all rate of disappearance of reactant 
A is 

- ^ = tjCi + fcjCiCc - (k, + ksCo)Ci (32) 

at 

On integration, noting that the catalyst concentration remains unchanged, 
we have 

-In ^ - -In (1 - XJ = (k, + k,Cc)t - k„i»«™d« (33) 

Making a series of runs with varying catalyst concentration allows us to 
find ki and k^. This is done by plotting the observed k value against the 
catalyst concentration as shown in Fig. 10. The slope of such a plot is 
and the intercept ki. 

Reactions in parallel are considered in more detail in Chapter 7. 
AutocataJytic reactions. A reaction in which one of the products 
of reaction acts as a catalyst is called an ahtocatalytic reaction. The 
simplest such reaction is 

A + R —► R -b R 
for which the rate equation is 

—r s — s kC C 

Now the total number of moles of A aiul R remain unchanged as A is 
consumed. Thus at any time we may write 

Co * 4* Cr ■« Cao “f Cro as constant 

Thus the rate equation becomes 

-rA - - ^ - kCJfi, - Ca) (34) 
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Ca/Cao 



Fig. II. Characteristic conversion-time and rate>concentratien curves for autocataiytic 
reactions. 


Rearranging and breaking into partial fractions, we obtain 


dC^ 

Ca(Co - Ca) 


J_ dCA \ 

Co \ Ca Co - Cj 


kdt 


which on integration becomes 


Ca(Co “ Cao) CaCro 

In terms of the initial-reactant ratio M = and fractional con¬ 

version of A we obtain 


In * Cao(M + l)kt * (Cao + Cro)^/ (36) 

M(1 — Xjj 

In an autocataiytic reacticm some product R must be present if the 
reaction is to proceed at all. Starting with a very small concentration of R, 



Fig. 12. Test of mechanism for auto¬ 
cataiytic reaaions. or rate equation. 
Eq.34. 


we see qualitatively that the rate will 
rise as R is formed. At the other 
extreme, when A is just about used 
up the rate must drop to zero. This 
result is given in Fig. 11, which shows 
that the rate follows a parabola, 
the maximum occurring when the 
concentrations of A and R are 
equal. 

To test for an autocataiytic reac¬ 
tion, plot the time and concentration 
coordinates of Eq. 35 or 36 as shown 
in Fig. 12 and see whether a straight 
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line passing through :kto results. Autocatalytic reactions are considered 
in more detail in Chapter 6. 

Irreversible reactions in series. Wc at first consider consecutive 
unimolecular-type first-order reactions such as 


A 




S 


whose rate equations for the three components are 


dC^ 

dt 


—k^Cj^ 


(37) 


- fc,CK (38) 

at 

^ (39) 

at 

Let us start with a concentration C^o of A, no R or S present, and see how 
the concentrations of the various materials vary. By integration of Eq. 
37 we find the concentration of A to be 


-In ^ = kit or Ci = (40) 

To find the variation in concentration of R, substitute the concentration 
of A from £q. 40 into the differential equation governing the rate of 
change of R, Eq. 38; thus 

^ + tjCR = (41) 

at 


which is the first-order linear differential equation of the form 


dz 


+ Py^Q 


By multiplying through with the integrating factor the solution is 


ye 


§Pdx 


- 


** dx constant 


Applying this general procedure to the integration of Eq. 41, we find that 
the integrating factor is The constant of integration is found to be 
—kiC^ikt — ill) from the boundaiy condition at r a 0, and 

the final expression for the variation in concentration of R is 
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Noting that for the constant-volume system there is no net change in total 
number of moles, we find the material balance at any time tb be 

^AO “ + Ql + Cs 


which with Eqs. 40 and 41 gives 



'AO' 


1 + 


ki — 


,-kit 


+ 



(43) 


Thus we have found how the concentrations of components A, R, and S 
vary with time. 

Now if Arg is much larger than k^, we obtain from Eq. 43 

Cs = C,o(l - ^-"‘0 


In other words, the rate is determined by ki or the first step of the two-step 
reaction. 

If ki is much larger than Ats, then 


Cs = C,„(l - e-^^) 


which is a first-order reaction governed by the slower step in the two- 
step reaction. Thus for reactions in series it is the slowest step that has the 
greatest influence on the over-all reaction rate. 

As may be expected, the values of and kz also govern the location and 
maximum concentration of R. This may be found by differentiating Eq. 
42 and setting dC^fdt — 0. The time at which maximum concentration of 
R occurs is thus 


finax — 


ki 


ofc mean 


^ In (Afg/fei) 

- ki 


(44) 


The maximum concentration of R is found by combining Eqs. 42 and 44. 
Thus 


C lie \ktHks-ki> 

<-'H.P>ax _ 1^ j 

Cao '^2^ 


(45) 


Figure 13 shows the general characteristics of the concentration-time 
curves of the three components; A decreases exponentially, R rises to a 
maximum and then falls, and S rises continuously, the greatest rate of 
increase of S occurring where R is a maximum. 

Chapter 7 discusses series reactions in more detail. Specifically, Fig. 7.1 
shows how the location and value of Ch. mnx ^re related to the kjk^ ratio. 
These may be used to find ki and k 2 - 
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Fig. 13. Typical concentration-time curves for two consecutive first-order reactions. 


The following suggestions will help in exploring the kinetics of a series 
reaction for which the orders of the individual steps are unknown. 

1. First determine whether the reaction can be treated as irreversible by 
seeing whether any reactants or intermediates are still present in the mixture 
after a long time. 

. 2. Then, if the reaction is irreversible, examine the concentration-time 
curve for the reactants. This will give the reaction order and rate constant 
for the first step. 

3. Find how the maximum concentration of intermediate varies as the 
reactant concentration is changed. For example, if the first step is of first 
order and ** independent of ^A0» the second step of the series 

is first order as well. If, however, Cg^ maJ^Ao drops as Qo rises, the 
disappearance of R becomes more rapid than its formation. Therefore 
the disappearance, or second step, is more concentration-sensitive and 
consequently is of a higher order than the first step. Similarly, if maJ^Ao 
rises as C^o rises, the second step is of a lower order than the first step. 

For reversible reactions of order other than one the analysis becomes 
more difficult. 

For a longer chain of reactions, say 

A->R-^S-^T—U 

the treatment is similar, though somewhat more cumbersome than the two- 
step reaction just considered. Figure 14 illustrates typical concentration¬ 
time curves for this situation. Again, as with reactions in paralfel, flow 
reactors may be more useful than batch reactors in the study of tfiese 
multiple reactions. 



62 


Ch. 3 INTERPRETATION OF BATCH REACTOR DATA 



t 

Fig. 14. Concentration-time curves for a chain of successive first-order reactions. 


First-order reversible reactions. Though no reaction ever goes 
to completion, we can consider many reactions to be essentially irreversible 
because of the large value of the equilibrium constant. These are the 
situations we have examined up to this point. Let us now consider reac¬ 
tions for which complete conversion cannot be assumed. The simplest 
case is the opposed unimolecular-type reaction 


A q=i: R, Kc zs K = equilibrium constant 
*« 

Starting with concentrations C^o and Cro» we have the rate equation 




dX^ 


— ~~ “ ^l(Q\0 ^XoX\) 

“h ^aoXa) (^) 


Now at equilibrium dCJdt = 0. Hence from Eq. 46 we find the fractional 
conversion of A at equilibrium conditions to be 

V _ ■“ Qio/^AO /An\ 

-Ke + 1 

and the equilibrium constant to be 

K SBs ss ^ApXxf _ /^g\ 

c., k. 

Combining Eqs. 46, 47, and 48 to eliminate C«o and Cite, we obtain the 
rate equation in terms of equilibrium conversion: 


dX^ 
dt ” 
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With conversions measured in terms of this may be looked on as 
a pseudo first-order irreversible reaction which on integration gives 


_ln (l _ - _ln-£4-=. 

\ xj - 

= *■( 


Ca. 




+ k,)/ 


(50) 


A plot of —In (1 — XJXjJ) versus t as shown in Fig. 15 gives a straight 
line of slope ki(l + 1/^c)- 

The similarity between equations for the first-order irreversible and 
reversible reactions can be seen by 
comparing £q. 11 with Eq. 50 or by 
comparing Fig. 3 with Fig. 15. The 
reversible reaction may be considered 
to be irreversible if the concentration 
is measured by or the 

concentration in excess of the equi¬ 
librium value. The fraction conver¬ 
sion is then based on 100 %conversion 
at the maximum attainable or equi¬ 
librium conversion. On the other 
hand, we see that the irreversible 
reaction is simply the special case 
of the reversible reaction in which 
^Ae = 0 or JTa* = 1 or Kq « oo. 

Second-order reversible re¬ 
actions. For bimolecular reactions 

with restrictions Cao = Cbo and Cro « Cgo — 0 the integrated forms of 
the rate equations can be treated graphically. Thus for either of the 
reactions 



Fig. 15. Tsst of mechanism for unimo- 
lecular-type reversible reactions, or rate 
equation, Eq. Ak. 


2A 


2R 


the integrated form is 


(51) 


^A. - -jKo 




Cao* (52) 


2A^R-|-S 


( 53 ) 


For the reaction 
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Fig. 16. Test for various reversible bimolecular reactions. 



versus time yields a straight line as shown in Fig. 16. 

Reveraible reactions in general. Integration of the rate equations 
for reversible reactions with orders other than one and two is difficult and 
does not yield conveniently to graphical method of comparison with experi¬ 
mental data. These reactions which do not go to completion, however, 
are often conveniently fitted by using differential methods on initial rate 
data or some of the simpler of the reversible-reaction models. With' the 
latter approach the unimolecular-type reversible model is particularly 
attractive because of the simplicity of the equation involved. If this does 
not fit, we should then tiy some of the bimolecular-type equations. 

For all such procedures the actual equilibrium conversion must be 
found. Then from this conversion and the model selected we can calculate 
a pseudo-equilibrium constant which may well be different from the true 
thermodynamic equilibrium constant, lliis pseudo-equilibrium constant 
should Ik used in the integrated rate expressions rather than the true 
equilibrium constant. 
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No matter what the form of the empirical rate equation, it should 
extrapolate logically to the extremes if it is to be valuable over a wide 
range of conditions. Thus at no time should the rate be infinite; in 
addition, as equilibrium is approached the rate should approach zero. 
Forms of the rate equation given above do satisfy these conditions. 

Reactions with pseudo-equilibria. A number of reactions seem 
to have the following rate characteristics; they go, but they stop short of 
thermodynamic equilibrium. Such a situation may be visualized with the 
aid of the following analogy. Consider a block sliding down a sloped 
surface as shown in Fig. 17. If the sliding movement is frictionless, the 
block will end up at the lowest point, the equilibrium position. But if there 
is friction between block and surface, the block may end up short of 
equilibrium. Analogously, chemical reactions which stop short of thermo¬ 
dynamic equilibrium will have in their rate equation a frictionlike or 
resistance term. If K is large so that the reaction should be essentially 
irreversible, the rate equation for a reaction which does not go to com¬ 
pletion is 

-'■a = - ^ = XC) - G 
at 

where 0 is a constant which serves to lower the rate of reaction. Thus a 
first-order irreversible reaction which only reaches conversion Xxe will 
have the rate equation 

-fA = - ^ = fcCA - Q 
at 


When dCJdt =* 0, we find that Q = kCj^. Therefore 



Rg. 17. Mcdunlcal anatogy to the chamical raaction which stops short of aquilihrium. 
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which is similar to the reversible first-order reaction^ Eq. SO, with 
equilibrium conversion 

Thus we may state: treat reactions which do not go all the way to 
equilibrium in the same manner as reversible reactions; however, use as- 
the equilibrium conversion the experimentally found limiting conversion 
of reactant. 

Differontiai method of analysis of data 

The differential method of analysis deals directly with the differential 
rate equation to be tested, evaluating all terms in the equation, including 
the derivative dCijdt and testing the goodness of fit of the equation with 
the experimental points. 

We may plan the experimental program to evaluate the complete rate 
equation in question, or we may plan a program to evaluate separately the 
various parts of the rate equation which are subsequently combined to give 
the complete rate equation. The former method is suggested when we are 
testing a simple rate expression; the latter is used when no model tested 
by the procedures already suggested has yielded a satisfactory fit. Thus 
this is an exploratory procedure. These two procedures are outlined in 
turn. 

Analysis of the complete rate equation. The analysis of the 
complete rate equation by the differential method may be summarized as 
follows. 

1. Hypothesize a mechanism and from it obtain a rate equation. As with 
the integral analysis, it will be of the form of either 



II 

1 

II 

1 

(7) 

or 

-(■a = - ^ - V(C) 
at 

(8) 


If it is of the latter form, proceed with step 2; if of the former, see the 
remarks following step 5. 

2. From the experimental concentration-time curve find '—(dC^dt) at 
various times. 

3. At the selected time intervals tabulate the concentrations of the 
various reactants and products as well as the derivative —{dCJdt). From 
these find the value of the function /(C) and tabulate. 

4. Plot —(dCJdt) versus /(C). If we obtain a straight line through the 
origin, the rate equation is consistent with the data. Consequently, as 
far as kinetics can tell, the rate equation is satisfactory and the mechanism 
from which it is derived can be correct (Fig. 18). 
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5. If we do not obtain a straight line through the origin, another 
mechanism should be considered. 

If the rate equation to be tested or to be fitted to the data is of the 
general type of Eq. 7, then the whole problem becomes much more involved. 
Then we may have to resort either to some form of least-squares analysis or 
to the method of finite differences to evaluate the constants of the rate 
equation. In the latter method the differential equation for the rate is 
replaced by a difference equation, 
values of the constants are selected, 
small increments of any variable are 
chosen, and by calculating corre¬ 
sponding values of the other variables 
from point to point the whole C 
versus t curve is constructed. This is 
then compared with the actual points. 

If they do not match, different values 
of the constants are chosen and the 
process is repeated. As may be ex¬ 
pected, this procedure involves con¬ 
siderable trial and error, and the 
wisdom of its use may be questioned because it is not even known at this 
point whether the form of the equation being examined will give a satis¬ 
factory fit, even with the best values for the constants. In such cases it is 
probably better to turn to some other procedure. 

Partial analysis of the rate equation. Frequently we can avoid 
such complications by using foresight in wisely planning the experimental 
program and by not trying to solve the whole problem at one time. 
When we have no rate equation in mind, the partial solution approach is 
especially appealing. 

As an illustration consider the reaction 


I 

II 





f(C) 

Fig. 18. Test of e rate equation by the 
differential method of analysis. 


A R -I- S 


which is not elementary. Suppose, on starting with either A or R and S, 
that we end up with a mixture of all three components. We may expect 
that one of the number of rate equations such as 


or 


- * kjC/ - WCs* 

at 

dC^ fc/Cx - 
dt “ 1 + VCs 


(57) 

(58) 


will fit the data. How do we check this ? 
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We could use the method of isolation in which we make kinetic runs 
starting only with reactant A, ending the run before the concentrations of 
R and S become appreciable. Thus the above rate equations ^ven become 


and 


dt " ^ 

— = k 'C 

dt " ^ 


(57u) 


(58a) 


which are much easier to handle than the complete rate equation. Similarly, 
starting with pure R and S and ending before the concentration of A 
becomes appreciable, we have to deal only with 


and 


_ _ L. f' re * 

--*^8 

dCft _ k^'CjiCs 
dt 1 "f* k^’Cg 


(576) 


(586) 


A very useful procedure for analyzing data in the absence of various 
components k the method of initial rates^ in which the reaction rate is 
measured for a differential change in composition of reactant. Referring 
to £q. S7a, if we start with pure A and measure the rate while this reactant 
has changed in concentration by but a small amount, then dCJdt can 
be replaced by ^CJAt, the concentrations of R and S can be taken to be 
zero, and Eq. 57a becomes 


— — k C 


(58c) 


A series of runs with varying concentration of reactants but with no R and 
S present will yield k^ and a. Hence the key to this procedure is not to 
make a time run but to make a series of initial-rate determinations at 
different initial conditions. It should be pointed out that for this procedure 
precise measurements of concentrations are necessary. 

Another technique, the method of least squares^ is especially useful for 
the fitting of equations of the type 


- ^ = kC/Cn* 
dt ^ ^ 


(59) 


where k^a,b,... are to be determined. The technique is described as 
follows. Take logarithms of Eq. 59. Thus 


log 




log k 4- a log Ca + 6 log Cr + 
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which is of the form 

y =» a® + «i»i + H- 

This may be solved [see Levenspiel et al. (1956)] to yield the values of 
best fit for = log A:, aj = a, a, = 6, etc. 

Alternately, using the method of excess, we may find the orders 
a,b,.,. one at a time in separate experiments by ’.«eping in great excess 
all components other than the one to be examined. For example, if all 
but A are in great excess, their concentrations will be unchanged. Thus 
Eq. 59 reduces to 

- ^ = Jc(Cb,* • • • )Ci" 

which may be solved simply by plotting —(dCJdt) versus Ca on log-log 
paper. 

With any given problem we must use good judgment in planning a 
fruitful experimental program. Usually the clues and partial information 
obtained in any set of runs will guide and suggest the line of further 
experimentation. Needless to say, after the various parts of the rate 
equation are found, the resulting complete equation should be checked to 
see whether all interactions have been accounted for by making an integral 
kinetic run in which all materials are present and are made to vary over 
wide concentration ranges. 


VARIABLE-VOLUME BATCH REACTOR 

The general form for the rate of change of component / in either the 
constant or variable-volume reaction system is 

r ^ 1 ^ 1 ^ 1 VdQ -f Q dV 

V dt V dt V dt 


or 


dCt , CidV 

'■‘“ir+TdT 


(60) 


Hence two terms must be evaluated from experiment if is to be found. 
Luckily, for the constant-volume system the second term drops out, 
leaving the simple expression 




dt 


( 1 ) 


In the variable-volume reactor we may also avoid the use of the cumbersome 
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two-term expression of Eq. 60 if we use fractional conversion rather than 
concentration as the primary variable. However, this simplification can 
only be effected if we make the restriction that the volume of reacting 
system varies linearily with conversion or 

y = yo(l + eM (61) 


where is the fractional change in volume of the system between no 
conversion and complete conversion. Thus 


fiA = 




'Xa-o 


(62) 


As an example consider the isothermal gas-phase reaction 

A-..4R 


By starting with pure reactant A, 



but with 50% inerts present two volumes of reactant mixture yield on 
complete conversion five volumes of product mixture; thus 



We see then that accounts for both the reaction stoichiometry and the 
presence of inerts. Noting that 


= A^ao(1 “ ^a) 


(63) 


we have, on combining with Eq. 61, 

r ^A Nao(1 - Xj,) 1-Xa 

V V^l+e^Xj,) 

or = i 

Cao l+fiA^A 

which is the relationship between conversion and concentration for 
variable-volume (or variable-density) systems satisfying the linearity 
assumption of Eq. 61. This is a reasonable restrictive assumption which 
holds for all practical purposes for isothermal constant-pressure systems 
in which no reactions in series occur, and for many nonisothermal ^lems. 
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With these relationships Eq. 60, written for reactant A, becomes 


-r - _ 1 

^ V dt Ko(l + ejJC^) dt 

ss ^AO 

1 + cj^Xj^ dt 


(65) 


which certainly is easier to handle than Eq. 60. Note that when 
equals zero Eq. 65 reduces to Eq. 1. 

The reaction is most conveniently followed by determining the progressive 
change in volume of system with time. This volume change A Kis converted 
into fractional conversions with Eq. 61, which can then be used in Eq. 65. 
These relationships apply for all compositions of active materials, either 
in the presence or in the absence of inerts. 

The development to follow is based on the assumption made in Eq. 61 
that the volume change of the system varies linearly with conversion. 

Differential method of analysis 

The differential method of data analysis of isothermal variable-volume 
reactors procedure as that for the constant-volume situation except that 
we must replace 


dCj, 

dt 


by 


dCj^ din V - ui u 

—- + - or preferably by 

dt dt 


Cj^o dX^ 
1 + B^Xj^ dt 


Integral method of analysis 


The integral method of data analysis of isothermal variable-volume 
reactors requires integration of the rate expression to be tested. The 
resulting C versus t function is then compared with the experimental data. 
Thus for reactant A 


1 dNj, ^ Cap dXj, 

V dt 1 + e^X^ dt 


Integrating formally we obtain 


"AO 


Jo ( 


dX, 


0 (l + fiA^AX-rA) 


= t 


( 66 ) 


the expression for all forms of batch reactors in which the volume or 
density is a linear function of the conversion of material. We shall now 
consider special instances of this expression which are amenable to 
integration and simple graphical checking. Such instances are few in 
number when compared to those for the constant-volume reactor. 
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Zero-order reactions. In a zero-order reaction the rate of change 
of any reactant A is independent of concentration of that reactant, or 


-r - Cap dX^ 

^ V dt 1 -I. dt 
With Eq. 66 we obtain 


(67) 


^AO 



dX^ 

1 + ej^Xj, 


^ln(l+ £^ArA) = ^In- = fct (68) 
ca Ca Vf, 


As shown in Fig. 19 the logarithm of the fractional change in volume 
versus time yields a straight line of slope keJCj^ for a zero-order reaction. 

First-order reactions. For a unimolecular-type lirst-order reaction 
the rate of change of a reactant A is 


V dt ^ 


(69) 


This equation is transformed into conversion units by combining it with 
£qs. 64, and 65. Thus 


_r C^o dXj, fcCAod - Xa) 

1 + Ca'^a dt 1 

Integrating, we obtain 

dXA ^ ^ ^ 

Jo I-X^ ^ 


(70) 


(71) 



Fif. IS. T«ft tor a zaro^rder reaction Eq. 47, in a comtant-pmMura variabia-volumo 
reactor. 
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Fif. 20. T«it for a first-order reaction Fig. 21. Test for the second-order reaction, 

in a constant-pressure, variable- Eq. 73, in a constant-pressure, variable- 

volume reactor. volume reactor. 


or, in terms of the total volume of the system, by combining with Eq. 61 


_,n = fct 


\ CaV 

A semilogarithmic plot of Eq. 71 or 72 as shown in Fig. 20 yields a straight 
line of slope k. 

Comparing this result with that found for first-order reactions in 
constant-volume systems, we see that the fractional conversion in both is 
identical; however, the concentrations of materials are not the same. 
The constant-pressure reactor has a lower concentration of reactant than 
the constant-volume reactor if > 0 but has a higher concentration if 
ca < 0. In addition, we can show for the same feed composition at any 
pressure that the fractional change in pressure of a constant-volume 
reactor and the fractional change in volume of a constant-pressure reactor 
are always the same. Thi;: relationship holds only for first-order reactions. 

Second-order reactions. For a bimolecular-type second-order 
reaction, o a 


2A products 
A -I- B -► products, C 




the rate of change of reactant A is given by 

-r^ = 


By combining with Eq. 61,64, and 65 this becomes in terms of conversion 

“ TTTj: IT In- 


1 •+• 6a^A 


kCjJ\ 
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' Separating variables, breaking into partial fractions, and integrating, we 
obtain 


1 + e A 
'o (1 -^a)* 


dX^ 


(1 + ejdXj, 


+ eAln(l - A-a) 


kC^t (75) 


With £q. 61 this can be transformed into a V versus t relationship. Figure 
21 shows how to test for such reactions. 

Reactions of nth order. For an nth-order reaction of the type 



Eq. 66 becomes 



(1 + caA^a)""^ 
(1 - ^a)* 


dX^ 


C 


n-i 

AO 


kt 


(76) 

(77) 


which does not yield simply to integration. For the nth order and other 
reactions we must integrate Eq. 66 graphically, using the appropriate 
rate expression. The method to be used parallels the general proc^ure for 
the integral method of analysis of constant-volume batch reactors. 


TEMPERATURE AND REACTION RATE 


So far we have examined the effect of concentration of reactants and 
products on the rate of reaction, all at a given temperature level. To obtain 
the complete rate equation, we also need to know the role of temperature 
on reaction rate. Now in a typical rate equation 


-^•a 


_l^ = fc/(C) 

V dt 


and it is the reaction rate constant, the concentration-independent term, 
which is affected by the temperature, whereas the concentration-dependent 
terms /(C) usually remain unchanged at different temperatures. 

For elementary reactions theory predicts that the rate constant should 
be temperature-dependent in the foUowing manner: 

1. From Arrhenius* law, 

k oc 

2. From collision or transition-state theory 

koc 

In Chapter 2 we showed that the latter expression very often reduces to 
the former expression because the exponential term is so temperature- 
sensitive that any variation caused by the J” term is completely masked. 
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7S 


o 




Fig. 22. Temperature dependency of a Fig. 23. Temperature dependency of 

reaction according to Arrhenius’ law. a reaction according to collision 

theory. 


Even for nonelementary reactions where the constants of the rate 
equations are made up of products of k values for the elementary reactions, 
these composite rate constants are expected to vary as This 

expectation has been verified experimentally. 

Thus, after finding the concentration dependency of the reaction rate, we 
can then examine for the variation of the rate constant with temperature 
by an Arrhenius-type relationship 

k = (78) 

which is conveniently found.by plotting In k versus l/Tas shown in Fig. 22. 
With very precise data we may wish to fit the data to one of the available 
theories with given value for m. Then the temperature variation of the 
rate constant is given by 

fc = (79) 

which may be tested by plotting In kfT^ versus \fT as shown in Fig. 23. 

Illustrative Example 

Bodenstein and Lind (1906) studied the reaction 

H, + Br, = 2HBr 

and found on the basis of a careful analysis of good experimental data that the 
kinetks was well represented by the expression 

dt A:, + [HBr]/[Bra] ^ ^ 

sugflBSting a nonelementary reaction. Interestingly enou^ this result was 
eT^uiincd independently and almost simultaneous^ by Christiansen, Herzfeld, 
and Pohuiyi in terms of a chain reaction mechanism (see Example 2.1). 
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Using part of the data of Bodenstein and Lind, let us make a partial analysis 
of the kinetics of this reaction in a manner that illustrates the variety of methods 
which may bejpsed in the exploration of a reaction. 

Data. Let the data consist of eight time-concentration runs, four of which 
use equal concentrations of Hg and Brj. At the start of all runs no HBr is 


present. Columns 1 and 2 of Table 1 show the data of one of the four runs 

Table 1. Time versus concentration run 

(1) (2) (3) (4) (5) 

Time, [HJ - [BrJ, I/IHJ [HsT®** - 

min moles/liter 

Original Data Used in Fig. 24 Used in Fig. 29 

0 


4.444 

1.789 

0 

20 

0.1898 

5.269 

1.911 

0.122 

60 

0.1323 

7.559 


0.411 

90 

0.11S8 

8.636 

2.319 

0.530 

128 

0.0967 

10.34 

2.486 

0.697 

180 

0.0752 

13.30 

2.742 

0.953 

300 

0.0478 

20.92 

3.275 

1.486 

420 

0.0305 

32.79 

3.901 

2.112 


Table 2. Initial rate data 



(1) 

(2) 


(3) 


[H.I 0 


( 

--•h.)!®* 


0.2250 

0.2250 


1.76 


0.9000 

0.9000 


10.9 


0.6750 

0.6750 


8.19 


0.4500 

0.4500 


4.465 


0.5637 

0.2947 


4.82 


0.2881 

0.1517 


1.65 


0.3103 

0.5064 


3.28 


0.1552 

0.2554 


1.267 


using equal concentrations of H 2 and Btj. Table 2 shows initial rate data for 
these eight runs. This information will be used later. 

Search for simple rate equation by integral analysis. Let us see whether 
the kinetics of this reaction can be described by any of the simpler rate equations. 
For this we use integral analysis. With Column 3 of Table 1, Fig. 24 shows the 
test of a second-order rate equation according to Fig. S. The data do not lie on 
a straight line; hence we do not have an elenwntary bimolecular reaction. 
Figure 25 shows the test for a first-order rate equation according to Fig. 3. 
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Again the data of Table 1 do not lie on a straight line, and the reaction is not 
of first order. Similar linearity tests with other simple forms of rate equations 
show negative results. 

Findings of integrai anaiysis. Kinetically the reaction is not elementary. 
Neither can it be satisfactorily represented by any of the simpler rate expressions 
which have been handled by the integral analysis. 

Possible lines of investigation. Let us now see whether we can fit the 
rate by an expression of the form 


“'■Hj = MHjJ’lBra]*’ with a + b (81) 

To do this we may proceed in one of two ways: we may use the / versus C 
data of a single run or we may use initial rate data for the eight runs. If HBr 
influences the rate of reaction, the first procedure will lead to complications 
because HBr is formed during reaction. These complications are avoided if we 
analyze the initial rate data. Let us follow the latter procedure since it has less 
chance of getting us into trouble. 

Find initial rate datau Initial rates of reaction are found either by plotting 
the C versus t curve and finding the slopes at / = 0 as shown in Fig. 26 for the 
run of Table 1, or by using a difference method. The Ihtter procedure was used 
to obtain the data of Table 2. 

Over«all order of reaction. For equal concentrations of H 2 and Br^ we 
obtain 

th . * = k[H^ 

and taking logs this becomes 

log ( -rn.) = log ^ + n log [Hj] (82) 

Thus from the first four runs of Table 2 we can find the over-all order of reaction. 



Fig. 26. Graphical procedure for finding initial race of reaction. 



ILLUSTRATIVE EXAMPLE 


79 


This is shown in Fig. 27. Fitting by eye we find the slope to be 

#1 = a + A * 1.35 

Roaction order with respect to individual reactants. Knowing the 
over-all order, we can find the order with respect to each component with the 
following manipulation: 

Taking lo^ and using the value of n found, we obtain 

which when plotted as Fig. 28 with the slope determined by eye gives a » 0.90. 
Hence from the initial rate data we find 

-m, = k[HJ» “[Br ,]»•« (84) 

Order of reaction by the method of least squares. The method of 
least squares can give the order of reaction with respect to all the components 
all at one time. Thus this procedure replaces both of the two preceding steps. 
Taking logs of the rate equation to be fitted, Eq. 81, we obtain 

log (-rn,) = log A: + a log [Hj] + b log [Brj] 
which is of the form 

y = a® + 0*1 + Iwa 



0.1 0.2 0.5 1.0 2.0 

fH2l - IBrsI 


FIf . 17. Plot to Jive over-all order of reaction. 
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0.5 1 2 5 10 

lH2l/(Br2| 

Fig. 28. Determination of order with respect to hydrogen once the over*all order is 
known. 

The best estimate of the coefficients by the least<squares criterion is found in a 
straightforward manner as outlined by Levenspiel et al. (19S6) and gives 

a « 0.93 
b = 0.46 

Thus the rate equation is 

th. = it[H (85) 

which agrees closely with the results obtained by fitting graphically. 

EviCluation of least-squares versus graphical procedures. The ad¬ 
vantage of the method of least squares is that it allows us to find all the 
individual orders of reaction at one time by an objective method which is not 
influenced by the experimenter’s biases in fitting lines to experimental points. 
Though it does give us the constants of best fit, without additional statistical 
analyses this method gives us no estimate' or feel of how good the fit is. The 
graphical method allows us to estimate at each step the goodness of fit of the 
rate equation to the data. 

Probably the best procedure is to use the graphical method to find out 
whether the equation type selected is satisfactory, and if it is thpn to use the 
method of least squares to find the constants of best fit. Alternatively, least 
squares with statistical analyses may be used exclusively. 

Test of the rate equation with C versus t data. We have mentioned that 
to make sure a rate expression represents the reaction in all concentration 
ranges we should test it with data obtained when all components are present 
and vary widely in composition. Let us perform this test on Eq. 85 usii^ 
the data of Table 1. This can be done by either the differential or integral 
method. 
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(1) In the differential method we test the fit of Eq. 85 directly. Taking logs, 
noting that [Hj] * [Brj], we obtain 


log (-rn,) - log k + (fl + b) Jog [Hjl 
= log A: + 1.39 log [Hj] 


Thus if Eq. 85 holds throughout the concentration range, a plot of log (—rH,) 
versus log [H 2 ] should give a straight line of slope 1.39. The rate of reaction at 
various conditions is found by taking slopes of the C versus / curve at various 
points, as shown in Fig. 26. 

(2) In the integral we must first integrate Eq. 85 and then test the fit. Thus 
forlHjl-lBral 


-ru. 


4H2I 

dt 




Separating and integrating we obtain 


or 


cm diH,] _ r 


[HJ-®’® - [Halo"®-®® =» 0.39it/ 


( 86 ) 


Thus if Eq. 85 is satisfactory at all concentrations, a plot of 

([HjJ-®-®® - [Halo"®-®®) versus t 


should yield a straight line. 

Now which procedure should we use? Differential analysis requires taking 
slopes of C versus t curves and the errors and uncertainty which thereby results 
may well mask any trend away from linearity which may exist. In addition the 
differential analysis is more time consuming than the integral analysis which is 
quite straightforward a procedure. Thus we shall use the integral analysis. 

Figure 29 is a plot of Eq. 86 based on values tabulated in Columns 4 and 5 
of Table 2. It indicates that the data do not fall on a straight line. Actually, 
some of the other runs show this more clearly. 

Concluding remarks. We can say at this point that the rate is well 
represented by the expression 

-rn, = k[Ha]®®®IBra]®" (85) 

when no HBr is present. The fact that the order changes during a run indicates 
that we have at hand a more complicated phenomenon than expected, and that 
the rate expression found only partially represents the facts, just as Eqs. 57a 
and 58a are only partial representations of Eqs. 57 and 58. 

Since reaction orders predicted by theory are usually integers or simple 
fractions, as the problems in Chapter 2 show, it is reasonable to suspect that the 
rate expression should really be 

-rn, = k'lHalBra)®-® (87) 

The difference in goodness of fit afforded by Eqs. 85 and 87 is quite minor and 
can be explained in terms of experimental error. 

Actually, Eq. 87 is the correct partial representation of the over-all reaction 
rate, Eq. 80, as found by Bodenstein and Lind; hence we are well on our way 
to a solution of die problem. 
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Fig. 29. Check of Eq. 86 in all concentration ranges. 


COMMENTS 

When we search for a rate equation and mechanism to fit a set of 
experimental data, we would like to have answers to two questions. 

1. Have we the correct mechanism and corresponding type of rate 
equation? 

2. Once we have the right form of rate equation, do we have the best 
values for the rate constants in the equation? 

The second question is answered without much difficult once the equa¬ 
tion form is decided. To do this we decide what we mean by the words 
“best value’* and then find the constants on the basis of this criterion. 
Some of the commonly used criteria are 

1. Minimizing the sum of the squares of the deviation of the data points 
about the rate equation. This is ^e least-squares criterion. 

2. Minimizing the sum of the absolute values of the deviations. 

3. Minimizing the maximum deviation. 

4. Fitting graphically by tye. 

The difiicult question to answer is not the second but the first question. 
Let us see why Uiis is so. Recalling that each Qq>e of rate equation 
corresponds to a family of curves on a givM plot (parabola, cubic, simple 
exponential, etc.), essentially what we are asking in the first question is 
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“Given a set of data points plotted in a certain manner, which of the various 
families of curves could have generated these data?” 

To answer*this question requires somewhat subtle logic; however, it is 
worthwhile for us to consider it because the reasoning involved shows what 
is meant by a true, correct, or verified theory in science. 

Suppose we have a given plot of a fixed set of kinetic data and we wish 
to find out how well any one of the following families of curves—parabolas, 
cubics, hyperbolas, exponentials, etc.—fits these data compared with the 
fit of another family of curves. This is a difficult task. It cannot be done 
simply; neither can high-powered mathematical or statistical methods 
help in deciding whether one family of curves really fits the plot better 
than another. The one exception to this conclusion occurs when one of 
the families being compared is a straight line. For this situation we can 
simply, consistently, and fairly reliably tell whether any other family of 
curves fits the data better than the straight line. Thus we have essentially 
a negative test, one which allows us to reject a straight-line fit if it is worse 
than the fit of some other curve but which can never indicate whether the 
straight-line fit is superior to all others. At best, then, we can reject a 
mechanism and rate equation if evidence is against it (if the data does not 
fit a straight line as well as it does some other curve), but we can never tell 
whether a proposed mechanism and rate equation are correct (whether 
the fit is better than all others). As with any scientific theory or hypothesis 
we may, however, accept as true any unrejected hypothesis, but with the 
understanding that this is only done on a provisional basis. 

Hence in testing a mechanism with a straight-line fit we are making sure 
that we are not ignoring some other mechanism which fits the data better, 
and this is why in all the tests presented in this chapter we have gone 
through numerous mathematical manipulation to obtain the data in 
linearized form. 

There are three methods commonly used to test for the linearity of a 
set of points. These are as follows. 

Calculation of k from individual data points. With a mechanism 
at hand, rate constants can be calculated for each experimental point by 
either the integral or differential methods. If no trend in k values is dis¬ 
cernible, the rate equation is considered to be satisfactory and the k 
values are averaged. 

Now the k values calculated this way are the slopes of lines joining the 
individual points to the origin. So for the same magnitude of scatter on 
the graph the k values calculated for points near the origin Qow conversion) 
will vary widely, whereas those calculated for points far from the origin 
will show little variation (Fig. 30). This fact can make it difficult to decide 
whether k.is constant and, if so, what is its best mean value. 
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Fif. 30. How the location of the experimental points influences the scatter in calculated 
k values. 

Calculation of k from pairs of data points. A set of A: values can 
be calculated from each successive pair of experimental points. For large 
data scatter, however, or for points close together, this procedure will give 
widely varying k values from which kjaeta ^ difficult to determine. In 

fact, finding k _ by this procedure for points located at equal intervals on 

the X axis is equivalent to considering only the two extreme data points 
while ignoring all the data points in between. This fact can easily be 
verified. Figure 31 illustrates this procedure. 

This is a poor method in all respects and is not recommended for testing 
the linearity of data or for finding mean values of rate constants. 

Graphical method. Actually, with the methods given k values can be 
obtained without making a plot of the data. With the graphical method the 
data are plotted and then examined for deviations from linearity. The 
decision whether a straight line gives a satisfactory fit to the data is 
usually made intuitively by using good judgment when looking at the 



Fig. 31. Calculated k values from successive experimental points are likely to fluctuate 
widely. 
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data. When in doubt we should take more data, and occasio nall y 
(comparing second-degree polynomials with straight lines or nth degree 
and n — 1 degree polynomials) we may be able to use statistics to help us 
arrive at a decision. 

Though statistics cannot in general compare the goodness of fit of 
different curves to data, it can help us compare the goodness of fit of two 
or more straight lines. Hence the graphical method offers an additional 
advantage in that it allows rational comparison of rate equations which can 
be represented as straight lines on a given plot. One such example is in 
the finding of reaction orders on a log r versus log C plot. 

The graphical procedure is probably the safest and most reliable method 
for evaluating the fit of rate equations to the data and should be used 
whenever possible. For this reason we stress this method here. 
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PROBLEMS 

1. Given —rf^ = —{dCfJdt) = 0.2 mole/(HterXsec) when * 1 mole/liter. 
What is when = 10 moles/liter? 

Note: The order of reaction is not known. 

2. Given the zero-order homogeneous gas-phase decomposition A -► 2.7R. 
In a constant-volume bomb starting with 80% A, 20% inerts, we have 

Time 0 1 

Total pressure, atm 1 l.S 

(a) If we introduce A at a total pressure of 10 atm, no inerte, what will be 
the pressure at ( » 1 ? 

ijb) If we introduce A at a partial pressure of 1 atm and inerts at a partial 
pressure of 9 atm, what will be the total pressure at / — 1 ? 
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3. Given a homogeneous-ptose polymerization occurring at constant temper¬ 
ature, with 20% of the monomer disappearing in 34 min for initial monomer 
concentrations of both 0.04 and 0.8 mole/liter. What can you say about the 
rate of disappearance of the monomer? 

4. The homogeneous gas-phase reaction A -«■ 3B has a rate constant k » 
0.5 min~^. Tabulate the total pressure in a constant-volume reactor at 1, 2, 3 
and 4 min for the following initial conditions of the reactor: (a) pure A at 1 
atm, (b) pure A at 10 atm, (c) pure A at 1 atm, inerts at 9 atm. 

5. Snake-Eyes Magoo is a man of habit. For instance, his Friday evenings 
are all alike—into the joint with his week’s salary of $180, steady gambling 
at “2-up” for two hours, then home to his family leaving 145 behind. Snake- 
Eyes’ betting pattern is predictable. He always bets in amounts proportional to 
his cash at hand, and his losses are also predictable—at a rate propo^onal to 
his cash at hand. This week Snake-Eyes received a raise, so he played for three 
hours, but as usual went home with $135. How much was his raise? 

6. A small reaction bomb fitted with a sensitive pressure-measuring device is 
flushed out and then filled with pure reactant A at 1-atm pressure. The operation 
is carried out at 25°C, a temperature low enough that the reaction does not 
proceed to any appreciable extent. The temperature is raised as rapidly as 
possible to lOO^’C by plunging the bomb into boiling water, and the readings in 
Table P6 are obtained. The stoichiometric equation for the reaction is 2A -«> B, 

Table P6 


r, min 

V, atm 

t, min 

ir, atm 

1 

1.14 

7 


2 

1.04 

8 

0.832 

3 

0.982 

9 

0.815 

4 

0.940 

10 

0.800 

5 

0.905 

15 

0.754 

6 

0.870 

20 

0.728 


and after leaving the bomb in the bath over the week end the contents are 
analyzedfor A; none can be found. Find a rate equation in units of lb moles, ft*, 
min which will satisfactorily fit the data. 

7. The reaction A -F 2B -*> R is first order with respect to each reactant. If 
equimolar amounts of A and B are introduced into a constant-volume reactor 
and l/mth of A remains after time fi, how much will renoain after time » 2tx ? 

8. In units of gram moles, liters, and seconds, find the rate expression for 
the decomposition of ethane at 620°C from the following information obtained 
at atmospheric pressure. The decomposition rate of pure ethane Is 7.7%/sec, 
but when 85.26% inerts are present the decomposition rate drops to 2.9%/sec. 
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9. The aqueous*phase reaction A -»■ R + S proceeds as follows. 

Time, min I ^ ^ 65 100 160 oo 

Ca, gram moles/liter | 0.1823 0.1453 0.1216 0.1025 0.0795 0.0494 

with Cao 0.1823 gm mole/liter 

Cro " 0 

^so « 55 gm moles/liter 
Find the rate equation for this reaction. 

10. Hellin and lungers (1957) present the data in Table PIO on the reaction 
of sulfuric acid with diethylsulfate in aqueous solution at 22.9‘’C: 

+ (C,H4),S04 2C4HCSO4H 

Initial concentrations of H 4 SO 4 and (C 4 H 5 ) 4 S 04 are each 5.5 ^ moles/liter. 

Table PIO 


C,H 5 S 04 H 

Time, min gm moles/liter 


C,H,S 04 H 

Time, min gm moles/liter 


0 

0 

41 

1.18 

48 

1.38 

55 

1.63 

75 

2.24 

96 

2.75 

127 

3.31 

146 

3.76 

162 

3.81 


180 

4.11 

194 

4.31 

212 

4.45 

267 

4.86 

318 

5.15 

368 

5.32 

379 

5.35 

410 

5.42 

00 

(5.80) 


Find a rate equation for this reaction. 

11. Find the overfall order of the irreversible reaction 


2Ha + 2NO - N* + 2H,0 


from the accompanying constant-volume 
hydrogen and nitric oxi^. « 

data 

using equimolar 

amounts of 

Total Pressure, mm Hg 

200 

240 

280 

320 

360 

Half-life, sec 

265 

186 

115 

104 

67 


12. Kunsman (1928) presents rate data for the deconq>osition of ammonia on 
molybdenum catalyst at both 850‘’C and 950°C, and reports that the rate is 
independent of the conomtration of ammonia present. Verify this conclusion by 
calculating the ruction order from the data presented. 
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13. On p. 54 it was mentioned that the half-life method for finding reaction 
orders can be extended to any fractional-life data. Do this, defining as the 
time required for the reactant concentration to drop to l/mth of its original value. 

14. Nitrogen pentoxide decomposes as follows: 

NgO, -> jOg + Ng04, -'"NgOs = (2.2 X 10-^* min-') 

NgOg 5=^ 2NOg, instantaneous, JC, = 45 mm Hg 

Find the partial pressures of the contents of a constant-volume bomb after 
6.5 hr if we start with pure NgOg at atmospheric pressure. 

15. Betahundert Bashby likes to play the gaming tables for relaxation. He 
does not expect to win and he doesn’t, so he picks games in which losses are a 
given small fraction of the money bet. He plays steadily without a break, and the 
size of his bets are proportional to the money he has. If at “galloping dominoes” 
it takes him four hours to lose half of his money and if it takes him two hours 
to lose half of his money at “chuk-a-luck,” how long can he play both games 
simultaneously if he starts with SIOO.OO and quits when he has SI.00 left, which 
is just enough for carfare home, a deluxe hamburger, and a shake? 

16. For the reactions in series 

A R S, iti * itg 

find when R reaches a maximum concentration and determine the value of that 
concentration. 

17. A small reaction bomb, fitted with a sensitive pressure-measuring device, 
is flushed out and then filled with a mixture at 76.94% reactant A and 23.06% 
inert at 1-atm pressure. The operation is carried out at 14°C, a temperature low 
enough that the reaction does not proceed to any appreciable extent. 

The temperature is raised as rapidly as possible to 100°C by plunging the 
bomb into boiling water, and the readings in Table P17 are obtained. The 

Table PI7 


t, min 

V, atm 

/, min 

IT, atm 

0.5 

1.5 

3.5 

1.99 

1 

1.65 

4 

2.025 

1.5 

1.76 

5 

2.08 

2 

1.84 

6 

2.12 

2.5 

1.90 

7 

2.15 

3 

1.95 

8 

2.175 


stoidhiometric equatiop for the reaction is A -»■ 2R and after leaving the bomb 
in the bath over the week end the ccutents are analyzed for A; none can be 
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found. Find a rate equation in concentration units of lb moles/ft^ which will 
satisfactorily fit the data. 

18. The following data are obtained at 0°C in a constant-volume batch reactor 
using pure gaseous A. 

Time, min 0 2 4 6 8 10 12 14 oo 

PartialPressureof A, mm 760 600 475 390 320 275 240 215 150 

The stoichiometry of the decomposition of A is A 2.5R. Find a rate equation 
which satisfactorily represents this decomposition. 

19. The kinetics ofthe liquid-phase reaction A + 3B 2R are to be examined. 
It happens that the reaction can be stopped conveniently at any point and that 
the concentration of R can easily be measured by titration in the resulting solu¬ 
tion. This then forms the basis for the study of the kinetics of this reaction. 
Chemicals A and B are prepared in various concentrations in separate flasks 
and at time r — 0 are introduced in the constant-temperature reaction vessel. 
After 1 min the reaction is quenched and the resultant liquid is titrated. The 
results in Table P19u are obtained. 


Table PI9a 

At / = 0 min At / = 1 min 


Run 

^A0» 

moles/liter 

Cbo. 

moles/liter 

^R* 

moles/liter 

1 

1 

1 


2 

1 

5 


3 

5 

1 


4 

5 

5 

0.112 


(a) What can we say about the rate equation and the equilibrium constant at 
this point? 

(b) For run 5, we repeat run 4 without quenching and leave it over the week 
end. Then the solution is analyzed and R is found to be at 1 mole/liter. 
Now what can we sayabout the rate equation and the equilibrium constant? 

(c) If in addition we make the experiment in Table P196, C^o = C'bo =* 0, what 
can we say about the rate equation and equilibrium constant of the 


reaction? 

Tabl« Plfh 



r -0 

t » 1 min 


^BOi 

Cr, 

Run 

motes/liter 

moles/liter 


6 

7 

8 


1 

5 

25 


0.999 

4.975 

24.375 
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Note: The resulting equation is not thermodynamically consistent; see 
Denbigh (1955). Hence it would be risky to use it for conditions far from those 
actually examined. 

20. Find the iirst<order rate constant for the disappearance of A in the 
phase reaction A -*> 1.6R if the volume of the reaction mixture starting with pure 
A increases by 50% in 4 min. The total pressure within the system stays constant 
at 1.2 atm, and the temperature is 25‘’C. 

21. Find the first-order rate constant for the disappearance of A in the 
phase reaction 2A R if, on holding the pressure constant, the volume of the 
reaction mixture, starting with 80% A, decieases by 20% in 3 min. 

22. For a zero-order reaction, with stoichiometry A rR taking place in a 
constant-volume bomb, v « 1 when t = 0 and ir = 1.5 when / » 1. For the 
same reaction, same feed composition and initial pressure taking place in a 
constant-pressure setup, find F at r » 1 if F s i at r s o. 

23. For a zero-order reaction A -» rR taking place in a constant-volume 
bomb, 20% inerts, the pressure rises from 1 to 1.3 atm in 2 min. For the same 
reaction, taking place in a constant-pressure batch reactor, what is the fractional 
volume change in 4 min if the feed is at 3 atm and consists of 40% inerts? 

24. The gas-phase reaction 2A -»■ R -f- 2S is approximately second order with 
respect to A. When pure A is introduced at 1 atm into a constant-volume batch 
reactor, the pressure rises 40% above the initial pressure in 3 min. For a 
constant-pressure batch reactor find (a) the time required for the same con¬ 
version, (h) the fractional increase in volume at that time 

25. When the first-order homogeneous gas-phase decomposition A -> 2.5R is 
carried out in an isothermal batch reactor at 2 atm with 20% inerts prer snt, the 
volume increases by 60% in 20 min. When the reaction is carri^ out in a 
constant-volume reactor, find the time required for the pressure to reach 8 atm if 
the initial pressure is 5 atm, 2 atm of which consist of inerts. 

26. It was mentioned on p. 73 that for first-order gas-phase reactions at the 
same feed composition at any pressure the fractional cl:^ge in pressure of a 
constant-volume reactor is always the same as the fractional change in volume 
of a constant-pressure reactor. Verify this statement. 

27. Pure gaseous A which decomposes according to the reaction A -*■ R -4- S 
is prepared under refrigeration and is introduced into a thin-walled capillary 
which acts as reaction vessel as shown in Fig. P27. No appreciable reaction 
occurs during handling. The reaction vessel is rapidly plun^ into a bath of 
boiling water, and the volume change is noted. After the reaction has been 
completed, analysis of the mixture shows no A present. The following data 
are obtained. 

Time, min 0.5 1 1.5 2 3 4 6 10 oo 

Length of Capillary Occupied 

by Reaction Mixture, cm 6.1 6.8 7.2 7.5 7.85 8.1 8.4 8.7 9.4 
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Find a rate equation in concentration units, gm moles/liter, for this decom¬ 
position. 

28. The kinetics of the gaseous decomposition of an unstable organic material 
is to be investigated in a constant-pressure reactor somewhat similar to that 
shown in the previous problem. A mixture of 73% reactant and 27% inerts is 
introduced into a thick-walled glass reaction vessel. The volume of the reactant 
mixture introduced is 1.1 cc at O^C, at which temperature there is no appreciable 
volume change after 1 hr. The reaction vessel is placed in a bath of boiling 
water, and the volume of the mixture is noted at various times, all at a constant 
pressure of 1000 mm Hg absolute as shown in Table P28. 

Table P28 


Gas Volume, cc 

Time, sec 

Gas Volume, cc 

Time, sec 

1.2 

<1 

3.3 

84 

1.5 

6 

3.6 

104 

1.8 

19 

3.9 

130 

2.1 

29 

4.2 

160 

2.4 

40 

4.5 

210 

2.7 

53 

4.8 

330 

3.0 

67 

4.95 

00 


(a) What can you say about the stoichiometry of the reaction? 

(Jb) What can you say about the mechanism of reaction? 

(c) Find a rate equation for this reaction. 

(d) What can you say about the experimental equipment and procedure used, 
and have you any suggestions for its improvement? 

29. Determine the complete rate equation in units of moles, liters, and seconds 
for the thermal decomposition of tetrahydrofuran 

H,C-CH, C,H 4 + CH 4 -I- CO 


H,C CH, 

\ / 


O 




CaH, + H, -hCO 


from the half-life data in Table P29. 


etc. 
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Wo, mm Hg 

Table P2t 

t, min 

r, “C 

214 

14.5 

569 

204 

67 

530 

280 

17.3 

560 

130 

39 

550 

206 

47 

539 


Table P30 


lA] 

[B] 

[Q 


1 

3 

0.02 

9 

3 

1 

0.02 

5 

4 

4 

0.04 

32 

2 

2 

0.01 

6 

2 

4 

0.03 

20 

1 

2 

0.05 

12 


[OJ 

Table P3I 

[NO] 

“'’NO 

1 

1 

1 X 10* 

2 

2 

4 X 10* 

3 

1 

1 X 10* 

1 

3 

9 X 10* 

0.0001 

1 

1 X 10* 

0.0002 

2 

8 X 10* 

0.0003 

1 

3 X 10* 

0.0001 

3 

9 X 10* 

1 

0.0001 

1 

2 

0.0002 

4 

3 

0.0001 

1 

1 

0.0003 

9 

0.0001 

0.0001 

0.01 

0.0002 

0.0002 

0.08 

0.0003 

0.0001 

0.03 

0.0001 

0.0003 

0.09 
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30. The presence of substance C seems to increase the rate of reaction of A 
with B, A + B -*• AB. We suspect that C acts catalytically by combining with 
one of the reactants to form an intermediate, which then reacts further. From 
the rate data in Table P30 suggest a plausible mechanism of reaction and rate 
equation for this reaction. 

31. To explore the kinetics of the reaction 

2NO + 02 -*- N 2 O 4 , irreversible 

the rate data in Table P31 are obtained in widely different concentration ranges. 
What mechanism and rate equation are suggested by these data? 



4 

INTRODUCTION TO 
REACTOR DESIGN 


So far we have considered the mathematical expression which describes 
the rate of progress of a chemical reaction. This we call the rate equation. 
Rate equations are suggested either by theoretical models, or if no 
satisfactory model can be found, we then turn to expressions representing 
experimental information alone.' We have also considered experimental 
methods for finding rate equations. 

Rate expressions predict the rate of change of any component i at any 
instant as a function of the system variables, the rate being defined as 

=s • Hence they are differential rate expressions. These are 

obtained to help predict the size of reactors needed to produce a given 
amount of product. Essentially, then, this process involves the integration 
of the differential rate expression across the chemical reactor. The process 
may pose difficulties because the temperature and composition of the 
reacting fluid may vary from point to point within the reactor, depending 
on the endothermic or exothermic character of the reaction, and depending 
on the rate of heat addition or removal from the system. In addition, the 
actual geometry of the reactor will determine the path of the fluid through 
the vessel and fix the gross mixing patterns which help to dilute rich feed 
and redistribute material and heat. Thus we see that many factors must 
be accounted for before we can predict the performance of a reactor. 

Equipment in which homogeneous reactions are effected can be one of 
three general types; the batch, the steady-state flow, and the unsteady-state 
flow or semibatch reactor. The latter classification lumps together all 
reactors that do not fall into the first two categories. These types are 
shown in Fig. 1. 

Let us briefly indicate the salient features and the main areas of applica¬ 
tion of the various reactor types. Naturally these remarks mil be amplified 
as we treat the individual reactors. The batch reactor is simple, needs little 
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Reactant B 


changes 


Reactant B 



r 

t 

Pl-;R«actant A:-i 

'Xj.evel 

rises 

Level J 
unchanged 

:-l-Reactant A>; 


Composition 

changes 


Reactant A Reactant B Reactant A Reactant B 


1 f 


n r 


time ^ 




(0 


Fig. I. Broad classification of reactor types, (a) The batch reactor: all reactanu added at 
one time, composition changes with time, (b) The steady-sute flow reactor: no accumu* 
lation of materiai in reactor, no change in composition of the feed or exit stream: 
composition at any point unchanged with time, (c) The semibatch reactor: composition 
and/or quantity of materiai in system changes with time, with many combinations 
possible; three modes of operation are illustrated. 


supporting equipment, and is therefore ideal for small-scale experimental 
studies on reaction kinetics. Industrially it is used when either small 
amounts of material or relatively expensive materials are to be treated. 
The steady-state flow reactor is ideal for industrial purposes when large 
quantities of material are to be processed and when ^e rate of reaction is 
fairly high to extremely high. Supporting-equipment needs are great; 
however, extremely good product quality control can be obtained. As 
may be expected, tMs is the reactor which is widely used in the oil industry. 
The semibatch reactor is a flexible system but is more difficult to analyre 
than the other reactor types. It offers good control of reaction sp^ 
because the reaction proceeds as reactants are added. Such reactors are 
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used in a variety of applications from the colorimetric titrations in the 
laboratory to the large open-hearth furnaces for the production of steels 
with special properties. 

In principle we can predict the performance of a reactor if we know the 
following. 

1. The rate characteristics of the reacting fluids with respect to heat 
transfer, mass transfer, and reaction. 

2. The external restriction imposed by the reactor setup such as the 
reactor type, the actual geometry of the vessel (which affects flow and 
mixing patterns), and the rate of location of heat removal. 

The starting point for ail design is the general material balance expressed 
for any reaction component. Thus graphically. Fig. 2, and in equation 
form we have for an element of volume 


( rate of reactant 
flow into 
element of 
volume 


) 


( rate of reactant^ 
flow out of 
element of 
volume 


( rate of reactant v /rate of \ 

loss due to chemi-\ / accumulation \ 
cal reaction within | + | of reactant I 
the element of J \ in element J 

volume ' 'of volume ' 


( 1 ) 


Where the composition within the reactor is uniform (independent of 
position), the material balance may be made over the whole reactor. 
Where the composition is not uniform, the balance must be made over a 
differential element of volume and then integrated for the appropriate flow 
and concentration conditions. For the various reactor types this equation 
simplifies one way or another, and the resultant expression when integrated 
gives the basic design equation for that type of unit. Thus in the batch 
reactor the first two terms are zero, in the steady-state flow reactor the 
fourth term disappears, and for the semibatch reactor we may have to 
consider all terms. 

In nonisothermal operations heat balances must be used in conjunction 




Reactant enters 




Reactant leaves 


1 






1 Reactant disappears 

by reaction 

Reactant accumulates 
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Fig. 3 

with material balances. Thus graphically. Fig. 3, and in equation form 
for an element of reactor volume 



Again depending on the operating conditions, this balance may be taken 
either about a differential element of reactor or about the reactor as a whole. 

Tying together both the material balance of Eq. 1 and the heat balance 
of £q. 2 is a term expressing the rate of reaction and the heat effect 
resulting from this reaction. 

Finally, when pressure drop in gas-phase flow systems is great enough 
to affect concentrations of materials appreciably, it must be included in 
design. Usually, however, this is a secondary and minor effect. 

In general, then, a reactor is designed by use of the equations expressing 
material balances, heat balances, reaction rates, and pressure drops 
(particular form of momentum balance). 

Since the material balance, energy balance, and rate equation, as 
incorporated in Eqs. 1 and 2 are the starting points for all design, in the 
chapters to follow we consider their integration to obtain the appropriate 
design equations for a variety of situations of increasing complexity. 

When we can predict the response of the reacting system to changes in 
operating conditions (how rates and equilibrium conversion change with 
temperature and pressure), when we are able to compare yields of alterna¬ 
tive designs (adiabatic versus isothermal operations, single versus multiple 
reactor units, flow versus batch system), and when we can estimate the 
economics of these various alternatives, then and only then will we feel 
with assurance that we can arrive at the design best fitted for the purpose 
at hand. Unfortunately, real situations are rarely simple. Often we do not 
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have enough information to compare designs, we cannot solve the necessary 
mathematics, or more than likely we do not feel that we can afford to 
expend the time and manpower needed to solve the mathematics. In 
addition, we may not feel justified in treating design of the reactor separately 
from that of the chemical plant as a whole. Thus it is a matter of com* 
promise in time and effort on the one hand and the cost of making a bad 
design on the other so as to maximize the probability of success m the 
over-all venture. Which simplifying assumptions to make? Which short 
cuts to take? Which factors to ignore and which to consider? To answer 
these questions is the role of good engineering judgment, which only 
comes with experience. 



SINGLE 

IDEAL 

REACTORS 


In this chapter we develop the design equations for the three types of 
ideal reactors, shown schematically in Fig. 1. Applications of these 
equations to isothermal and nonisothermal design are considered in the 
following three chapters. 

In the batch reactor of Fig. la the reactants are initially charged into 
a container, are well mixed, and are then left for a certain period during 
which time they react. Then the resultant mixture is discharged. This is an 
unsteady-state operation with composition changing with time; however, 
at any instant the composition throughout the reactor is uniform. 

The first of the two ideal flow reactors is variously known as the plug 
flow, slug flow, piston flow, tubular floV^, and nonbackmix flow reactor and 
is shown in Fig. lb. We refer to it as the plug flow reactor. It is char¬ 
acterized by the fact that the flow of fluid through the reactor is orderly with 
no element of fluid overtaking any other element. Consequently, no 
diffusion along a flow path and no difference in velocity for any two ele¬ 
ments of flowing fluid are permitted. It is as if the material marched 
through the reactor in single file. Actually, for a plug flow reactor we may 
have lateral mixing of fluid; however, there must be no mixing of fluid 




Rj. I. The three type* of Ideel reaaora: (o) bitch reactor, (b) plug flow reactor, (c) back- 
mix flow reactor. 
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longitudinally along the flow path. A necessary and suflrcient condition 
for plug flow is to state that the residence time in the reactor is the same for 
all elements of fluid. 

The other ideal steady-state flow reactor is called the backmix or total 
backmix reactor, the stirred tank reactor or the CFSTR (constant flow 
stirred tank reactor) and, as its names suggest, it is a reactor in which the 
contents are well stirred and uniform in composition throughout. Thus 
the exit stream from this reactor has the same composition as the fluid 
within the reactor. 

These three ideal reactor types approximate a large number of real^^^ 
reactors, and the solution to their design equations are relatively simple; 
hence we treat them first. In later chapters we see how to treat the 
deviations of real reactors from these idealized situations. Since deviations 
are frequently handled by a correction factor to the design equation for 
the ideal reactor, we must master the design of the ideal reactor as a 
prerequisite to the design of the real reactor. 

In the treatment to follow, when we refer to V as the reactor volume it 
will be understood that we are referring to the volume of reactor occupied 
by the reacting fluids. Void spaces in reactors above liquids and the volume 
of reactor occupied by solids, etc., will not be considered in V. If, say, for 
packed-bed reactors we wish to distinguish between volume available for 
reactant fluid and the gross volume of reactor, we designate the latter by 
F,. Thus with c as the fraction voids we have 

Single ideal batch reactor 


Make a material balance for any component A. For such an accounting 
we usually select the limiting component. In a batch reactor, since the 
composition is uniform throughout at any instant of time, we may make 
the balance about the whole reactor. Hence at any instant we have from 
Eq. 4.1 

/rate of accumuIation\ 


/ rate of loss of \ 


I reactant A within i / - ^ a i 

I * j * I = — I of reactant A I 
I reactor due to I \ . I 

\ , *• • / \within the reactor / 

\ chemical reaction / ' ' 


( 1 ) 


Evaluating the terms of Eq. 1 we find 

Disappearance of A _ / 

by reaction, “ ^ 


moles A reacting 


moles/time 

Accumulation of A, 
moles/time 


id)) 


dt 


\(timeXvolume of reacting fluid 
^ /volume of reactor occupied\ 
\ by reacting fluid / 

^ 7 , 
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By replacing in £q. 1, 

at 

Rearranging and integrating, we obtain 




dX^ 

0 {-r^)V 


( 2 ) 


This is the general equation showing the time required to effect a given 
conversion of reactant A for either isothermal or nonisothermal operation. 

^ The volume of reacting fluid and reaction rate remain under the integral 
sign, for in general they both vary as reaction proceeds. This equation may 
be simplified for a number of situations. If the volume of mixture 
remains constant, we obtain 



I 


dXt 


A _ 

0 



(3) 


For all reactions in which the volume of reacting mixture changes pro¬ 
portionately with conversion, such as in gas-phase reactions with significant 
density changes, Eq. 2 becomes 


•A'a 
0 ( — 


dX^ 


rA)n(l + ej,X^) 


= C 


AO 


r*- 

Jo (- 


dX, 


0 (-r^)(l + ^aA-a) 


(4) 


In one form or another, Eq. 2, 3, and 4 have all been encountered in 
Chapter 3. They are applicable to both isothermal and nonisothermal 
operations. For the latter the variation of rate with temperature and 
temperature with conversion must be known before solution is possible. 

Space time and space velocity 


A convenient and useful way of expressing the relation between the 
feed rate and reactor volume V in a flow system is by applying the 
terms space time and space velocity which are defined as follows: 


Space time = ~ 


( time required to process one^ 
reactor volume of feed 
measured at specified 
conditions 


/volume of entering feed at\ 


„ , . 1 \specified conditions/timc f 

pace ve ocity — j — ^ volume of reactor) 


s time 


( 5 ) 


time 
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Thus a space velocity of 5 hr~^ means that five reactor volumes of feed at 
specified conditions are being fed into the reactor per hour. A space time 
of 2 min means that every two minutes one reactor volume of feed at 
specified conditions is being treated in the reactor. 

Now we may arbitrarily select the conditions of temperature, pressure, 
and state (gas, liquid, or solid) at which we choose to measure the volume 
of material being fed to the reactor. Certainly, then, thj value for space 
velocity or space time depends on the conditions selected. If they are those 
of the stream entering the reactor, the relation between s or r and V/F^o is 


_ 1 
s 


CsoV 


AO 


( moles A entenng\ . , 

—;-r-r — r I (volume of reactor) 

volume of feed / 


( 


moles A entering\ 
time / 


/reactor\ 

\volume/ 

( volumetric\ 
feed rate / 


( 6 ) 


It may be more convenient to measure the volumetric feed rate at some 
standard state, especially when the reactor is to operate at a number of 
temperatures. For liquids the standard state is usually taken to be 60°F, 
and for gases it is usually 32°F and 1 atm. If, for example, the material 
is gaseous when fed to the reactor at high temperature but is liquid at the 
standard state, care must be taken to specify precisely what standard 
state has been chosen. The relation between the space velocity and space 
time for actual entering conditions and at standard conditions (designated 
by primes) is given by 

(7) 

s' F ^0 C^o s Cao 

In most of what follows, we deal with the space velocity and space time 
based on feed at actual entering conditions; however, the conversion is 
easily made to any other basis. 


Steady-state backmix flow reactor 

The design equation for the backmix reactor is obtained from Eq. 4.1, 
which makes an accounting of a given component within an element of 
volume of the system. But since the composition is uniform throughout, 
the accounting may be made about the reactor as a whole. By select¬ 
ing reactant A for consideration, Eq. 4.1 becomes 

Input ss output + disappearance by reaction 


( 8 ) 



STEADY-STATE BACKMIX FLOW REACTOR 


i03 


Cao 



Fi(. 2. Variables for a backmix flow reactor. 


As shown in Fig. 2 if = VqCao molar feed rate of component 
A into the reactor, then considering the reactor as a whole we have 

Input of A, moles/time = F^oCl — -S'ao) = 

Output of A, moles/time = 

Disappearance of A _ ^ _ m, _ moles A reacting /volume of reactor\ 
by reaction, “ ~ (time)(volume of | occupied by I 

moles/time reacting fluid) \ reacting fluid / 

Replacing in Eq. 8, we obtain 

Fao^a = (“rJF 

which on rearranging becomes 


V ^ 

Fao WoCao -rj, 

or (9) 

^ ^ C^qXj, 

s Vo -u 


where and are evaluated at exit streani conditions, which are the 
same as the conditions within the reactor. 

More generally, if the feed on which conversion is based, subscript 0, 
enters the reactor partially converted, subscript i, and leaves at conditions 
given by subscript /, we have 


or 


JL = JL. « 

Fao Po^AO (””'‘a)/ 

1 K FCao - Xa.) 

s Vo Fao (—^’a)/ 


( 10 ) 


A situation in which the subscripts / and i are needed is given on p. 139. 
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'X 





Fig. 3. Graphical representation of the design equation for backmix reactors. 

Figure 3, a graphical lepresentation of this equation, is useful when 
comparing performance capabilities of backmix reactors and other types of 
ideal reactors. 

The backmix reactor has no correspondence with the batch system 
unless we consider it to represent the conditions within the batch reactor 
at a given instant of time. In this respect we may look at it somewhat as a 
differential reactor. The design equation for this reactor shows that 
knowing any three of the four terms F, Fj^q gives the fourth term 

directly. Thus in kinetic experiments, each run at given t will give a 
corresponding value for the rate of reaction directly. The ease of interpreta¬ 
tion of backmix reactor data can be used to advantage in kinetic studies of 
complex reactions for which differential analysis is required. 

Example I 

The liquid-phase reaction 

A •+• B "x- -- R + S 

kg 

ki^l liters/(gm moleXmin) 

Atj = 3 liters/(gm moleXmin) 

is to take place in a 120-liter steady-state backmix reactor. Two feed streams, 
one containing 2.8 gm moles A/liter, the other containing 1.6 gm moles B/lUer 
are to be introduced in equal volumes into the reactor, and 7S % conversion of 
limiting component is desired (see Fig. El). What should be the flow rate of 
each stream? Assume a constant density t^oughout. 

Solution. The concentration of components in the mixed feed stream is 

CjLo 1.4 moles/liter 
Cbo — 0.8 mole/liter 
Cro " Cgo 0 
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2.8 gm moles A/liter 


1.6 gm moles B/liter 





- 



-z--yyi5^ 

cs-i-:- :: 


75% conversion 


of B 


Fig. El 


For 75 % conversion of B the composition within the reactor and in the exit 
stream, for e = 0, is 

= 1.4 — 0.6 = 0.8 mole/liter 
Cg — 0.8 — 0.6 = 0.2 mole/liter 
Cr =s 0.6 mole/liter 
Cg — 0.6 mole/liter 

Now the rate of reaction at the conditions within the reactor is 


liters 


liters \ / mole\ / moie\ liters \ 

' (moleXmin)/ Htw / Vlit« / “ (mole)(min)/ V' 


molc\® 

*h5f; 


= ( 1.12 - 1 . 08 );;: 


mole 


(liter)(min) 


= 0.04 


mole 


(literXmin) 


For no change in density, hence £ = 0, £q. 9 becomes 



Hence the volumetric flow rate into and out of the reactor, is 


^AO “ ^A ^BO “ 

^ (120 litersX0.04 mole/OiterXmin)) ^ ^ liters 
“ (0.6 mole/liter) min 

or 4 liters/min of each of the two feed streams. 
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Example 2 

From the following data find a satisfactory rate equation for die gas-phase 
decomposition 

A -H S 


taking place isothermally in a backmix reactor. 


Run number 

1 

2 

3 

4 

5 

r based on inlet feed conditions, min 

0.423 

5.10 

13.5 

44.0 

192 

^A (for Cao - 0.002 lb mole/ft») 

0.22 

0.63 

0.75 

0.88 

0.96 


Solution. The rates of reaction for the five runs are found by Eq. 9 

—« —_— 


and are given in Table E2. Let us now try an equation of the type 

= kC^ 

Table E2 


Run 

T, min 

^A 

1 -^A 

1 -^A 

1 + JTa 


Cao-I^a 

T 

= “Ta 

1 

0.423 

0.22 

0.78 

0.639 

0.002 

0.423 

(0.22) = 

104 X 10^ 

2 

5.10 

0.63 

0.37 

0.227 

0.002 

5.1 

(0.63) - 

24.7 X 10-» 

3 

13.5 

0.75 

0.25 

0.143 

0.002 

13.5 

(0.75) - 

11.1 X I0-® 

4 

44.0 

0.88 

0.12 

0.0638 

0.002 

44 

(0.88) > 

4 X 10-» 

5 

192 

0.96 

0.04 

0.021 

0.002 

192 

(0.96) - 

1 X 10-* 


which for constant-pressure operations with ca ** 1 becomes 






(i 


LzIaJ 

+ 





To test this equation take logs 

log (-'■a) “ log (kCAo") + »log I 

and plot, using the information in Table E2 to see whether a stra^ht line results. 
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Fl(. E2 

Figure E2 shows that this rate equation represents the data with 

n - 1.4 


The rate constant is found from the intercept. Thus 


kC 


n 


40 




/k( 0.002 


lb mole\'* 
ft» / “ 


2 X 10-» 


mole 

(ft’Xtnin) 


Hence the complete rate equation is 


[12/ ^ 


lb moles^’* 

L \lb mote; 

* min_ 

ft» / 


Steady-sUte plug flow reactor 

In a plug flow reactor the composition of the fluid varies from position 
to position along a flow path; consequently, the material balance for a 
reaction component must be made for a difierential element of volume dV. 
Thus for A ynt obtain 


input « output + disappearance by reaction 


( 8 ) 




toe 


Of. 5 SINGLE IDEAL REACTORS 



Distance through reactor 


Fig. 4. Variables for a plug flow reactor. 


Referring to Fig. 4 we see that for volume dV 
Input of A, moles/time = 


Output of A, moles/time = + dFj^ 

Disappearance of A . ... / 


by reaction, 
moles/tima 


= (-rJdV 




_ moles A reacting _] 

(time)(vo]ume of reacting fluid)/ 

/volume of fluid in the section\ 
\ of reactor considered / 


Introducing these three terms in Eq. 8, we obtain 

Fa = (Fa + dFj,) + (-rj dF 

Noting that 

d[FUl - Xj^)] = -Fao dXj, 
we obtain on replacement 

Fj,odXj, = (-rj,)dV (11) 

This then is the equation accounting for A in the differential section of 
reactor having volume of fluid dV. For the reactor as a whole the expres¬ 
sion must be integrated. Now Fao, the feed rate, is constant, but Ta is 
certainly dependent on the concentration of materials or conversion. 
Thus grouping the terms accordingly we obtain 

r ...L 
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Thus 


or 



( 12 ) 


Equation 12 allows the determination of reactor size for a given feed rate 
and conversion. Compare Eqs. 9 and 12. The difference is that in the plug 
flow reactor rj^ varies, whereas in the backmix reactor is constant. 

As a more general expression for plug flow reactors, if the feed on 
which conversion is bas^, subscript 0, enters the reactor partially con¬ 
verted, subscript i, and leaves at a conversion designated by subscript/, we 
have 


^AO 


CaoWo 


dX_^ 

rjL 


or 


1 V ^ dx^ 

-0^0 I 

S t>0 JxKi —r^ 


(13) 


A case in which the different subscripts i and / are used is given on p. 137. 

The plug flow reactor can be used for kinetic studies. Graphical 
analysis of *plug flow reactor data follows closely that for batch systems 
with two modifications; r is used in place of /, and the appropriate rate 
expression must account for the changing fluid density, because of the 
expansion term integral analysis of plug flow systems becomes more 
difficult. Where e = 0, however, this procedure becomes identical to that 
for constant-volume batch systems. 

For irreversible reactions of order n 


Jo 


^ dX, 


kCr 


and with expansion proportional to conversion 


c JVa NUl -XjJ i-X^ 

* V K„(l + e^X„) " 1 + e^Xi. 

Therefore 

^ (1 + ej^Xj^r dX^ 

kcio ‘ Jo (1 - Xj,r 

For zero-order reactions Eq. 15 becomes 


(14) 


( 15 ) 
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For irreversible first-order reactions 

= (1 + «*) In -txX^ . (17) 

For irreversible second-order reactions with one reactant A or two reactants 
with equal concentrations 


CxJCT - 2*i(l + Si) In (1 - Xx) + Cx'Xx + (sa + i? 
For rsversible reactions with or without Inerts 



( 18 ) 



^1 

which are approximated by first-order 
reversible kinetics, we have for plug 
flow reactors 


k\T = 


M 

AT* M - NXk 


where 


N 

(19) 


A/ = l-^;JV=i+^ 


-^A For all other rate equations graph- 

Rg. 5. Graphical solution of the design Ical integration is recommended, 
equation for plug flow reactors. This is done by plotting —l/r^^ 

versus and evaluating the area 
under this curve between the appropriate limits, as shown in Fig. 5. 


Example 3 • 

The homogeneous gas-phase decomposition of phosphine proceeds at 1200*‘F, 

4PH3(^) -* P,(^) -I- dHg 

with first-order rate 


—rpH, = (10/hr)CpH, 

What size of plug flow reactor operating at 1200°F and 4.6 atm can produce 
80% conversion of a feed consisting of 4 lb moles of pure phosphine pw hour. 

Solution. Let A » PH,, R « P 4 , S » Hs. Then the reaction bMomes 

4A - R -I- 6S 


with 

- (10/hr)C^ 

The volume of plug flow reactor is given by Eq. 12; thus 


V 




kCj, 



STEADY-STATE PLUG FLOW REACTOR 
Now at constant pressure 


III 


1 +7^]^ 

Hence 

F rxA 

V » 

A:Ca« 

Integrating, we obtain Eq. 17, or 


1 - JT. 


rL±i 

Jo 1 - 




dX, 


y a 

ArC^o 

Evaluating the t«ins 

Pao “ 4 lb moles/hr 
A: - 10/hr 


[<■ 


+ sa) In 


1 


1 -X» 


^aATa 


] 


'AO 


sa 


, ^AO ^ 

RT 

7-4 


4.6 atm 


^0.729 


ft* atm 


(Ib moleX 


R)) 


0.0038 


(1660“R) 


lb mole 
ft* 


0.75 


4 

JTa - 0.8 

Hence the volume of reactor 


V _ (4 lb moles/hr) _[(, + 0.75) In i - 0.75(0.8)1 

(10/hrX0.0038 lb molc/ft*) [ ®-2 J 

-234 ft* 

Example 4 

Consi4er the elementary gas-phase reaction 

>‘1 

A +B:;:=±R 

occurring isothermaily in a plug flow reactor. 

(а) Set up the design equation for a feed consisting of A, B, R, and inerts. 

(б) Show how space time is found for a feed consisting of equimolar quantities 
of A and B. 

Solution, (a) Feed of K, B, R, and inerts. For this elementary reaction the 
rate is 

_ — V C' C tr C' ^ tc w. 

^A “ Aat-R — Kx -y -p- Ki -p- 

At constant pressure by basing fractional expansion and conversion on sub¬ 
stance A, 

Jr ^AO ~~ ^JL9^A ^BO ^AO^A k A^RQ + ^AqA^A 

“ ^ " VS + e^x^) vs + ^a^a) * yff} + eA^Ca) 
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Fig. E4 


Letting M = Cbo/Cao. = Cko/Cao, we obtain 




, (I - XjXM - ^ Af' + Xj, 

— K2l>AO 


•A 

Hence the design equation for plug flow reactors is 


1 + €^X^ 


Jo -f 


rJ^A/ 

Jo ki 


_ (1 +e^Xj,)‘dX^ _ 

Cao (1 - ^aKM - XJ - k^iM' + JTaXI + bM 


In this expression accounts for inerts present in the feed. 

(6). Equimolar feed of A and B. For Cao = Cb©. Cr© “ 0, and no inerts 
we have Af » 1, Af' =» 0, ^a “ —0.5; hence the expression for part a becomes 

(1 -0.5JfA)*dArA _ 

“ Jo A:iCa©(1 - JTa)* - k^X^iX - 0.5Xj,) 

Graphical evaluation of this integral gives the required space time as shown in 
Fig. E4. 

Reactor holding time (mean residence time) and space time 
(reciprocai space velocity) 

When the density of the fluid stream is the same at all points within the 
reactor, we may write 

(20) 

V s 
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This equation shows that the mean residence time for fluid in the reactor 
(or reactor holding time) and space time (reciprocal space velocity) can be 
used interchangeably. 

When constant density cannot reasonably be assumed, the reactor 
holding time is not related in a simple way to the other variables and must 
be found for each specific situation. These relationships will now be 
derived for the various reactor types. 

Batch reactor. The residence time t of fluid in a batch reactor is 
given by £q. 2, 3, or 4 and corresponds to the time for cooking the batch. 
Consider a long period of operation covering a large number of batches 
with average shut down time t, for dumping, cleaning, and refllling the 
reactor. Then the capacity of the reactor over long periods of time is given 
by 

_ _ (moles A charged/batch) 

t + t, (total processing time/batch) 




Hence from £q. 6 we have 


_Cj,oV^ Cj,oV(t + Q 


( 21 ) 


Backmix reactor. As each element of fluid has an equal chance 
of being withdrawn from the reactor at any instant, no matter how long 
it has been in the system, the residence time is not a single value and has 
little significance. But if we wish to determine 7, the mean residence time 
(or the reactor holding time), it is found as follows. By definition 

r=-^ 

'y 

In general the incoming and outgoing volumetric flow rates differ because 
of change in fluid density. In such a case note that it is the volumetric rate 
of the outgoing stream which is used to determine t. This is because the 
exit stream represents the conditions within the reactor. 

Now with Eq. 9 we get 


t = 


FaoXk 




(-rA)fVf f . Vf 


Vo 

= T -- 

Vf 


( 22 ) 


For the special case where the change in fluid density is proportional to 
conversion we have 


Oo 


1 + saXa/ 
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in which case Eq. 22 becomes 


T _ _ _ Cao^A _ 

i + CA-^A/ ( ■“^a)/(1 + «A-^A/) 



Plug flow reactor. The residence time in a plug flow reactor does 
have physical meaning, for each element of fluid actually stays in the 
reactor fbr that length of time. Now, in general, as the composition of 
fluid changes from point to point within the reactor, so does its density. 
As a result the velocity of flow varies as the fluid passes through the reactor. 
Hence, to find the fldw rate of fluid, we must find the residence time dt in 
an element of volume dV and then integrate across the reactor. Thus, at 
conversion for element of volume dV, 


dV (element of volume) 

-— - 1 ,— 

^ (volumetric flow rate 

at conversion Xa) 


but from Eq. 11 for any differential section of plug flow reactor 

/=’ao 


Therefore on combining 


-rx 


dt = 


FxodXj, 


and on integrating along the reactor 

dX. 


'-'‘■r&.-H 


dx. 


Uo 


(25) 


Where the fluid density change is proportional to conversion, this becomes 

-- (26) 

• (taXI + ” ' 




We may note in comparing Eq. 26 with Eq. 12 that in general space time 
and holding time are not relat^ in a simple way. 
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COMPARISON OF USEFULNESS OF t AND r 

Comparison of usefulness of holding time and space time 

We have introduced two capacity measures for a chemical reactor, 
holding time and space time. Table 1 shows how these capacity measures 
t and T can be found by the combination of material balances and rate 
equations. General and special forms of these equations are also shown 
for the various reactor ty^s. 

Comparing these expressions we see that, when the fluid density remains 
constant, then 

tbatch.imconst tbatch, F^const ~ t plug flow ” ^plugflow (27) 

For all conditions in addition 

^batch, w—const™ tplugflow (28) 

This relationship becomes apparent if the plug flow reactor is visualized 
as a system through which elements of fluid pass in succession, each in its 
own little constant-pressure reactor. The residence time of each element 
passing through the plug flow reactor is identical to that of the stationary 
constant-pressure batch reactor. 

In batch systems holding time is used exclusively as the capacity measure 
of a reactor. For flow system, however, we introduced a new measure, 
space time (and its related variables, space velocity, and VjF). Why was 
this done? Are there any advantages to using these new variables instead 
of holding time? Why not use the latter directly as in batch processes? 

First of all we see that distinction between these two measures exists 
only when density changes occur in the system. Hence to assess the 
relative advantages of these two measures, let us only consider flow systems 
with density changes. 

Now the flow system equations are used for one of two purposes: 
(1) to And the rate equation from flow experiments, (2) to determine the 
size requirement of a reactor from kinetic data. 

For finding a rate equation we need either / versus Xj^ or t versus X^ 
data. Now in plug flow reactors / cannot be found directly from experi¬ 
mental measurements. It must be calculated from £q. 26. But £q. 26 can 
only be solved if we know the reaction rate beforehand. Thus we are at an 
impasse. In contrast, r is a direct measure of the feed rate to the reactor 
and can be found directly from the imposed experimental conditions. 

A similar situation exists in determining the capacity of a plug flow 
reactor, for knowing the holding time (calculated by £q. 26) still does not 
tell us the size of reactor required. Finding the space time will give the 
reactor size required directly. 

Thus when space time and holding time differ from each other, space 
time is the more useful of the two variables because it is an independent 



Table I. Summary of design expressions for single ideal reactors 
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* Not recommended for use. 

Note: Cj^Xx “ C** — C* and only when 
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vaiiaUe, directly related to the conditions imposed upon the system, 
whereas holding time cannot be considered to be an independent variable, 
for it cannot be found except by a knowledge of the progressive changes 
occurring within the reactor. 

Because of these reasons we use space time, space velocity, or VjF as 
capacity measures for plug flow reactors rather than holding or mean 
residence time. It is interesting that the analogous situation occurs in the 
design equations for steady>state operations in other areas of chemical 
engineering such as the mass transfer operations; time does not enter 
explicitly into the design equations. 

For the backmix reactors integration of an expression such as Eq. 26 is 
not needed to find I, Both capacity measures are related in a single way by 
Eq. 23; hence either can be used. 


Example 5 

Two groups of experimenters alpha and beta studied the kinetics of the 
decomposition of A, for which the stoichiometry is 

A -*R +S +T 

Using a feed consisting of pure A at 650°C and 1.2 atm, group alpha reports 
that a space time t = 2.7 min (based on entering feed conditions) is need^ to 
achieve 95% conversion in a plug flow reactor. Group beta reports for the 
identical experimental conditions and conversion that a residence time r — 1 min 
is needed. 

Using in turn the data of these two groups, determine the size of reactor 
needed to treat 1(X) ft’/min of A at 6S0'’C and 1.2 atm so as to obtain 95% 
conversion of reactant. 


Solution, (a) Use the data of group alpha. By Eq. 6 

)/ = TOo = (2.7 min) (100 ft»/min) » 270 ft^ 

(6) Use the data of group beta. The required reactor size is found from 
residence time data through the use of Eqs. 26 and 12. Thus with 


and 


rxia 


dX. 






Jo —'a 


^ r 


dX. 


(1 + 2Xf^-rj,) 


dX^ 
rs. 


With —rx not specified, we cannot proceed further with the data of group beta 
to determine the reactor size. 

To solve the problem, let us then specify in addition that the decomposition 
is second ordor with respect to A: 


-»‘A 


kCj 


kCr * 


'AO 


\< + ‘aXa/ 
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Note that this information is not required if space time rather than residence 
time is specified. Then the t and r expressions become 


t 


1 « J_ 

1 +gA^A)* 


dX 


A 


Integrating and putting » 0.9S and » 2, vsre obtain 

ArrC^o “ ^A In (1 - X^J + (e^ + 1) = 51 

and from Eq. 18 

AtCao “ + 1) In (1 - Xj,) + (e^ + 1)* “ »38.8 

Dividing and putting / 1 min, we obtain 

138.8 
“ 51 

Therefore K = (100 ft») * 272 ft» 

This example shows that where e # 0, scale-up using r is simple and direct 
and requires less information than when t is used. It shows in addition that 
these terms cannot be used interchangeably. 
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PROBLEMS 

1. Consider a gas-phase reaction 2A == R + 2S with unknown kinetics. If a 
space velocity of 1/min is needed for 90% conversion of A in a plug flow reactor. 
And the corresponding (a) space time, (6) mean residence time or holding time 
of fluid in the reactor. 

2. In a batch reactor operating isothermally 70% of a liquid reactant is 
converted in 13 min. What space time, space velocity, and holding time are 
needed to effect this conversion in (a) a plug flow reactor, (f>) a backmix reactor. 

3. Consider a gas-phase reaction A » 3.2R with unknown kinetics. If 0.3% 
of reactant is converted in 4 min in an isothermal constant pressure batch reactor, 
what space velocity, space time, and holding time will yield this conversion in 
(a) a plug flow reactor, {b) a backmix reactor. 
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4. A homogeneous liquid-phase constant-density reaction is being studied at 
a fixed temperature in a laboratory reactor using stoichiometric quantities of 
reactants with the following results: 

Time /, min 0 1 4 

Fraction of limiting reactant converted X 0 0.20 0.80 

(a) Find the order of the reaction. 

(h) What ratio of volumes of backmix to plug flow reactors will produce 
identical quantities of material at 80% conversion of limiting reactant? 

(c) What is the ratio of residence times in these two reactors? 

5 . The slow gas-phase reaction A -► 2.4R with unknown kinetics takes place 
isothermally in a constant-volume bomb. Starting with pure A at 1 atm the 
pressure in the bomb rises to 1.8 atm in 75 min. What space time, sptace velocity, 
and holding time is needed to effect this conversion in (a) a plug flow reactor, 
(6) a backmix reactor. 

6. In a study of the partial oxidation of ethane in a jet reactor it was reported 
that the following conditions were employed: 

Pressure in the reactor = 65 psia 

Temperature in the reactor = 2408°F 

Space velocity based on gaseous feed at 25*C and 1 atm *= 5.6 x 10* hr"^ 
Assuming e » 0, what holding time in seconds was used in this run? 

7. The reaction A 2R + S takes place isothermally in a constant-pressure 
experimental reactor. Starting with a mixture of 75% A and 25% inerts, the 
volume doubles in 8 min. (a) What conversion is achieved ? (6) What volume of 
plug flow reactor can treat 500 ft^/hr of this feed to obtain the same conversion 
as that obtained in the batch reactor experiment? 

8 . Two gas-phase reactions A R + S, A' -* R' have the same rate 
equations r ^ k. 

(a) At a given feed rate to a backmix reactor, are fractional conversions and 
outlet concentrations the same for these two reactions? If not which is 
greater? 

(6) Repeat part a for a plug flow reactor. 

9. The aqueous-phase decomposition of A is studied in an experimental 
backmix reactor. The results in Table P9 are obtained in steady-state runs. 

To obtain 75 % conversion of reactant in a feed, «= 0.8 gm mole/liter, 
what holding time is needed (a) in a plug flow reactor, (/») in a backmix flow 
reactor. 

10. (a) Write the general design equation for backmix and plug flow reactors 
in terms of concentrations rather than fractional conversions, using as capacity 
measures both t and r. 

(b) Comment on the relative ease of using these various equations. 

11. The homogeneous gas-phase reaction A -*• 3R follows second-order 
kinetics. For a feed rate of 40 ft®/hr of pure A at 5 atm and 350“C, an experi¬ 
mental reactor consisting of a standard 1-in. pipe 6 ft long gives 60% conversion 

m- 
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Concentration of A, gm moles/Hter 


Ch. S SINGLE IDEAL REACTORS 


In Feed 

In Exit Stream 

Holding Time, 

2.00 

0.65 

300 


0.92 

« 240 

2.00 

1.00 

250 

1.00 

0.56 

110 

1.00 

0.37 

360 

0.48 

0.42 

24 

0.48 

0.28 

200 

0.48 

0.20 

560 


of feed. A commercial plant is to treat 3200 ft^/hr of feed consisting of 50% A, 
50% inerts at 25 atm and 350°C to obtain 80% conversion. 

(а) How many 6-ft lengths of standard 1-in. pipe are required? 

(б) Should they be placed in parallel or in series? 

Assume plug flow, negligible pressure drop, and ideal gas. 

12 . Holmes; You say he was last seen tending this vat.... 

Sir Boss: You mean “overflow backmix reactor,” Mr. Holmes. 

Holmes: You must excuse my ignorance of your particular technical jargon. 
Sir Boss. 

Sir Boss: That's all right; however, you must find him Mr. Holmes. Imbibit 
was a queer chap; always staring into the reactor, taking deep breaths, and 
licking his lips, but he was our very best operator. Why since he left, our 
conversion of googliox has dropped from 80% to 75%. 

Holmes : {Tapping the side of the vat idly) By the way, what goes on in the vat ? 

Sir Boss: Just an elementary second-ordier reaction, between ethanol and 
googliox, if you know what I mean. Of course, we maintain a large excess of 
alcohol, about 100 to 1 and... 

Holmes: {Interrupting) Intriguing, we checked every possible lead in town 
and found not a single clue. 

Sir Boss: {Wipirg away the tears) We'll give the old chap a raise—^about 
twopence per week—if only he'll come back. 

Dr. Watson: Pardon me, but may 1 ask a question? 

Holmes: Why certainly, Watson. 

Watson; What is the capacity of this vat. Sir Boss? 

Sir Boss: A hundred Imperial gallons, and we always keep it filled to the 
brim. That is why we call it an overflow reactor. You see we are running at 
full opacity—profitable operation you know. 

Holmes: Well, my dear Watson, we must admit that we're stumped, for 
without clues deductive powers are of no avail. 
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Watson: Ahh, but that is where you are wrong. Holmes. {Then turning to 
the manager) Imbibit was a largish fellow—say about 18 stone—was he not? 

Sir Boss: Why yes, how did you know? 

Holmes: {With awe) Amazing, my dear Watson! 

Watson: {Modestly) Why it’s quite elementary, Holmes. We have all the 
clues necessary to deduce what happened to the happy fellow. But first of all, 
would someone fetch* me some dill. 

With Sherlock Holmes and Sir Boss impatiently waiting. Dr. Watson casually 
leaned against the vat, slowly and carefully filled his pipe, and—with the keen 
sense of the dramatic—lit it. There'our story ends. 

{a) What momentous revelation was Dr. Watson planning to make and how 
did he arrive at this conclusion ? 

{b) Why did he never make it ? 

13. The data in Table PI 3 have been obtained on the gas-phase decomposition 
of reactant A in a constant volume reactor at 100°C. 

Table PIS 


/, sec 

/>A. at™ 

/, sec 

Pj,, atm 

0 

1.00 

140 

0.31 

20 

0.80 

200 

0.17 

40 

0.68 

260 

0.09 

60 

0.58 

330 

0.04 

80 

0.49 

420 

0.01 

100 

0.42 




The stoichiometry of the reaction is 2A -► R + S. What size plug flow reactor 
(in liters) operating at lOO^C and I atm can treat 100 gm moles A/hr in a feed 
consisting of 20% inerts to obtain 95% conversion of A? 

14. A SS-gal tank is to be used as a backmix reactor to effect the reaction of 
the previous problem. For identical feed and identical operating conditions, 
what conversion of A may be expected from this reactor? 

15 . An aqueous-phase chemical reaction is being studied in a laboratory-sized 
steady-state flow system. The reactor is a 5-liter flask whose contents (5 liters of 
fluid) are well stirred and uniform in composition. The stoichiometric equation 
for the reaction is A 2R, and reactant A is introduced at a concentration of 
1 gm mole/liter. Results of the experimental investigation are summarized in 
Table PI5. What is the rate expression for this reaction? 

16 . The homogeneous gas-phase reaction A -► 2B is run at KWC at a constant 
pressure of 1 atm in an experimental batch reactor. The data in Table P16 wctc 
obtained starting with pure A. What size plug flow reactor operated at 100”C 
and 10 atm would ywld 90% convnsion of A for a total fe^ rate of 300 lb 
motes/hr, the feed containing 40% inerts? 
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Run 

Feed Rate, 
cc fiuid/sec 

Table PIS 

Temperature of 
Run. “C 

Cone, of R in 
Effluent, 
moles R/liter 

1 

2 

13 

1.8 

2 

15 

13 

1.5 

3 

15 

84 

1.8 


Time, min 

V 

K 

Table PI6 

Time, min 

V 

0 

1.00 

8 

1.82 

1 

1.20 

9 

1.86 

2 

1.35 

10 

1.88 

3 

1.48 

11 

1.91 

4 

1.58 

12 

1.92 

5 

1.66 

13 

1.94 

6 

1.72 

14 

1.95 

7 

1.78 




17. Find the rate equation for the decomposition of A from the results of the 
kinetic runs made in a backmix reactor at steady state (Table PI 7). 


Table PIT 


Cone, of A 
in Feed, 
gm moles/liter 

Cone, of A 
in Reactor, 
gm moles/liter 

Mean Residence 
Time of Fluid 
in Reactor, 
sec 

Temperature, “C 

1.0 

0.4 

220 

44 

1.0 

0.4 

100 

57 

1.0 

0.4 

30 

77 

1.0 

0.1 

400 

52 

1.0 

0.1 

120 

72 

1.0 

0.1 

60 

84 


18.* At 600‘’K the ^s-phase reaction 

Iti 

C2H4 + Br2 ' * ■ OgH^Br^ 

k. 
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has rate constants 

A:, - 8000 ft»/(lb moIeKhr) 
= 0.032 hr-i 


If a plug flow reactor is to be fed 20,000 ft^/hr of gas containing 60% Brg and 
, 30% C 2 H 4 and 10% inerts by volume at 600“K and 1.5 atm absolute, compute 

(a) the maximum possible fractional conversion of CgH, into CgHiBrj, (d) the 
volume of reaction vessel required to obtain 60% of this maximum conversion, 

19. It has been reported that the reaction 

CH 2 OH CHgOH 

I + NaHCOg I + NaCl + COg 

CHgCl CHjOH 

ethylene sodium ethylene 

chlorhydrin bicarbonate glycol 


is elementary with rate constant k = 5.2 liters/(gm mole)(hr) at 180“F. On the 
basis of this information we wish to construct a pilot plant to determine the 
economic feasibility of producing ethylene glycol from two available feeds, a 
15 wt % aqueous solution of sodium bicarbonate and a 30 wt % aqueous 
solution of ethylene chlorhydrin. 

(а) What volume of tubular (plug flow) reactor will produce l(X) Ib/hr ethylene 
glycol at 95% conversion of an equimolar feed produced by intimately 
mixing the appropriate quantities of the two available feed streams. 

( б ) What size backmix reactor is needed for the same feed, conversion, and 
production rate as in part a? 

Assume all operations at 180”F, at which temperature the speciflc gravity of 
the mixed reacting fluid is 1 . 02 . 

20. Experimental work by Pease (1929) indicates that the pyrolitic poly¬ 
merization of acetylene in the gas phase follows second-order kinetics and occurs 
so that 0.009 of the acetylene is converted into an average tetramer complex, 
4 C 2 H 2 -* (€ 2112 ) 4 . in 1 sec at 550“C and 1 atm absolute pressure. An estimation 
of plant performance is to be made from this information. The units available 
consist of five identical tubular furnaces, each comprising 37 tubes; the tubes 
are 10 ft long and have an inside diameter of 2 in. The five units are to be 
operated continuously in parallel, are to be fed gas at 20 atm absolute pressure, 
and are to be maintained at such a temperature that the reaction may be con¬ 
sidered to occur isothermally at 550‘’C. The total gas feed rate to the plant is to 
be 2S,(XX> ft’/hr measured at 20 atm absolute pressure and 550°C. The analysis 
of the feed gas is 80 vol % acetylene and 20 vol % inerts. For estimation purposes 


• Problems 5.18, 3.20, 7.9, 14.16, and 14.18 either are taken directly from or are 
modified versions of problems given in Chemical Engineerii^ Problems, 1946, edited by 
the Chemical Engineering Education Projects Committee, American Institute of 
Chemical Engineers, 1955. 
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the pressure drop through the system may be nqglected, and the ideal gas law 
may be assumed to apply. 

(a) Compute the pr^uction rate of the tetramer complex for the entire plant 
in pounds per hour. 

(b) If the five units are operated in series, compute the gas feed rate that may 
be used if the fraction of conversion of acetylene is to be the same as it is 
in part a. 
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SIZE COMPARISON OF SINGLE REACTORS, 126 
MULTIPLE-REACTOR SYSTEM, 137 
AUTOCATALYTIC REACTIONS, 146 


Many reactor systems may be considered for a given job. These may 
include the single-batch, backmix, or plug flow reactors, or multistage 
setups such as reactors in series or parallel. In addition, we may consider 
various feed ratios, the introduction of feed between stages, interstage 
cooling or heating, recycle of material, and many other possibilities. Now 
the factors that influence the selection of one design in preference to a 
competing design could be the reaction type, rate of production and product 
desired, the relative costs of equipment and necessary instrumentation, 
operational stability, control and flexibility of operation, feed material 
and operating costs, equipment life expectancy, length of time that the 
product is expected to be manufactured, ease of convertibility of the 
equipment to modified operating conditions or to new and different 
processes. With the wide choice of systems available and with the many 
factors to be considered, no neat formula can be expected to give the 
optimum setup. Experience, engineering judgment, and a sound knowledge 
of the characteristics of the various reactor systems are all needed in 
selecting a design close to the optimum, and, needless to say, the choice 
in the last analysis will be dictated by the economics of the over-all 
process. 

Reactor design controls two factors which may profoundly influence the 
economics of the over-all process. These two factors are the reactor size 
and the distribution of products of reaction. By reactor size is meant the 
volume required for the reactive materials and not for the whole setup 
including auxiliary equipment. Sizes of reactor may vary by a factor of 
10,000% among competing designs. The second factor, product distribu¬ 
tion, is probably the prime consideration in the choice of reactor sy^em 
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for multiple reactions, since the distribution of products may be 
greatly affected by the type of flow existing in the reactor. Thus a reactor 
with the appropriate type of flow will maximize the production of the 
desired product and at the same time depress formation of undesired 
materials. 

In this chapter we deal with single reactions. These are reactions whose 
progress can be described and followed adequately by using one and only 
one rate expression coupled with the necessary stoichiometric and 
equilibrium expressions. For such reactions product distribution is fixed 
and not a variable; hence the important factor in comparing designs is the 
reactor size requirement. We consider in turn the size comparison of 
various single and multiple reactor systems, first for irreversible reactions 
nth order and then for reactions with arbitrary kinetics. Finally we treat a 
rather unique type of reaction, the autocatalytic reaction. 

Design for multiple reactions, for which the primary consideration is 
product distribution, is given in the next chapter. 

SIZE COMPARISON OF SINGLE REACTORS 
Batch reactor 

First of all, before we compare the flow reactor systems, let us mention 
the batch reactor briefly. The batch reactor has the advantage of small 
instrumentation cost, and flexibility of operation (may be shut down easily 
and quickly). It has the disadvantage of high labor and handling cost, 
often considerable shutdown time to empty, clean out, and refill, and 
poorer quality control of the product. Hence we may generalize to state 
that the batch reactor is well suited to produce small amounts of material 
or to produce many different products from one piece of equipment. On 
the other hand, for the chemical treatment of materials in large amounts 
the continuous process is nearly always found to be more economical. 

Regarding reactor sizes, if e = 0 and t, = 0, we see from Eqs. 5.3, 5.12, 
and 5.20 that the volumes of batch and plug flow reactor to do a given job 
are the same. Of course, on a long-term production basis we must 
correct our size requirement estimates for the additional factor of shutdown 
time f, between batches. Thus we can easily relate the performance 
capabilities of the batch reactor with the plug flow reactor. 

Backmix versus plug flow reactors, first- and second-order reactions 

We may expect, and it is true, that in general the ratio of sizes of backmix 
and plug flow reactors will be influenced by the extent of reaction, the 
reaction type, and the i^te equation. For the general case a comparison 
of Eqs. 5.9 and 5.12 will give the ratio of backmix to plug flow reactor 



SIZE COMPARISON OF SINGLE REACTORS 


127 


sizes required for a given conversion. However, a number of design 
charts are presented which will allow rapid comparison of the frequently 
encountered reaction types, the first- and second-order reactions. 

A large class of reactions approximate the simple type of rate law 


-'■a == 


V dt 


where n varies anywhere from zero to at the most three. For reactions of 
this type comparisons of conversions in plug and backmix flow reactors 
are found as functions of feed rate, feed composition, reaction order, and 
expansion factor from expressions derived in Chapter 5. Thus from Table 
5.1 we have for nth-order reactions in backmix flow reactors 


' \ Fao a -'•a 

whereas in plug flow reactors 


1 XjSi + 
kClZ^ (I - JfA)" 


(Cj^oV^ 

1 

< 

II 


' /=’ao ^ 


0 (1 - ^^a)" 


Dividing we find that 

r / I + e^Xjy ] 
(rCiz\ ^ V h L 1-jy, /J. 


f r * (1+ 

L ti - V \n 


( 1 ) 


With density constant, or « = 0, we obtain 


Ui - 


(rClZ\ 

which on integration yields 

rr 1 

LJo (1 - 


r 1 

(tCj;*). 

Ul - XA)"Jb 

(rClZ\ -1 

1 - n 

> 

[(1 - XJ'- - 1], 

or 

( ] 

(tCIJ*), _ 

\1 - xj. 

(tCK‘). 

-ln(l-XA)/ 


n ^ i 


( 2 ) 


-f n — 1 



128 


Ch. 6 DESIGN FOR SINGLE REACTIONS 





Fig. I. Comparison of performances of single backmix and plug flow reactors for the nth< 
order reaction 

oA -► products, —rx — 

The ordinate becomes the volume ratio VJV, or space*time ratio n/rp if the same quan> 
titles of identical feed are used. 

Equations 1 and 2 are presented in graphical form for first- and second- 
order reactions in Fig. 1, which provides a quick comparison of the 
performance of single plug flow with backmix flow reactors. For identical 
feed composition C'ao and flow rate ^AO the ordinate of this figure gives 
directly the volume ratio of backmix to plug flow reactors requir^ for any 
specified conversion. Figure 1 shows the following. 

1. The backmix reactor is always larger than the plug reactor for all 
positive reaction orders. The ratio of volumes increases with order. For 
zero-order reactions reactor size is independent of the type of flow. 

2. When conversion is small, the reactor performance is only slightly 
affected by flow type for all reactions, the volume ratio approaching unity 
as conversion approaches zero. The ratio increases very rapidly at high 
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conversion; consequently knowledge of the type^of flow becomes very 
important to design in this range of conversion. 

3. Density variation during reaction as measured by the expansion 
factor affects design; however, it is generaHy«of secondary importance 
compared to the difference in flow type. Expansion (or density d^rease) 
during reaction increases the volume ratio, in other words further decreases 
the effectiveness of the backmix reactor with respect to the plug flow 
reactor; density increase during reaction has the opposite effect. 

Variation of reactant ratios for second-order reactions 


For reactions of type A + B products with rate law 

—~ (3.12) 


Fig. 1 compares sizes of plug flow and backmix reactors when equimolar 
feed ratios are used. However, it is usually more economical in cost of 
reactants and equipment (reactor size) to use unequal molar quantities 
of the two active feed components. The optimum setup depends on a 
number of factors, including cost of separation of the products from unused 
reactants, recycle cost of components, density of various feed compositions, 
etc. Let us compare the ratio of backmix to plug flow reactor size required 
to effect a given convehion of limiting reactant A for various initial 
reactant ratios Cy,o/C^o — M > \. Assume in the following ^treatment 
that density changes during reaction can be neglected. 

For a plug flow reactor with M ^ 1, we find from Eq. 3.13 that 




= 


fM*l 


_JL_ In 

kCUM - 1) M(1 - X^) ’ 


and for A/ = 1 we find from Eq. 3.146 


M^\ (3a) 




Af = 1 


(36) 


With Eqs. 3 we can compare the performance of plug flow reactors at 
various Cj^, F^, M, and JTa with £ = 0. Figure 2 shows the interrelation¬ 
ship among the many variables in this situation. 

For a backmix reactor with M ^\, Eqs. 3.12 and 5.9 give 


- 

\ Fao 


X, 


feCAoCl - A'a)(M - Xa) 


M # 1 (4a) 


and for M = 1, Eqs. 3.14 and 5.9 give 

/ CaoF \ _ Xa 

\ Fa« /m-I 




kC^ii - Xa)‘ 


M s 1 


(46) 
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Fig. 2. Performance of a batch or plug flow reactor as influenced by the mole ratio of 
reactants in the feed, M = Cgo/C^o, for the second-order reaction 

A 4- B -*■ products, —r^^ = kCj^Cj,, e = 0 

For identical and Cao the ordinate becomes the volume ratio 
space-time ratio 


With Eqs. 4 we can compare the performance of backmix reactors at 
various operating conditions and conversions if e ~ 0. Figure 3 shows the 
interrelationship among the many variables for this situation. 

With identical feed rates and identical initial concentration of 
limiting reactant ^AO for the two conditions, the ordinates of Figs. 2 and 3 
compare directly the volumes of reactors needed for processing. For this 
situation we see that changing the molar feed ratio away from unity 
increases the capacity of a reactor for both backmix and plug flow. This 
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Fig. 3. Performance of a backmix reactor as influenced by the mole ratio of reactants in 
the feed, M = for the second«order reaction 

A + B -► products, —''a =* « = 0 

For identical and C^o the ordinate becomes the volume ratio or the 

space-time ratio Tjg^ilTji=^v 

effect is more pronounced at high conversions than at low and in backmix 
reactors than in plug flow reactors. 

Example 1 illustrates the use of these charts. 

General graphical procedure 

For reactions with arbitrary but known rate the performance capabilities 
of backmix and plug flow reactors are best compared by using the graph¬ 
ical representations of Figs. 5.3 and 5.5. This is illustrated in Fig. 4. 
The ratio of shaded areas gives the ratio of space times needed in these 
two reactors. 
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Fig. 4. Comparison of performance of backmix and plug flow reactors for any reaction 
kinetics. 

Example I 

The aqueous-phase reaction A B -*■ products with known kinetics 

is to be effected in an experimental tubular reactor (assume plug flow) under the 
following conditions: 

volume of reactor V == 0.1 liter 
volumetric feed rate v » O.OS liter/min 

concentration of reactants in feed, Cbo =* 0-01 g>n mole/liter 

(a) What fractional conversions of reactants can be expected? 

(b) For the same treatment rate and conversion, what size of stirred tank 
reactor (assume backmix flow) is needed? 

'(c) For the same treatment rate, what conversion can be expected in a back- 
mix reactor of size equal to the plug flow reactor? 

Introduce into the original plug flow leacloi a modifled feed in which the 
concentration of B is increased 50% while the concentration of A remains 
unchanged. Thus Cbo ^ 0.015 gm mole/liter, C^o “ 0 .010 gm mole/liter. 

(d) For the same volumetric feed rate using the new feed, what conversion 
of limiting reactant A can be expected in the original reactor? 

(c) For the same conversion of limiting reactant, by what fraction can the 
' volumetric treatment rate be increased when the new is used? 

if) What volumetric treatment rate of new feed can be used in a semicom- 
mercial-sized backmix reactor, K » 100 liters, for 99% convereion of limiting 
reactant A? 

Solution. The sketches in Fig. £1 show how the various charts are used, 
(a) Conversion in plug fhw reactor. Since 

y _ 0.1 liter 

Fa* e "O .05 lit^/min 


T »I 


2 min 
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Fig. El 


therefore 


' 500 liters 

^(gm moleXmin) 


• v/0.01 gm inole\ 


From the plug flow line of Fig. 2 or 7 and the value calculated for the dimension¬ 
less reaction rate group, kCj^^r, we find 

Conversion: X-^ = 0.91 


(b) Size of backmix reactor for identical performance. For identical and 
Fao in both backmix and plug flow reactor the ordinate of Fig. 1 or 7 is sinmly 
the volume ratio of the two reactors VJVg. 

Thus for the same Xj^ we find 


Hence 



* (11X0-1 liter) » 1.1 liters 


(c) Conversion in a backmix reactor of the stune size. For the same-sized 
reactor we must remain on the same kC^^r line. Thus moving along this line 
from plug to backmix flow in Fig. 7 we &d 

ConvCTsion: 
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(</) Conversion in same reactor with Af » l.S. For identical v, V, and Cao 
the dimensionless reaction group kC^^r must be the same in the plug flow 
reactor for both feeds. Hence, moving along the kCj^^T » 10 line oi Fig. 2 from 
the point found in part a on the M » 1 line to the Af 1,5 line we find (on 
extrapolating) 

Conversion: — 0.994 

(e) Treatment rate when M — l.S. For identical conversion we find from 
Fig. 2 that 




(’’C'aoXw^i 



But C^o ^identical in the two cases; hence the new feed rate is 

“ ®-*71iter/min 

which represents an increase in processing rate of 240%. 

(/) Volumetric treatment rate in a backmix reactor. Figure 3 for backmix 
reactors shows that when = 0.99 and Af = 1.5 

ArC^o’-190 

Hence 

_ _ (500 liters/(gm moleXmin))(0.0I mole/liters)(100 liters) 

190 190 

=» 2.63 liters/min. 

These charts may be used in the repetitive calculations which are made 
in search of optimum operating conditions. Analytic solution is also 
possible and in some cases is just as quick as the graphical method. 
However, the graphical method was used in this example simply to illus¬ 
trate the use of these charts. 

The following examples illustrate the analytic approach to the search for 
optimum operating conditions. 


Example 2 

One hundred gram moles of R are to be produced hourly from a feed consist¬ 
ing of a saturated solution of A (C^o == mole/liters). The reaction is 

A -^R 

with rate 

/■r = (0.2 hr-i)CA 

Cost of reactant at C^o » 0.1 gm mole/liter is 

» |0.50/gm mole A 
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Cost of backmix reactor including installation, auxiliary equipment, instrumenta¬ 
tion overhead, labor, depreciation, etc., is 

$6 = $0.01/(hr)(liter) 

What size of backmix reactor, feed rate, and conversion should be used for 
optimum operations ? What is the unit cost of R for these conditions ? Unreacted 
A is discarded. 

Solution. This is an optimization problem between high fractional con¬ 
version (low reactant cost) in a large reactor (high equipment cost) on the one 
hand versus low fractional conversion in a small reactor. The solution involves 
finding an expression for the total cost of the operation and minimizing it. On 
an hourly basis the total cost is 

« _ /volume ofcost \ , / feed rate \/unit cost of\ 

\ reactor / \(hr)(volumc of reactor)/ \of reactant/ \ reactant / 

* Vh + ^AO*A 

Now for a first-order reaction Eq. 5.9 gives 

V = ^AO-^A 

Noting that the rate of production of R 

Fji = Fj^qXj^ =» 100 moles/hr 

we can eliminate Fj^q and can write the total cost expression in terms of one 
variable alone, Thus 

_ * 1 ^R • 

" ArC^od - XjJ 


100 


( 0 . 2 )( 0 . 1)(1 - Xj,) 


(0.01) (0.5) 


50 


50 


1 - X. 


To find the conditions for minimum cost differentiate this expression and set to 
zero. Thus 

= 0 = _ JO 

dXj, (I - Xjf XJ 

or Xj^ = 0.5 

Hence the optimum conditions are 
Conversion: X^ = 0.5 


Feed rate: F^o 


s s 200 moles A/hr 
Xk 0.5 
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Reactor size: V 


kC^^d - XJ 


100 

(0.2X0.1X0.5) 


10,000 liters 


Cbst of product: 


Fu F^ 


10,000(0.01) + 200(0.5) 
100 


$2.00/gin mole R 


Example 3 

Suppose all unreacted A of the product stream of Example 2 can be reclaimed 
by an extraction process and can be brought up to the initial concentration 
C^o = 0.1 gm mole/liter, at a total cost « $0.12S/gm mole A processed 
(Fig. E3). With this reclaimed A as a recycle stream, find the new optimum 
operating conditions and unit cost of producing R. 

Solution. The solution involves finding a balance between low reactor and 
high recycle cost on the one hand and high reactor and low recycle cost on the 
other. Referring to the accompanying sketch which indicates all flowing streams 
in terms of F, the hourly molar flow rate, we find by material balance that 






AO 


100 moles/hr 


The total hourly cost 


, , /hourly cost\ /feedrateX /unitcost\ 

%, = of)I J + I of fresh I I of fresh | 

\ reactor M vo^ume^ of^ \reactant/ \reactant/ 

( feed rate \ / unit cost \ 
of reclaimed I | of reclaimed I 
reactant / \ reactant / 

= V%b + Fao$a + Fa<(1 — Xx)$r 

Product stream 
contains R but no A 
s 100 moles/hr 


Fresh feed 


Feed to 
reactor 


Fm moles/hr 
Cm • 0.1 mole/liter 


F.i moles/hr 
CA.-0.1 
mole/liter 






Reactor 


7^ 


Unreacted A: 
FAfF/ud^X^) 
moles/hr 


R formed: 


Extractor 

(separator) 


Recycle stream contains A but no R 


Fu(I-Xa) moles/hr 
Cm « 0-1 mole/IHer 


Fif. E3 
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FmXj, 


kC^X - X^) 

Eliminating by the material balance, the total cost expression can be then 
written as a function of a single variable Thus 


j ^ -^AO _ 

* kC^l - X^) 
( 100 ) 

“ (0,2X0.1K1 - A^) 
50 


Sft + ^AoSa + ^ (1 - Ar^)*r 


1 - X, 


+ 50 -F 12.5 


(0.01) + (100)(0.5) + (100) 
1 -A'a 




125) 


By the differentiating and setting to zero the condition for minimum cost is 
obtained. Thus 

d%t . 50 12.5 


= 0 = 
‘A 

X. = 0.33 


dX\ '' (1 - XJ^ X^^ 


or 

Hence for optimum operations 
Conversion within reactor: Xj^ — 0.33 

100 


Reactor size: V =. 


(0.2X0.1X0.67) 


= 7500 liters 


Afl 

Flow rate into reactor: F^i = ~ = 300 gm moles A/hr 

A^a 

= 3000 liters/hr 

Recycle rate: F^i — F^o — 200 gm moles A/hr 

= 2000 liters/hr 

Cost of product: 

Jl, _ 50/0.67 + 50 + 12.5(0.67/0^3) _ ^ ^ ^ 

Fr ioo 


MULTIPLE-REACTOR SYSTEM 

Plug flow reactors in series and/or in parallel 

Consider j plug flow reactors connected in series, and let A\, , AT^, 

be the fractional conversion of component A leaving reactor 1,2,.. . ,y. 
Basing the material balance on the feed rate of A to the first reactor, we find 
for the ith reactor from Eq. 5.13 

K f 


dX 
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Hence, for the j reactors in series 



Hence the j plug flow reactors in series with a total volume V gives the 
same fractional conversion as a single plug flow reactor of volume V. 

For plug flow reactors connected in parallel or in any parallel-series 
combination, we can treat the whole system as a single plug flow reactor 
of volume equal to the total volume of the individual units if the feed 
is distributed in such a manner that fluid streams which meet have the 
same composition. Thus for reactors in parallel VjF or t must be the 
same for each parallel line. Any other way of feeding is less efficient. 

Example 4 

A reactor setup as shown in Fig. £4 consists of three plug flow reactors in two 
parallel branches. Branch D has a reactor of volume SO ft^ followed by a reactor 
of volume 30 ft*. Branch E has a reactor of volume 40 ft*. What fraction of the 
feed should go to branch D ? 

Solution. Branch D consists of two reactors in series; hence it may be 
considered to be a single reactor of volume 

= so + 30 = 80 ft* 

Now for reactors in parallel VjF must be identical if the conversion is to be the 
same in each branch. Therefore 



Therefore two-thirds of the feed must be fed to branch D. 



Rg. E4 




MULTIPLE-REACTOR SYSTEM, BACKMIX UNITi 


139 



Fig. 5. Variables for a system of; equal-sized backmix reactors in series. 


Equal-sized backmix reactors in series 

In a plug flow reactor the concentration of reactants decreases pro¬ 
gressively as fluid passes through the system; in a backmix reactor the 
concentration drops immediately to a low value. Because of this fact a plug 
flow reactor is more efficient than a backmix reactor for reactions whose 
rate is dependent only on the reactant concentration, such as /ith-order 
irreversible reactions, n > 0. 

Now consider a system consisting of j backmix reactors connected in 
series. Though the concentration is uniform in each reactor, there is 
nevertheless a change in concentration as fluid moves from reactor to 
reactor. If the number of backmix reactors is increased indefinitely, the 
volume of each being reduced so that the total volume remains constant, we 
see in the limit that the volume of the system required approaches that of 
the plug flow system. 

Let us now quantitatively evaluate the behavior of a series of j equal-sized 
backmix reactors. Density changes will be assumed to be negligible; 
hence e = 0 and / = t. As a rule, with backmix reactors it is more 
convenient to develop the necessary equations in terms of concentrations 
rather than fractional conversions; therefore we use this approach. The 
nomenclature used is shown in Fig. 5 with subscript i referring to the ith 
vessel. 

First-order reactions. From Eq. 5.10 a material balance about 
vessel 1 for component A gives 

.r = - ^i-i) 

Ffl V -fi 

As c V 0 this may be written in terms of concentrations. Hence 

C,[(l - C,/Co) - (I - C,-,/C„)] C,-, - C, 

kC, kC, 


or 


^> = 1 + kr, 


( 5 ) 







Ch. 6 DESIGN FOR SINGLE REACTIONS 



Fig. 6. Comparison of performance of a plug flow reactor with a series of J equal-sized 
backmix reactors for the first-order reaction 


A —► Rf £ * 0 


For the same processing rate of identical feed the ordinate measures the volume ratio 
V,IV, directly. 


Now the space time t (or mean residence time f) is the same in all the j 
equal-sized reactors of volume V^. Therefore 




C, C 


Rearranging, we find for the system as a whole 


In a plug flow reactor 




” k C 


(6fl) 

( 66 ) 

( 7 ) 


With Eqs. 6a and 7 we can compare performance of J reactors in series with 
a plug flow reactor or with a single backmix reactor. This comparison is 
shown in Fig. 6 for first-order reactions in which density variations are 
negligible. 
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Fig. 7. Comparison of performance of a plug flow reactor with a series of j equal-sized 
backmix reactors for the second-order reactions 


2A-^R 

A B —> R, C^Q — C^o 

with negligible expansion. For the same processing rate of identical feed the ordinate 
measures the volume ratio Yj/Vp or space-time ratio n/rp directly. 


Second-order reactions. We may evaluate the performance of 
backmix reactors in series for a second-order, bimolecular-type reaction, 
no excess of either reactant, by a procedure similar to that shown for a 
first-order reaction. Thus for / reactors in series 

--;- i . 

• • • -H 27 -1 + 2n/i + ^Cokr/j 

whereas for plug flow 

£» = 1 + C„kr (Si.) 


The results are presented in Fig. 7. 
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Figures 6 and 7 support our intuition by showing that the volume of 
system required for a given conversion decreases*to plug flow volume as the 
number of reactors in series is increased, the greatest change taking place 
with the addition of a second vessel to a one-vessel system. 

Example 5 

At present 90% of reactant A is converted into product by a second-order 
reaction in a single backmix reactor. We plan to replace this reactor with two 
reactors with the same total volume as the one we now have. 

(a) For the same 90% conversion, by how much can the treatment rate be 
increased? 

(b) For the same treatment rate as that used at present, how will this replace¬ 
ment affect conversion of reactant? 

Rather than replace the reactor now operating, suppose we place a second 
reactor similar to the one being used in series with it. 

(c) For the same 90% conversion, by how much can the treatment rate be 
increased ? 

(eO For the same treatment rate as that used at present, how will this addition 
affect conversion of reactant ? 

Solution. Figure E5 shows how Fig. 7 is used. 

(a) Treatment rate for j — 2 for same total size. For 90% conversion we find 
in moving from the j — \ ioj — 2 that 


or dividing 


= 10 and 

V-2 

= 3.05 

rp 



Tjnii (CoK/Fo)j = i 

10 

= 3.28 

Tj=-2 “ (CoF/Fo)j^... 

~ 3.05 




C/Co 
Fig. E5 
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(Fo)j^2 
(^o)j = l 


3.28 


Hence the treatment rate can be increased by 2.28 times. 

(b) Conversion for same treatment rate. For the same treatment rate in the 
same reactor size, Fo and Cq, and hence kC^r, are constant. Moving along this 
line from y = 1 to y = 2, we find from Fig. 7 that conversion 

X = 95.4% 

(c) Treatment rate for two reactors. For 90% conversion we find as in part a 
that 

^ == 3.28 

But for double the total size Vj.^ 2 . = ; hence 


(Fo)j^2 

(Fo),=i 


= 2(3.28) = 6.56 


Therefore treatment rate can be increased by 5.56 times. 

id) Conversion for same treatment rate. For the single reactor with 90% 
conversion we have from Fig. 7 

kCfjT = 90 

For the two reactors the holding time is doubled; hence 


kCf^T = 180 

This line cuts they = 2 line at a conversion X = 97.4%. 

Graphical methods different from those shown in Figs. 1, 2, 3, 6, and 7 
are given by MacMuIlin and Weber (1935), Jenney (1955), Lessells (1957), 
and Schoenemann (1958). 


Arbitrary network of ideal reactors 

The more general problems of determining performance of backmix 
reactors of different sizes in series, any series of plug flow and backmix 
reactors, or any parallel-series network of plug flow and backmix reactors 
for reactions of any type can be solved by the simultaneous solution of the 
appropriate design equations. 

Graphical solution for backmix reactors in series. A graphical 
solution of these equations is easily obtained for reactions with negligible 
density change taking place in a series of backmix reactors of various sizes 
[see Jones (1951)]. All that is needed is an rj^ versus curve to represent 
the reaction rate at various concentrations. 
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Fig. 8. Variables for a system of unequal>sized backmix reactors in series. 


Let US illustrate the use of this method by- considering three backmix 
reactors in series with volumes, feed rates, concentrations, space time 
(equal to residence time because c = 0), and volumetric flow rates as 
shown in Fig. 8. Now from Eq. 5.9, noting that e = 0, we may write for 
component A in the first reactor 



Similarly from Eq. 5.10 for the ith reactor we may write 


1 _ (-r)i 

Tf Ci C,--! 


( 10 ) 


Plot the C versus r curve for component A and suppose that it is as shown 
in Fig. 9. To And the conditions in the first reactor note that (a) the inlet 
concentration Cq is known (point L), (b) Q and (—r)i correspond to a point 
on the curve to be found (point A/), (c) the slope of the line LM = 
MNfNL = (“Oi/fCj — Q) = — (I/tj) from Eq. 9. Hence from Q 



Rwdant concwitnlion 

Fig. 9. Graphical procedure for finding compositions in a series of backmix reactors. 
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Fig. 10. With unusuai fate characteristics either of two stable operating conditions can 
result. 

draw a line of slope —(1 /tj) until it cuts the curve. This gives Q. In a like 
manner we find from Eq. 10 that a line of slope —(l/rg) from point N 
cuts the curve at P, giving the concentration Q of material leaving the 
second reactor. This procedure is then repeated as many times as needed. 

For a reaction with an unusual rate concentration curve, shown in Fig. 
10, which can be cut by a line LM at more than one point, say A/', Af", and 
A/'", more than one outlet concentration is possible. Both A/' and M'” are 
stable operating conditions; however, M" is unstable in the sense that a 
slight displacement to higher or lower concentrations wilt result in a shift 
to points M' or M". This shift is analogous to that of autothermal 
reactions treated in Chapter 8. For these reactions point A/" is called the 
ignition point (see Fig. 8.12) 

With slight modification this graphical method can be extended to 
reactions in which density changes are appreciable. 

Reactors of different types in series. If reactors of different types 
are put in series, such as a backmix reactor followed by a plug flow reactor 
which in turn is followed by a backmix reactor as shown in Fig. 11, we 
may write for the three reactors 

Xq Ks Xs - Xa 

^0 (“'•X ’ ^0 ^0 (-Os 



Fig. II. Various types of reactors in series. 
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These relationships are represented in graphical form in Fig. 12. This 
allows us to predict the over-all conversions for such systems, or conver¬ 
sions at intermediate points between the individual reactors. These inter¬ 
mediate conversions are needed to 
determine the duty of interstage heat 
exchangers. 

Series-parallel network. In 

multiple-reactor systems of any type 
in any parallel-series network we 
have the following guiding rules for 
optimum performance (maximum 
capacity). 

1. Flow in parallel branches of the 
network should be so adjusted that 
fluid streams which meet have the 
same composition. 

2. For reactions in which the rate- 
concentration curve is concave, for 
example, reactions with order greater 

than unity, the given system of reactors in series should be arranged so 
that the concentration of reactant is kept as high as possible; if the rate- 
concentration curve is convex, the reactors should be arranged to keep 
the concentration as low as possible. 



Fig. 12. Graphical design procedure for 
reactors in series. 


AUTOCATALYTIC REACTIONS 

Autocatalytic reactions deserve special attention because their rates, 
influenced by both reactants and products, lead to rather unusual 
optimization problems. 

Qualitative discussion. When a reactant disappears by a first- or 
second-order rate in a batch reactor, the rate of reaction is rapid at the 
start when the concentration of reactant is high. This rate slows down 
continually as reactant is consumed. In an autocatalytic reaction, however, 
the rate at the start is low because little product is present; it increases to a 
maximum as product is formed and then drops again to a low value as 
reactant is consumed. Figure 13 shows a typical situation. 

If we wish to process material in a batch or plug flow reactor from state 
1 to state 3, the material must pass progressively in composition from the 
initial to final state while passing through this sequence of low to high to 
low rates. But to have a small reactor size we would like the reactor to 
operate in the region of maximum rate (point 2) if possible. How can this 
be done? Now in a backmix reactor material does not pass through the 
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whole range of compositions but drops immediately to the reactor exit 
conditions. Thus by introducing feed into a backmix reactor, operating 
under the conditions of state 2, we can avoid the slow transition from state 

1 to state 2. The material will react at its maximum rate. By the same line 
of reasoning, to process reactant from state 2 to state 3 we should then 
switch to the plug flow reactor which will not take the material down to the 
composition with low rate all in one step. 

Thus for autocatalytic reactions which are processing material past point 

2 the optimum setup is a backmix reactor followed by plug flow reactor, a 
rather surprising conclusion. 

Quantitative treatment. Consider the constant density (e = 0) 
reaction 

A R —► R "f" R or A —► R 

with a fairly general form of rate expression 

->-A = - ^ “ ftCA“C„' = kCA"(C„ - Ca)' 
at 

where Cq = Cj^ + = C^o + ^ ^ 

The extreme in rate is found by differentiating Eq. 11 and setting to zero. 
Thus 

- akcr'(c, - Ca/ - rtCA”(C„ - Ca/'* = 0 (12) 

dC^ 

or aCii = '■Ca (13) 

To verify that the condition of Eq. 13 represents a maximum (point 2 of 



Final Composition at which Initial 
state rate is maximum state 

Reactant concentration 


Fig. 13. Rate-concentration characteristics of an autocauiytic reaction In a batch reactor. 




I4S Ch. 6 DESIGN FOR SINGLE REACTIONS 

Fig. 13), difTerentiate a second time at Cr/C^ as rja. Thus 

= -JfcCr'CK-V + r)< 0 (14) 

dC^ 

Table 1 compares the performance of plug flow and backmix reactors at 
different concentrations. It is important to note in terms of over-all 
performance of single reactors that the point of equal efficiency of single 
reactors is not given by Eq. 13. This is illustrated by parts / of the 
following two examples. 

Table I. Comparison of efficiency of ideal flow reactors 
with autocataiytic reactions 

More Efficient 

Condition Reactor Remarks 


£a 

Cr 

a 

> - 

r 

Backmix 

Occurs at high reactant 
concentration 

Sa 

C'r 

a 

T 

Both reactors 
equally efficient 

The composition for 
maximum efficiency of 
conversion 

Ck 

a 

Plug flow 

Occurs at low reactant 


< - 

r 

concentration' 


Optimum design for autocataiytic reactions may involve operating at 
intermediate conversions with subsequent separation and recycle of unused 
reactants, thus taking advantage of the high reaction rate at this concentra¬ 
tion. Consequently the backmix reactor is often found to be very efficient 
for this type of reaction, in contrast with other reaction types. 

Though true homogeneous phase autocataiytic reactions are not 
common, there are many actual reactions which have characteristics of 
autocataiytic reactions. For example, consider the exothermic reaction 
(say oxidation) in which reactants enter the system at a temperature too low 
to support combustion. In such a reaction, called autothermal, heat may be 
considered to be the product which sustains the reaction. Thus with plug 
flow of reactants the reaction will die—with backmixing the reaction will 
be self-sustaining because the heat generated by the reaction can raise 
fresh reactants to a temperature at which they will react. Autothermal 
reactions are considered later. 


Example 6 

We wish to explore various reactor setups for the transformation of A into 
R. The feed contains 99% A, 1 % R; the draired product is to consist of 10% A, 
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90% R. The transformation takes place by means of the elementary reaction 

A + R -*R + R 

with rate constants » 1 liter/(moleXmin). The concentration of active materials 
is 

C^o + + Cr » Co = 1 mole/liter 

throughout. 

Show the relation between the reactor holding time and fraction of A in the 
exit stream (a) for a plug flow reactor and (h) for a backmix reactor. 

What reactor holding time will yield a product in which Cr » 0.9 ^ote/liter 
(c) in a plug flow reactor, (d) in a backmix reactor, and (e) in a minimura>sized 
setup without recycle. 

At low conversions the backmix reactor is more efficient; for high conversions 
it is not. (/) For what conditions are the two single reactors equally efficient? 

If the reactor outlet stream is richer in A than desired, suppose that it can be 
separated into two streams, one containing the desired product, 90% R, 10% A, 
and the other containing pure A at 1 mole/liter. The pure A stream is then 
recycled. 

(^) Under these conditions find the minimum holding time if the reactor is 
operated at the conditions of maximum efficiency. 

Solution, (a) The C\ versus t relationship for a plug flow reactor is given 
by Eq. S.12, or 

r* -<<Ci 

“Jc„*Ci(C, - Ci) 


The integrated form, given by Eq. 3.35, is 


CJct = In 


^Ao(^o ~ ^a) 
^a(^o ~ ^Ao) 


Replacing values from this problem we obtain 


t 


= In 


99(1 - Cj,) 
Ca 


(i) 


which is plotted as curve MN in Fig. E6. 

(b) The Ca versus t relationship in a backmix reactor is obtained with Eq. 5.9. 
Thus 

/ « ^AO-^A ^ ^AO - ^A . „ ~£a (jjj 

“'•a /‘CjSCo - CJ CjJil - Ca) ' ^ 

which is plotted as line PQ in the figure. 

(c) From the figure or from Eq. i the holding time necessary to obtain 
Cr n 0.9 in a plug flow reactor is 

/ 6.8 min 


(<0 For a backmix reactor from the figure or from Eq. ii 

i >■ 9.9 min 

(e) Ilie most efficient reactor setup without recycle is one in which we switch 
from badunix to plug flow where the slopes of the C versus t curves are equal. 



ISO 


Ch. 6 DESIGN FOR SINGLE REACTIONS 



Fig. E6 


or where Cj^ = = 0.5 mole/liter. This is shown by the backmix curve plus 

dotted line PUV, U being the point on the backmix curve where = 0.5 
mole/liter. The holding time is thus 

= 4.2 min 

(/) Single plug flow and backmix reactors are equally efficient at the point 
where the curves intersect or for CiJCq = 0.84, CJCq *=0.16. The holding 
time for either of the two reactors for this condition is 


tp = i = 6.3 min 

(g) The minimum holding time is found by keeping the reactor contents at 
the composition at which the rate of reaction is maximum, or when = Ch — 
0.5. Thus we must use a backmix reactor for which from Eq. ii 


0.99 - 0.5 
(0.5)(0.5) 


1.96 min 


Alternately, this may be found by simply referring to the backmix curve PQ 
and reading off the holding time corresponding to a reactor composition of 
Ca = Qt “ 0-5 (point U). 


Note that the holding time drops from 6.8 min for the best single- 
reactor setup to 4.2 min for the best two-reactor setup to 1.96 min for a 
single reactor plus recycle. 

The general graphical procedure can also be used for autocatalytic reac¬ 
tions as illustrated in the following example. 


Example 7 

Solve Example 6 using the general graphical procedure. 

Solution. Here it is more convenient to use concentrations rather than con¬ 
versions. Thus Table E7 presents the necessary data to prepare the — 1 Irx versus 
Ca chart. 





.99 01 


(c) 
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Table E7 


1 


Ca 

Cii 

~>'A — ^A^li 


0.99 

0.01 

0.0099 

101.01 

0.95 

0.05 

0.0475 

21.05 

0.90 

0.10 

0.09 

11.11 

0.70 

0.30 

0.21 

4.76 

0.50 

0.50 

0.25 

4.00 

0.30 

0.70 

0.21 

4.76 

0.10 

0.90 

0.09 

11.11 


Figures E7, not drawn to scale, then show how the various parts of the prob 
lem are solved by measuring the shaded areas of the — l/rx versus Ca curve. 
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PROBLEMS 

1. The reaction A + B R is first order with respect to each of the reactants. 
At present the reaction is being effected in the liquid phase in a 5-ft* plug flow 
reactor using a mole ratio M == ^ ml ^ AO — 2 with 90% conversion of A. We 
are considering replacing the present system with a 2S-ft^ backmix reactor. 
What mole ratio M' would allow us to produce the same amount of product 
using the same initial concentration and fractional conversion of A? 

2. We wish to compare the performance of backmix and plug flow reactors 
for the zero-order gas-phase reaction A R + S. 

(а) For the same residence time in each, which reactor gives a greater con¬ 
version of A ? 

(б) For the same feed rate and conversion of A, which reactor needs to be 
larger and what is the ratio 

(c) For the same feed rate and conversion of A, what is the ratio of residence 
times ijtj,! 
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3. Is it more advantageous to connect two plug flow reactors in series than in 
parallel? How does reaction order, expansion, and degree of conversion affect 
your answer? 

4. At present we have one reactor giving 99% conversion of reactant A. We 
buy a second unit identical to the first. For the same conversion, how much is 
our capacity increased if we operate these two units in parallel or in series? 

(a) The reaction is first order, the reactor is backmix. 

ib) The reaction is first order, the reactor is plug flow. 

(c) The reaction is second order, the reactor is backmix. 

(d) The reaction is second order, the reactor is plug flow. 

5. Your company has two backmix reactors of unequal size which it would 
like to use in the production of a specified product formed by homogeneous 
first-order reaction. How should these reactors be hooked up to achieve a 
maximum production rate? 

6. The kinetics of the aqueous-phase decomposition of A is investigated in 
two backmix reactors in series, the second having twice the volume of the first 
reactor. At steady state with a feed concentration of 1 gm mole A/iiter and 
mean residence time of 96 sec in the first reactor, the concentration in the first 
reactor is O.S gm mole A/liter and in the second is 0.25 gm mole A/liter. Find 
the kinetic equation for the decomposition. 

7. Two unequal-sized backmix reactors are connected in series. It is suspected 
that the order in which these vessels are connected as well as the reaction type 
may affect the degree of conversion for a given feed rate. Determine in general 
for reactions with concave or convex rate concentration curves which reactor 
should come first. How does this apply to nth-order reactions? 

8. The elementary reaction A-1-B-*R+Sis being carried out at present 
in a setup consisting of a backmix reactor in which the two reactant solutions 
are mixed followed by a plug flow reactor. A large enough excess of B is used 
so that the reaction is pseudo first order. 

(а) Various ways of increasing production have been suggested, one of which 
is to reverse the order of the two units. How would this change affect 
conversion? 

(б) If the backmix reactor has a volume four times that of the plug flow 
reactor, conversion of A is 99%, what would be the percentage increase 
in production if the two reactors were connected in parallel? 

9. (a) Derive an expression for the concentration of reactant in the effluent 
from a series of backmix reactors of different sizes. Let the reaction follow 
first-order kinetics and let the holding time in the ith reactor be r^. 

(6) Show that this expression reduces to the appropriate equation in this chap¬ 
ter when the reactors are all the same size. 

10. A certain material polymerizes at high temperature. With temperature 
above 220°F a fuxxiuct with undesirable properties is obtained; therefore an 
operating temperature of 215°F is selected. At this temperature the polymeriza¬ 
tion proceeds by means of a reaction which can be represented adequately by a 
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J.5-order rate law with respect to the monomer. At present the monomer is 
being treated in two equal-sized backmix reactors in series yielding a product in 
which the monomer content is about 20%. An increase in production is 
contemplated by adding a reactor similar to those being used. 

(a) By what percentage can we increase the feed rate and still obtain a product 
containing no more than 20% monomer if the third reactor is connected 
to receive the effluent of the second reactor? Thus we have three vessels 
connected in scries. 

(h) By what percentage can the feed rate be increased if the third reactor is 
connected in parallel with the two existing reactors? For this arrangement 
what fraclion of the monomer should be fed to each of the two branches? 

11. Based on the fact that a color indicator shows when the concentration of 
A falls below 0.1 gm mole/liter, the following scheme is devised to explore the 
kinetics of the decomposition of A. A feed of 0.6 gm mole A/liter is introduced 
into the first of the two backmix reactors in series, each having a volume of 
400 cc. The color change occurs in the first reactor for a steady-state feed rate 
of 10 cc/min and in the second reactor for a steady-state feed rate of SO cc/min. 
Find the rate equation for the decomposition of A based on this information. 

12. The elementary irreversible aqueous-phase reaction A-l-B-*-R-l-Sis 
carried out isothermally as follows. Equal volumetric flow rates of two liquid 
streams arc introduced into a l-ft^ mixing tank. One stream contains 0.020 
mole A/liter, the other 1.400 moles B/liter. The mixed stream is then passed 
through a 4-ft-* plug flow reactor. We find that some R is formed in the mixing 
tank, its concentration being 0.002 mole/liter. Hence the mixing t'^nk acts as a 
backmix reactor. Find the concentration of R at the exit of the plug flow 
reactor as well as the fraction of initial A that has been converted in the system. 

13. At present the elementary liquid-phase reaction A + B -♦ 2R -f S takes 
place in a plug flow reactor using equimolar quantities of A and B. Conversion 
is 96“.',, C VO — C|,o = I molc/liter. 

(a) If a backmix reactor ten times as large as the plug flow reactor were 
hooked up in parallel with the existing unit, by what fraction could 
production be increased? 

(h) If these two units were connected in series, which should come first and 
by what fraction could production be increased for that setup? 

(f) Docs the concentration level of the feed affect the answer, and if so in what 
way ? 

Note: Conversion is to remain unchanged. 

14. A first-order liquid-phase reaction, 92% conversion, is taking place in a 
backmix reactor. 11 has been suggested that a fraction of the product stream, with 
no additional treatment, be recycled. 

(a) If the feed rate remains unchanged, in what way would this affect 
conversion ? 

(h) Repeat part a with a plug flow reactor instead of a backmix reactor. 

(c) How does reaction order affect your answer? 
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(d) What can you conclude from this about recycle for nth order irreversible 
reactions? 

15. One hundred moles of A per hour are available in a concentration of 
0.01 lb mole/ft’* by a previous process. This stream is to be reacted with B to 
produce R and S. The reaction proceeds by the aqueous-phase elementary 
reaction 

A + B R + S, At = 500 ft»/(lb moleXhr) 

The amount of R required is 95 lb moles/hr. In extracting R from the reacted 
mixture, A and B are destroyed; hence recycle of unused reactants is out of the 
question. Calculate the optimum reactor size and type as well as feed composi¬ 
tion for this process. 

Data: B costs SI. 25/lb mole in crystalline form. It is highly soluble in the 
aqueous solution and even when present in large amounts does not change the * 
concentration of A in solution. Capital and operating costs are S0.015/(hr)(ft'’’) 
for plug flow reactors, S0.004/(hr)(ff’) for backmix reactors. 

16. A commercial installation produces 40 lb moles R/hr by hydrolysis in a 
backmix reactor of a feed stream containing 0.04 lb mole/ft** of reactant A. 
Because of the large excess of water used the reaction may be considered to be 
first order, or A 2R even though it is bimolecular. The system effluent 
stream from the reactor goes to a countercurrent extraction column in which R 
is quantitatively extracted. Two per cent of the incoming A passes through the 
system unreacted. Fixed and operating costs for this process are SlO/hr, reactant 
cost is $1.00/lb mole, and R can be sold at S0.66/lb mole. It is suspected that 
the plant is not being operated at optimum conditions. Therefore you have 
been asked to study the operations with the aim of optimizing them. 

(а) What are the present profits on an hourly basis? 

(б) How should the installation be operated (feed rate of A, conversion of A, 
and production rate of R) to maximize the profit per unit of R? What is 
this profit? 

(c) How should the installation be operated to maximize profits? What are 
these profits on an hourly basis? 

Note: All R produced may be sold. Separation equipment is flexible since it 
has been designed to adapt to large changes in capacity. 

17. A process is to be designed to produce 720,000 lb R/year. This material 
is formed by the elementary homogeneous liquid-phase reaction A -t- B -*■ 2R. 

(a) Using a backmix reactor, find the optimum reactor size and feed com¬ 
position to the reactor. 

(b) Determine the cost of producing R by this process. 

(c) Prepare a process flow sheet for the final design chosen showing flow rates 
of A, B, and R in all streams. 

(d) Write the expression in terms of ^A/ and M for the cost of producing R 
in a plug flow reactor system. 

Data: Cost of reactants: A » $7.50/lb, B » $0.01/lb. 

The molecular weights of the reactants: A « 40, B « 80. 
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Pure liquid A, dissolved solid B and the appropriate amount of water (inert 
and diluent) enter the reactor as a single liquid stream. Water and A are mis¬ 
cible in all proportions, B has a solubility of 8 gms/liter. 

The reaction takes place only in the liquid phase and has a rate constant of 
0.001 liter/(gm moleXsec), based on the rate of disappearance of A or fi. 

Specific gravity of all solutions is approximately unity. 

Reactant B may be extracted quantitatively and recycled from the mixture of 
products by an organic solvent. Ignore cost of recovery of B. 

Recovery of A is impractical because of the high cost of separation. 

Capital and operating costs of reactor with all supporting equipment, based on 
24 hr/day operation 300 days/yr, is estimated to be $14/(yrXgal) for backmix 
flow, $2()0/(yrXgal) for plug flow. 

18 . The reaction by which R is formed is A R with rate equation 

-rj, = (O.I ft3/(lb mole)(hr))CACH 

From a feed of pure A (1 lb mole/ft’, $1 .OO/Ib mole) 100 lb moles R/hr are to be 
produced using either a backmix reactor alone or a backmix reactor followed 
by an~A-R separator, in which case unreacted A may be recycled and reused. 

The separator operates by an extraction process which, because of a favorable 
phase equilibrium, yields streams of essentially pure A and pure R. Its cost is 
$8/hr 4- SO. I/ft® of fluid treated. The hourly cost of backmix reactor is $8 + 
SO.Ol/ft® of reactor. Consider the density of all A-R mixtures to be constant. 

(а) What reactor system is most economical and what is the unit cost of R 
produced by this setup? 

The manufacturer of the separator is afraid that, because of some technical 
difficulty which can onl^ be overcome by increasing the size and consequently 
the cost of the separation equipment by a large amount, he cannot guarantee a 
clean separation of A + R. He is quite sure that the recycle stream (A stream) 
will be free of R; howeVer, he states that the product stream may be contaminated 
with up to 7.4% A. 

(б) On the basis of maximum contamination, what is the unit cost of producing 
R? 

(r) Qualitatively, how does this inefficiency affect reactor size, separator size, 
recycle rate? 

19. Present facilities fer the production of R cannot keep u,) with the demand 
for the material; hence you are asked to make an exploratory study to see 
whether production can be increased. 

Product R is formed by the elementary irreversible reaction of A with B in a 
backmix reactor. Because a large excess of B is used the reaction may be 
considered to be first order with respect to A with rate constant k, R is quantita¬ 
tively separated from the reactor effluent stream which is then discarded. The 
separation equipment is rather flexible and can easily handle greatly different 
flow rates. 

(a) In general if feed A at $x/lb mole enters a backmix reactor of volume Fft® 
at a concentration C^o Ib moles/ft® and rate lb motes/hr, find the 
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conversion of A at which unit cost of product R is a minimum. Let Axed 
and operating costs be $y/hr. 

(b) Under present operating conditions, what is the unit cost of producing R? 

(c) Have; you any suggestions for how the plant should be operated (con¬ 
version of reactant and production rate of R) so as to maximize production 
but still maintain the present unit cost of product? 

(d) What is the minimum unit cost of producing R, and at what conversion of 
reactant and at what production rate will this occur? 

Data; A is supplied at $4/lb mole at a concentration of 0.1 lb mole/ft^. The 
cost of B is negligible. 

Fixed and operating charges for the reactor and separation system are $20/hr. 

At present the production rate Fn = 25 lb moles R/hr at conversion = 0.95 

20. We wish to expand the operating facilities of the previous problem to 
produce more R than is produced at present with no change in unit cost of 
product. It has been suggested that reclaiming unreacted A should help raise 
production of R. With such a treatment of the waste stream from the product 
separator followed by recycle to the reactor inlet of reconcentrated A at C^o 
0.1 lb mole/ft^, how much R can be produced? 

Data: Capital and operating costs of the reclaiming equipment are 
$4/hr + 50.S0Ab mole A recycled. Four per cent of A entering reclaiming 
equipment is not recoverable. 
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In the preceding chapter on single reactions we showed that the size 
of chemical reactor was greatly affected by the type of reactor used. We 
now extend the discussion to multiple reactions and show that for these 
reactions both reactor size and distribution of the products of reaction are 
affected by the type of reactor and contacting pattern of fluids used. We 
may recall at this point that the distinction between a single reaction and 
multiple reactions is that the single reaction requires only one rate expres¬ 
sion to describe its kinetic behavior completely, whereas multiple reactions 
require more than one rate expression. 

Since multiple reactions are varied in type and seem to have very little in 
common, we may despair of finding general guiding principles for design. 
Fortunately this is not so because all multiple-reaction schemes can be 
considered to be made up of a combination of two primary reaction types, 
competing or parallel reactions and consecutive or series reactions. 
Because these two reaction types are the building blocks or components 
for more involved reaction schemes called mixed reactions, we study them 
first. Then we shall select a mixed reaction, find its diaracteristics, and 
show how these characteristics can be arrived at by breaking the reaction 
down into its component parallel and series reactions. 

Let us consider the general approach and nomenclature. First of all, 
we find it more convenient to deal with concentrations than conversions. 
Secondly, in examining product distribution the procedure is to eliminate 
the time variable by dividing one rate equation by another. We end up 
then with equations relating the rates of change of certain components with 
respect to other components of the systems. Such relationships are 
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amenable to simple analysis and interpretation. Thus we see that two 
distinct analysis are used, one for reactor size determination and the other 
for the study of product distribution. 

The two requirements, small reactor size and maximization of desired 
product, may run counter to each other in that a design may be good with 
respect to one requirement and poor with respect to the other. Now which 
requirement is more important to satisfy? Economic analysis, balancing 
increased reactor cost on the one hand versus higher treatment cost on the 
other, is always the final answer to this question. In general, product 
distribution controls (a) when the reaction is not very slow; (b) when the 
cost of raw materials is greater than the cost of the equipment, both being 
calculated on the same time basis; (c) when the cost of equipment for the 
separation, purification, and recycle of materials is of higher order than 
that of the reactor. In the majority of situations encountered, product 
distribution is the controlling factor. 

This chapter is concerned primarily with optimizing design with respect 
to product distribution, which factor plays no role in single reactions. If 
reactor size controls, the treatment of multiple reactions follows with little 
modification the kinetic treatment of single reactions. 

Finally, we ignore expansion effects in this chapter; thus we take e == 0 
throughout. This means that we may use the terms mean residence time, 
reactor holding time, space time, and reciprocal space velocity inter¬ 
changeably. 
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Qualitative discussion about product distribution. 

the decomposition of A by either one of two paths: 

Consider 

A —^ R (desired product) 

(Ic) 

A —^ S (unwanted product) 

(lb) 

with corresponding rate equations 


r»- -k,c^ 

(2a) 

at 

(2b) 


Dividing Eq. 2b by Eq. 2c, we obtain a measure of the relative rates of 
formation of R and S. Thus 
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Increasing or decreasing the right-hand side of Eq. 3 will result in a corre¬ 
sponding increase or decrease in the S/R ratio. Examining this equation, 
we see that the only factor we can control in the right-hand side is Ca 
because kx, Hj, and are all constant for a specific system at a given 
temperature. 

Now we can keep Ca at a very low value throughout the reaction by one 
of the following means. 

1. By using a backmix reactor, in which case the reactant drops 
immediately to its outlet and lowest concentration and stays there. The 
conversion should preferably be large. 

2. By using a large recycle stream to dilute the incoming feed, thus 
lowering the concentration of A in the reactor. 

3. By lowering the pressure or increasing the inerts in a gas-phase 
system. 

We can, on the contrary, keep Ca at a high value. 

1. By using a batch or plug flow reactor, in which Ca starts at a high 
value, then drops progressively. Low conversions should be used. 

2. By increasing the total pressure of a gas-phase system or by eliminat¬ 
ing inerts in the feed stream. Both these measures help raise the concentra¬ 
tion of active materials in the feed to the reactor. 

3. By eliminating recycle of products. 

Let us see whether the concentration of A should be kept high or low. 

If Oi > a^y or the order of the desired reaction is higher than the order 
of the unwanted reaction, then 02 — is negative. From Eq. 3 we see 
that the S/R ratio becomes small for high Ca. This is exactly what we wish 
to happen because S is not wanted. As a result a batch or plug flow reactor 
would favor formation of product R and would require a minimum reactor 
size. 

If Ox < a^y or the desired reaction has a lower order than the unwanted 
reaction, we need a low reactant concentration to favor formation of R. 
But this would also require large reactor size. Unfortunately, the demand 
for a desirable product distribution works against that of small reactor 
size. In such a case optimum design is achieved by the economic balance 
of cost of separation of undesired material S versus the greater cajntal and 
operating costs required for larger equipment. 

If Qx = Og, or the two reactions are of the same order, then Eq. 3 becomes 

Tg dCg kg , ^ 

kx 

Hence product distribution is fixed by kjkx alone and is unaffected by type 
of reactor used. Thus the reactor volume requirement will govern the 
design. 
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Besides this method, we may control product distribution by varying 
k^kx> This c^n be done in two ways. 

1. By changing the temperature level of operation. If the activation 
energies of the two reactions are different, k^ky can be made to vary. 
Chapter 8 considers this problem. 

2. By using a catalyst. One of the most important features of a catalyst 
is its selectivity in depressing or accelerating specific reactions. This may 
be a much more effective way of controlling product distribution than any 
of the methods discussed so far. 

For other reactions in parallel the reasoning is analogous to that 
presented. For example, consider the reactions 


A + B —► R (desired product) 

(4a) 

ATji 

A + B —► S (unwanted product) 

m 

with rate equations 


f. _ _ f aif- bi 

“ “ dl ~ ‘ ^ “ 

(5a) 

. _ f fci 

rs-7“ — 'Ca'-'A 

at 

(Sb) 

Dividing £q. 5b by Eq. 5a we obtain 


_ dCg k^ 

r R dCii kx 

(6) 


As R is the desired product, we want to minimize 


— or 

dCj, fci ^ 

Thus we must examine separately whether — Oi and are 

positive or negative. This will determine whether A or B are to be kept at 
low or high concentrations. 

We may summarize our qualitative findings on product distribution for 
parallel reactions as follows. 

For reactions of the same order product distribution is unaffected by reactor 
type or concentration of reactants. For reactions of different order a high con¬ 
centration favors the reaction of higher order; a low concentration favors the 
reaction of lower order. 

From this discussion we see that various combinations of high and low 
reactant concentrations may be desired during reaction depending on the 
kinetics of the competing reactions. Besides changing the concentration of 
feed materials the most direct and the simplest way of controlling the 
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concentrations is by using the correct contacting pattern of reacting fluids. 
Figures 1 and 2 illustrate methods of contacting two reacting fluids in con¬ 
tinuous and noncontinuous operations that keep the concentrations of these 
two fluids both high, both low, one high, the other low. In general, the 
number of reacting fluids involved, the possibility of recycle, and the cost of 
possible alternative setups must all be considered before the most desirable 
contacting pattern can be arrived at. 

In any case the use of the proper contacting pattern is the critical factor 
in obtaining a favorable distribution of products of complex reactions. 



Ca, Cb both high 




Fig. I. Contacting patterns for various combinations of high and low concentrations of 
reactants in batch and semibatch operations, (o) Add both reactants all at one time 
before reaction starts, (b) Add reactants slowly, letting reaction proceed nearly to 
completion before adding more, (c) Add B slowly, letting it react nearly to completion 
before adding more reactant. 
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Ca high, Cb low 



Fig. 2. Contacting patterns for various combinations of high and low concentrations of 
reactants in steady-state flow operations. 


Example I 


Suppose that the desired liquid-phase reaction 

A +B-^R -FT 

is accompanied by the undesired side reaction 

A 4-B-^S +U 


which we wish to depress. The rates of formation of product by the two reactions 
are found to be well approximated by the following rate equation 


re-* 


(i) 


dCs ^ dCy 
“ dt 


and 




(ii) 
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amounts of S and U 


Fig. El 


The cost of reactants is relatively high; however, they can be cleanly separated 
from the products of the reaction at small cost. In addition, it is more important 
to depress formation of S and U than it is to have a small reactor setup because 
of the high cost of separation of S and U from R and T and because of high 
reactant cost. Suggest a reactor setup in which to produce R and T. 


Solution. Divide Eq. ii by Eq. i. Thus 


i 


dC^ 


Ir 

— _2 r^.s-i.or'i-8-o-s 




(iii) 


Now dCfildCii is to be minimized by having high and low In addition, 
the ratio to be minimized is more sensitive to changes in Cu than to changes in 
because of the higher power on C^. Thus it is more important to have low 
Cg than high C^. The reactor scheme which best satisfies these requirements 
on and Cq is a backmix reactor operating with an excess of A. However, 
with such conditions much A will remain unreacted in the exit stream of the 
reactor. Its high cost and the ease of its separation from the products immediately 
suggest that it be recycled. Thus the scheme selected is a backmix reactor with 
separation equipment as shown in Fig. El. 

From Eq. iii, lowering results in a more favorable distribution of products. 
Hence for a given production rate we should have as large a backmix reactor as 
Is practical. An economic balance between separation cost of reactants and 
products, cost of chemical A tied up, and pumping and capital and operating 
costs for the large reactor on the one hand and the cost of having large quantities 
of impurities T and U on the other will determine the optimum size of equipment 
to use. 

Example 2 quantitatively determines the distribution of products for this 
reaction for various setups. 


Quantitative treatment of product distribution and of reactor 
size. If rate equations are known for the individual reactions, we can 
quantitatively determine product distribution and reactor-size require¬ 
ments. Consider the reactions and rates given by Eqs. 1 and 2, utd let us 
define two terms related to the ratio S/R. Let ^ be the fraction of A 
reacting at any Instant that is transformed into R. This term may be called 
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the ‘‘instantaneous fractional yield of R.” Thus 

<p = _ <^^11 

" 1 " dCg 

As illustration <p for the reaction of Eq. 2 is 


fp = 


fclCA** 


/cjCa-* + fcaCA"* 1 + (fe2/fci)Ci*-“' 


( 7 ) 

( 8 ) 


In general Ca may vary through the reactor, in which case 93 will also vary. 
So let us define <I> as the fraction of all the A reacted which has been con¬ 
verted into R. Let us call this the “over-all fractional yield of R.” If 
subscript 0 and f refer to the reactor inlet and outlet conditions, respec¬ 
tively, the over-all fractional yield of R is given by 

4> = -(—(9) 


It is this over-all fractional yield O which really concerns us, for it gives the 
product distribution at the reactor outlet. At the reactor outlet Cr is 
found in terms of the instantaneous fractional yields by Eq. 7. Thus 

CCm rCxf 

Cr, = dCR = - 93 dCA (10) 

j 0 Jcm 


The over-all fractional yield can be found from Eq. 9. 

So far the fractional yields of product R have been defined on the basis 
of the amount of single reactant A consumed. More generally, when more 
than one reactant is involved, the fractional yield can be based on a single 
reactant consumed, on all reactants consumed, or on all products formed. 
It is simply a matter of convenience which definition is used. Thus in 
general ^M/N) is the instantaneous fractional yield of A/, based on the 
disappearance or formation of N. 

Let us next find the fraction of reacted A which, is converted to R in the 
various reactor types. From Eqs. 9 and 10 we have for plug flow reactors 


^plug — 





<pdCj, 


( 11 ) 


Again taking as illustration the rate expressions of Eq. 2, this becomes on 
combining with Eq. 8 

“ c«-Ci, /c„ 1 + (W W'"' 

For single backmix reactors the instantaneous fractional yield is constant; 
hence we have 


*l*backmlx ** ^ 


( 13 ) 
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which for the case of Eq. 2 becomes 

^backmlx = - 7 ;—,, , 

1 + 

For a series of 1,2,... ,y backmix reactors in which the concentrations of 
A are C^i, Ca 2 . • • •» the over-all fractional yield is obtained by 
summing the fractional yields in each of the j vessels and weighting by the 
amount of reaction occurring in each vessel. Thus we have 

~~ ^Al) + ~ C'a2) 


+ • • • + — Caj) — backmIx(^AO ~ ^Ay) 

from which 


d^jbackmix = 2 





— yiC^AO ~~ ^Al) ~b ~ ^Ak) + • ’ 

^AO “ ^Ai 

and for the rate expressions of Eq. 2 this becomes 
— ACi — AC2 , 


^ybackmlx — 


1 + 1 H- (fe2/fci)ClV^- 


^AO ^ 


Ai 


• + — C^y) 


(14) 


-AC, 


(15) 


Thus we can find the S/R ratio for any reactor system, and this procedure 
may be extended to other types of parallel reactions. 

The determination of reactor volume is no different from that for a 
single reaction if we recall that the over-all rate of disappearance of 
reactant by a number of competing paths is simply the sum of the rates of 
the individual paths or 

r = rj -h rg + • • • 


Example 2 

For the competitive liquid-phase reactions 

*1 

A -I- B —► R, desired reaction 

A + B —V S, unwanted side reaction 

with rate equations 

a= I.OCaC^j® moles/(literXmin) 
dt 


1.0C^®C]i* moles/(literXmin) 
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find the fraction of impurity S in the product for the following situations. 

(a) kquimolar feed, plug flow reactor, 90% conversion. 

(b) Equimolar feed, backmix reactor, 90% conversion. 

(c) It was suggested that we operate with large excess of A to depress the 
unwanted reaction (see Example 1) as well as recycle the unreacted A if this 
reactant is expensive. Let us assume that reactant A is inexpensive and need not 
be recycled. For this condition find the fraction of impurity in the product for 
a feed containing 99 mole % A, 1 mole % B, with a 90% conversion of limiting 
reactant. 

(</, e,/) For the operating conditions of parts a, b, and c, find the volume of 
reactor required to treat 100 moles B/min. 

Additional data: Pure A and B each has a density of 20 moles/liter. 

Solution. The instantaneous fraction yield of R is given by 

dC^ _ 1 

^ </Cr + dCs A:iC^C^» + k^CYC]i^ 1 + 

(a) For an equimolar feed of pure A and B, 90% conversion 

r- — r' ^Ao 10 moles/liter mole/liter 

^ ® ^Bo “ moles/liter Cr/ =* 1 mole/liter 


Hence the over-all fractional yield of R in a plug flow reactor is given by 


-1 


” c.„ - c 


Af 


rc-A/ 

JCj.o 


dC, 


10 - 1 Jio 1 


^=lln(l+C.) 


10 


= 0.19 


Therefore impurities in the product = 81 %. 

(6) For a backmix reactor, with the same feed and products given in part a, 
we have 


‘I>backmix “ 9^ ~ 1 + Ca/ 1+1 

Therefore impurities in the product = 50%. 

(c) For an A to B feed ratio of 99 to 1, 90% conversion of B 

C'ao =* 20(0.99) = 19.8 moles/liter Ca/ = 19.8 - (0.2 —0.02) 
Ca, # Cb “ 19.62 moles/liter 

Cbo = 20(0.01) = 0.2 moles/liter C^/ = (0.2X0.1) 

® = 0.02 mole/liter 

Hence the over-all fractional yield of R in a backmix reactor is given by 


^backmix — ?> «= j ^ 

1 

“ 1 + (19.62)-®®(0.02)*‘ 
Therefore iirtpurities in the product * 0.064%. 


0.99936 
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(d) The volume of plug flow reactor required to treat 100 moles A/min under 
the conditions of part a is given by the usual type relationship shown next. 
However, we include the units of all terms involved to avoid any possible con¬ 
fusion. We use these units throughout the problem. Thus 


V, liters 

dXx, dimensioning 

Fj^q, moles A introduced/min L - 

moles A/(literXmin) 

But 


dC^ dCji 

1 dC(i 

“ dt ~ dt 


Therefore 


V dXj, 


Fac }x„ *.CaCS’ + AjCj-'q," 

J-Tao 


Now at this point it seems easier to transform fractional conversions into 
concentrations. This is done by noting that 

Ca * CAod - and - ^ 

t-AO 

Therefore 

y ^Ao -dC^ 100 moles A/min p®"*"’’**/"**" 

Cao Ci® + C*-3 10 moles A/liter Jx ^oie/iiter Ci*(l + Ca) 

Graphically evaluating the integral we And 

V = (0.477) = 4.8 liters 

(c) The volume of backmix reactor for the conditions of part b is given by 
V _ X^f-X^o _ 1 - jC^rlCAo) 

fAo -'A, + ArjCXfCJif 

Thmfore 


V = - Caz/Cao) ^ (100 moles A/min)(l - 1/10) ^ 

+ ^A/ + l)nioles/(literXmin) 

The answers of parts d and e can be shown to be consistent with each other by 
taking the reaction to be approximately second order and using the methods of 
the previous chapter. 

(/) The volume of backmix reactor for the conditions of part c is given by 


y __ 

^AO —^A/ 


or 


JL - 

^BO B/ 


The latter form is slightly easier to handle; therefore let us use it. Thus 


f^BoCl — Cb//Cbo) 

tr r' i^.8 a. t ^.8/^1.8 


(100 moles B/min)(l — 1/10) 
(19.62X0.02)»> + (19.62)«»(0.02)i» moles B/(litcrXmin) 


(100X0.9) 
6.08 + 0.00385 


■> 14.8 liters 
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llie results, summarized in Table E2, show that for this set of reactions favorable 
product distribution can be obtained without sacriiicfng too much in reactor 
size, but by wasting large amounts of A. 


Table E2. Summary of results for 90% conversion of 
100 moles B/mln 


Reactor Type 

Ratio of A to B 
in Feed 

Impurities in the 
Product, % 

Volume of 
Reactor, liters 

Plug flow 

1:1 

81 

4.8 

Backmix 

1:1 

50 

45 

Backmix 

99:1 

0.064 

14.8 


REACTIONS IN SERIES 
Successive first-order reactions 

For easy visualization consider that the reactions 

(16) 

proceed only in the presence of light, and that the reactions stop the instant 
the light is shut olf.. For a given intensity of radiation, the rate equations 
for the materials involved in these reactions are then 

^ (17) 

^ = ICjCi - )c,C„ (18) 

at 

^ (19) 

at 

Our discussion will center about these reactions 

Qualitative discussion about product distribution. Consider 

the following two ways of treating a beaker containing A; first, the 
contents are irradiated all at one time and, second, a small stream is 
continuously withdrawn from the beaker, irradiated, and returned to the 
beaker, the rate of absorption of radiant energy being the same in the two 
cases. The two schemes are shown in Figs. 3 and 4. During this process A 
disappears and products are formed. Is the product distribution of R and 
S different in the two beakers? Let us see whether we can answer this 
question qualitatively for all values of the rate constants. 

In the first beaker when the contents are being irradiated all at the same 
time, the first bit of light will attack A alone because only A is present at 
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the start. The result is that R is formed. With the next bit oflight both A 
and R will compete; however, A is in very large excess so it will preferen¬ 
tially absorb the radiant energy to decompose and form more R. Thus the 

concentration of R will rise. This 
will continue until R is present in 
high enough concentration so that 
it can compete favorably with A 
for the radiant energy. When this 
happens, a maximum R concen¬ 
tration is reached. After this the 
decomposition of R becomes more 
rapid than its rate of formation, 
and its concentration drops. A 
typical concentration time curve is 
shown in Fig. 3. 

- . . ... In the alternate way of treating 

FIj. 3. Concentration-time curves if the con- i l . i 

tents of the beaker are irradiated all at one ^ ^ small fraction of the beaker 
time. contents is continuously removed, 

irradiated, and returned to the 
beaker. Since the total absorption rate is the same in the two cases, how¬ 
ever, the intensity of radiation received by the fluid removed is greater, 
and it could well be, if the flow rate is not too high, that the fluid being 




Fig. 4. Concentration-time curves for the contents of the beaker if only a part of the 
fluid is irradiated at any instant. 


irradiated reacts essentially to completion. In this case, then, A is re¬ 
moved and S is returned to the beaker. So as time proceeds the concen¬ 
tration of A slowly decreases in the beaker, and S rises while R is absent. 
This progressive change is shown in Fig. 4. 

These two methods of reacting the contents of the beaker yield 
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different product distributions and represent the two extremes in possible 
operations, one with a maximum possible formation of R and the other 
with a minimum, or no formation, of R. Now how can we best characterize 
this behavior? We note that in the first method the contents of the beaker 
remain homogeneous throughout, all changing slowly with time, whereas 
in the second a stream of reacted fluid is continually being mixed with fresh 
fluid. In other words, we are mixing two streams of different compositions. 
Thus we have the following general principles governing product distribu- 
tion for reactions in series. 

For a given conversion of reactant a maximum amount of intermediate is 
formed when the mixture is homogeneous or when mixing of material at different 
stages of conversion does not occur. Other ways of operating give lower yields 
of intermediate. In the extreme no intermediate is formed. 

As intermediate R is frequently the desired reaction product, this 
principle controls the selection of the reactor system. With it we can already 
evaluate the relative worths of various reactor systems. For example, 
plug flow and batch systems should give a maximum R yield because in 
both these systems there is no mixing of two fluid streams of different 
compositions. On the other hand the backmix reactor should not give as 
high an R yield as possible because a fresh stream of pure A is being 
mixed continually with an already reacted fluid in the reactor. 

The following examples illustrate the point just made. We then give 
a quantitative treatment of the actual concentrations involved which will 
bear out these qualitative findings. 


Example 3 

From each of the following pair of reactor setups in Fig. E3 select the method 
of operation which will maximize the concentration of R and briefly explain why 
this should be so. The reaction is 


A 




S 


In all cases the same fractional conversion of A is used. 


Solution, (a) For a relatively slow reaction either setup is satisfactory, 
yielding a maximum R concentration, but for a fast reaction with insufilcient 
fluid mixing the concentration of products in the beam of light of the second 
setup may rise above that in the surrounding fluid. The resulting heterogeneity 
results in a lowering in R yield. Ilius for fast reactions the first setup is preferable. 

Note: The special problems of extremely fast reactions are considered in 
Oiapter 10. 

(b) For reactions which are slow enough so that the conversion per pass is very 
small, either setup should be satisfactory; however, for a fast reaction the second 
setup is prefeized because the conversion of reactant per pass is approximately 
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(c) 

Fig. E3 


one-third that for the first setup. Thus streams with smaller concentrations 
differences are being mixed. 

(c) To examine this situation first consider various extents of recycle in the 
second setup. With no recycle we have a plug flow system with no mixing of 
streams of different compositions, hence a maximum R yield. As the recycle 
rate is increased the second setup approaches the backmix reactor with a 
resultant decrease in R yield, hence the second setup with no recycle is preferred. 

Quantitative treatment, plug flow or batch reactor. In Chapter 
3 we developed the equations relating concentration with time for all 
components of the unimolecular-type reactions 

in batch reactors. The derivations assumed that the feed contained no 
reaction products R or S. If we take Mo be the holding time, these 
equations apply equally well for plug reactors and are now summarized. 



(3.42) 
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The maximum concentration and time at which it occurs is given by 


0^2 ^ ftiW'*--*** 

^AO '^2/ 

_ 1 In (kjk,) 

“ t - Ir — h 

'^logmean ''■2 *''1 


(3.45) 

(3.44) 


This is also the point at which the rate of increase of S is the most rapid. 

Figure 5 prepared for various kjki values illustrates how this ratio 
governs the concentration-time curves of the intermediate product R. 
Figure 6, a time-independent plot, relates the concentration of all reaction 
components. 

Quantitative treatment, backmix reactor. Let us find concentra¬ 
tion-holding time curves for this reaction when it takes place in a backmix 
reactor. This may be done by referring to Fig. 7. Again the derivation 
will be limited to a feed which contains no reaction product R or S. 

By the steady-state material balance we obtain for any component 


Input = Output •+■ Disappearance by reaction (4.1) 



Fig. 5. ConcMitrttion-holding time curves in a plu| flow reactor for the unlmolecular- 
*1 *■ 

type reactions A —► R —► S. 
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Xa=1-Ca/Cao 


Fig. 6. Relative concentration of the reaction components in a plug flow reactor for the 

h h 

unimolecular-type reactions A —^ R —^ S. 
which for reactant A becomes 


^Ao = 

or 

Noting that 

V . 

- = f (20) 

V 


V 



Fig. 7. Backmix reactor variables for a reaction in series A -*■ R -*• S, no R or S in the feed. 
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we obtain, on rearranging, 

Ca_1_ 

1 + fcjf 

For component R the material balance, Eq. 4.1, becomes 

wCro i?Cr + 

or 

0 * »Ck + + k^C^)V 


( 21 ) 


With Eqs. 20 and 21 and rearranging we obtain 

_ 

Cao (1 + fci0(l + M) 
Cs is found by simply noting that at any time 


( 22 ) 


or 


Ca + Cr + Cg = Cao = constant 

Cg __ __ 

Cao ” (1 + kJXl + fcaO 


(23) 


The location and maximum concentration of R are found by taking 
dCjtid! = 0. Thus 


dCR _ Q ^ CAofci(l 4~ ki0(l + ^20 CAofcil[fci(l + k^i) -j- (1 + fciQfcgJ 
di (1 + kjm + 


which simplifies neatly to give 


^max — 


^ k^k2 


(24) 


The corresponding concentration of Ris given by replacing Eq. 24 in Eq. 22. 
On rearranging this becomes 

Cstfinax 1 

Cm ~ [(W“ + 1? 

Typical concentration-time curves for various kjki values are shown in 
Fig. 8. A time-independent plot. Fig. 9, relates the concentrations of all 
reactants and products. 

Remarks on performance characteristics, kinetic studies, and 

design. Figures 5 and 8 show the general time-concentration character¬ 
istics for plug and backmix fiow reactors and are an aid in visualizing the 
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Fig. 8. Concentration-holding time curves in a backmix reactor for the unimolecular- 

ki 

type reactions A-► R-► S. 

actual progress of the reaction. Comparison of these figures shows that 
except when the plug flow reactor requires smaller holding 

times than does the backmix reactor to achieve a maximum concentration 
of R, the difference in holding time becoming progressively larger as kjki 
departs from unity. This fact may be verified with Eqs. 24 and 3.44. These 
figures also show that for a given reaction the maximum obtainable con¬ 
centration of R in a plug flow reactor is always higher than the maximum 
obtainable in a backmix reactor (see Eqs. 25 and 3.45). This verifies the 
conclusions arrived at by qualitative reasoning. 

Figures 6 and 9, time-independent plots, show the distribution of 
materials during reaction. Such plots find the most use in kinetic studies 
since they allow the determination of kjki by matching the experimental 
points with one of the family of curves on the appropriate graph. Figures 
15 and 16 are more detailed representations of these two figures. 

Though not shown in the figures, Cg can easily be found by difference 
between and + Cr. For reactor holdings times t < rite 
S formed is small. For t > /max the Cg curve approaches asymptotically 
that for a simple one-step reaction. Alternately, we can look at die 
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Fig. 9. Relative concentration of the reaction components in a backmix reaaor for the 

h k 

unimolecular-type reactions A —^ R-► S. 

formation of S as a simple one-step reaction with an induction period which 
becomes relatively unimportant as holding times increase. Thus the ratio 
of reactor sizes needed to obtain a given concentration of S is given to an 
increasingly better approximation by the figure for the simple first-order 
reaction, Fig. 6.6. 

Figure 10 shows the fractional yield of R in both the backmix and plug 
flow systems and finds the most use in guiding the proper design of reactor 
systems involving successive first-order reactions. This figure again shows 
that the fractional yield of R is always greater in the plug flow reactor than 
in the backmix reactor. Hence if R is the desired product and the cost of 
materials is not negligible, we should naturally favor the use of the plug 
flow or batch reactor. A second important observation in this figure con¬ 
cerns the extent of conversion of A we should plan for. If for the reaction 
considered kjki is much smalter than unity^ we should design for a large 
conversion of A and probably dispense with recycling of unused reactant, 
the latter point depending on the processing cost situation. However, if 
kjki is greater than unity, the fractional yield drops very sharply even with 
a small conversion. Hence to avoid obtaining unwanted S instead of R we 
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Fig. 10. Comparison of the fractionai yields of R in backmix and plug flow reactors for the 
unimolecular>type reactions A-► R-► S. 

must plan for a very small conversion of A per pass with separation of R 
and recycle of unus^ reactant. In such a case large quantities of material 
will have to be treated in the A-R separator and recycled; hence this part 
of the process will figure prominently in cost considerations. 

Successive irreversible reactions of different orders 

In principle concentration-holding time curves can be constructed for 
all successive reactions of different orders. For the plug flow or batch 
reactor this will involve simultaneous solution of the governing differential 
equations, while for the backmix reactor we have only simultaneous 
algebraic equations to deal with. In both these cases explicit solutions are 
difficult and can be obtained only for specific cases. Thus numerical 
methods provide the best tool for treating such reactions. But in all cases 
these curves exhibit the same qualitative characteristics as the successive 
first-order reactions; therefore we may generalize the conclusions for thi^ 
reaction to all irreversible reactions in series. 

Product distribution curves for these reactions are of little generality 
for they are dependent on the concentration of reactant in the feed. As 
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with reactions in parallel a rise in concentration favors the higher-order 
reaction; a lower concentration favors the lower-order reaction. This 
characteristic is used to control the product distribution, for it will cause 
Cji.i„ax*to vary. 

Successive reversible reactions 

Solution of the equations for successive reversible reactions is quite 
formidable even for the first-order case, 

A 

Thus we illustrate only the general characteristics for a few typical cases. 
Consider the first-order reversible reaction 

A % S ^ • 

Figure 11 shows the concentration-time curves for the components in a 
batch or plug flow reactor for different values of the rate constants. 

For the reaction 

Fig. 12 shows the concentration-time curves for the components in a batch 
or plug flow reactor for different values of the rate constants. 

Figure 11 shows that an intermediate in a reversible series reaction need 
not exhibit a maximum concentration. Such a maximum only occurs if the 
rate constants governing its formation are high when compared to those 
governing its disappearance. Figure 12 also shows that a product may 
exhibit a maximum concentration typical of an intermediate in the 
irreversible series reactions; however, the reaction may be of a different 
kind. 

Comparing Figs. 11 and 12 we see that many of the curves are very 
similar in shape, making it difficult to select the correct mechanisms of 
reaction by experiment, especially if the kinetic data are somewhat scattered. 
Probably the best clue in distinguishing between paralld and successive 
reactions is to examine initial rate data—data obtained for very small 
conversion of reactant. For successive reactions the time-concentration 
curve for S has a zero slope, whereas for parallel reactions this is not so. 
In any case, we must be warned that obtaining a good fit for some data 
does not necessarily mean that the mechanism suggested is the true one. 
We must first reject all likely alternate mechanisms that could give such 
curves. This means exploring mechanisms that are not first order—a 
discouraging-prospect. 




rcversibi* reactions 










from Jungcrs at al. (1956), p. 207. 


lei 
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MIXED REACTIONS 

Multiple reactions which consist o.' steps^ tn tones and steps in 
parallel are called mixed reactions.^ As we mentioned earlier, all mixed 
reactions can be treated by separate analyses of their two primary reaction 
types. 

Mixed reactions complicate the task of analyzing the kinetics and 
of finding a satisfactory mechanism. However, thougli the kinetics may 
be more complicated, there is a bright side to mixed reactions; with 
the stoichiometry and kinetics known these reactions become more amen¬ 
able to control. For example, if k^lk^ is fixed, there is nothing we can 
do to change the product distribution for first-order parallel reactions; 
similarly, for irreversible reactions of the same order in series there is no 
way of obtaining more than a certain fixed concentration of intermediate. 
On the contrary, mixed reactions exhibit great flexibility in product 
distribution. For example, the mode of mixing of two reactants (whether 
A is added to B, or vice versa) will very likely change the product distribu¬ 
tion radically. Thus mixed reactions afford the good design engineer a 
fertile opportunity to display his talents in devising ingenious reactor 
systems which optimize yield of desirable product while depressing the 
formation of the unwanted product. For this reason the design engineer 
seeks the correct mechanism of reaction. 

The best way to illustrate the points just made is to treat in detail one 
type of mixed reaction, developing the necessary design charts and working 
out problems which are based on that reaction. In addition, it is desirable 
to select a reaction type that has wide application in industry. This we 
shall do now. 


Consecutive-competing (or series-parallel) reactions 


The successive attack of a compound and its products by a reactive 
material is a common, industrially important type of reaction. The general 
representation of such a reaction is 


A + B-^^R 
R + 

S + b-Xt 


( 26 ) 


or 


etc. 


+ B.fci 


> R 






where A is the compound to be attacked, B is the reactive material added, 
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and R, S, T, etc., are the polysubstituted materials formed during reaction. 
Examples of such reactions may be found in the successive substitutive 
haiogenation (or nitration) of hydrocarbons, say benzene or methane, to 
form monohalo, dihalo, trihalo, etc., derivatives as shown below: 


C,H, > C,HjCl 

+HNO, 

QH, -QH^NO* 

+C1, 

CH 4 -^ CH 3 CI 


+CI, 

-► 

+HNO, 
-► 

+ CI, 

-► 


+a. 


+ HNO, 
+CI, 


CgClf 

> CgHaCNOg)* 

> CCI 4 


Another important example is the addition of alkene oxides, say ethylene 
oxide, to compounds of the proton donor class such as amines, alcohols, 
water, and hydrazine to form monoalkoxy, dialkoxy, trialkoxy, etc., 
derivatives, some examples of which are shown below: 



CH,—CH,OH 

/ “ “ 
N—H 

\ 

H 




s-CHaOH)^ 


H o 



H 


O 




CHo—CHaOH 


\ 

H 


ethylene 

glycol 



0==(CH2—CHjOH)^ 


dictliylene 

glycol 


Such processes are frequently bimolecular, irreversible, hence second 
order kinetically. When occurring in the liquid phase they are also 
essentially constant-density reactions. 

We first consider two consecutive reactions where the first substitution 
product is desired. Actually for an n-step reaction the third and succeeding 
reactions do not occur to any appreciable extent and may be ignored if the 
mole ratio of A to B is high (see qualitative treatment given next). The 
reaction is thus 

* ) (27) 

R + 

With the assumption that the reaction is irreversible, bimolecular, and of 
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constant density, the rate expressions at any instant are given by 

Ta - ^ - -kiCjfis ( 28 ) 

at 

’■S = ^= -kiC^Ce - (29) 

at 

•■r = ^ - - k,C^Ct (30) 

at 

rs = ^ = *,CbCr (31) 

at 

Note that this reaction may be considered to be parallel with respect to 
B but consecutive with respect to A, R, and S. We shall show that this 
correspondence is not just superficial but carries over into the product 
distribution analysis so that the generalization arrived at for parallel 
reactions and series reactions applies to the corresponding components of 
this reaction. 

Qualitative discussion about product distribution. To get the 

“feel” for what takes place when A and B react according to Eq. 27, imagine 
that we have two beakers, one containing reactant A and the other 
containing reactant B. Should it make any difference in the final mixture 
how we mix A and B ? To find out, consider the following three ways of 
mixing the contents of the beakers; (a) A added slowly to B, (p) B added 
slowly to A, and finally (c) A and B mixed together rapidly. 

For the first mixing pour A a little at a time into the beaker containing B, 
stirring thoroughly and making sure that all the A is used up and that the 
reaction stops before the next bit is added. With each addition a bit of R 
is produced in the beaker. But this R finds itself in an excess of B so it 
will react further to form S. The result is that at no time during the slow 
addition of A will A and R be present in any appreciable amount because 
in the large excess of B they will rapidly react away. Thus the mixture 
becomes progressively richer in S and poorer in B. This continues until 
the beaker contains only S. Figure 13 shows this progressive change. 

Now pour B a little at a time into the beaker containing A, again 
stirring thoroughly. The first bit of B will be used up, reacting with A to 
form R. This R cannot react further for there is now no B present in the 
mixture. With the next addition of B, both A and R will compete with each 
other for the B added, and since A is in very large excess it will react with 
most of the B, producing even more R. This process will be repeated with 
progressive buildup of R and depletion of A until the concentration of R is 
high enough so that it will compete favorably with A for the B added. 
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(all A is consumed with each addition) 

Fig. 13. Distribution of materials in B beaker for mode of mixing shown. 

When this happens, the concentration of R reaches a maximum, then drops 
off. Finally, after addition of 2 moles of B for each mole of A, we end up 
with a solution containing only S. This progressive change is shown in Fig. 
14. 

Now consider the third alternative where the contents of the two beakers 
are rapidly mixed together, the reaction being slow enough so that it does 


A beaker 



AB K Be - B, moles B consumed during reaction 
with either method of mixing of reactants 


Fig. 14. Distribution of materials in mixing beaker for modes of mixing shown. 
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not proceed to any appreciable extent before the mixture becomes uniform. 
During the first few reaction increments R finds itself competing with a 
large excess of A for B and hence is at a disadvantage. Carrying through 
this line of reasoning, we find the same type of distribution curve as for the 
mixture in which B is added slowly to A. This situation is also shown in 
Fig. 14. 

Examining these curves we see that the way we bring together the reac¬ 
tants greatly affects the composition of the mixture. How do we explain 
this behavior? The clue is to observe that the reaction is consecutive with 
respect to A, R, and S or 

and then compare Figs. 13 and 14 with Figs. 3 and A. Because of the 
similar shape of these curves, we are led to suspect that the same factors 
affecting the R yield in consecutive reactions affects it here. So for 
materials reacting in series: 

For a given conversion of reactant A a maximum amount of intermediate is 
formed when we do not mix materials at different stages of conversion. Other 
ways of operating give lower yields bf intermediate, and in the extreme case no 
intermediate is formed. 

Now consider the second and third method of bringing the reactants * 
together. We see that in one method we add B all at one time (high Cb) 
to the beakerful of A; in the other we add B a bit at a time (low Cb) to the 
beakerful of A. In both methods the product distribution follows the same 
path, implying that B does not influence product distribution. Now this is 
exactly what we find for reactions in parallel where the order is the same 
in both reactions. So in mixed reactions, if a component acts in parallel 



its effect on product distribution can be found by con:-idering parallel 
reactions alone. 

Thus we have shown what we intended to show, that mixed reactions 
can be treated by considering their component parallel and series reactions. 
This conclusion is then the guide to proper design. The quantitative 
treatment to follow verifies these qualitative findings. 

Now let us consider what type of reactor to use with this reaction. The 
choice naturally depends on the product desired. If S is the desired 
product, we have no problem. However, if R is the desired product, and 
this is usually the case, we need to keep the composition uniform in A and 



SERIES-PARALLEL REACTIONS, PLUG FLOW 


187 


R. We must not mix a partly reacted mixture with pure A, for this will 
result in a lower R concentration than can be expected withouHhis mixing. 
We consider in what follows that R is always the product desired. 

If the reaction is slow, we may mix reactants in a batch reactor and let 
them react to the desired extent. Since the mixture is homogeneous in A, 
R, and S, we obtain the highest possible concentration of R. 

If the reaction is fast, in the mixing of A and B, zones of reaction will 
form between B-rich and A-rich regions of fluid. In these zones, R will 
be present in high concentration and will react away more rapidly than in 
the surrounding regions. The net result of this nonhomogeneity is a 
decrease in R yield. This undesirable effect may be avoided by slowing 
down the reaction by dilution or a lowering in temperature, or else by 
adding B a bit at a time, which involves semibatch operations. Unfortu¬ 
nately, for extremely fast reactions this last-mentioned procedure does not 
help, for even if B were added a drop at a time, zones of nonhomogeneity 
would still be created between the drop and the rest of the fluid with resul¬ 
tant decrease in R concentration. The problems of mixing in fast reactions 
are considered further in Chapter 10. 

The same remarks can be made for the plug flow reactor as are made for 
the batch reactor. 

* Backmix operations require mixing an incoming A stream with an 
already react^ mixture. The resulting nonhomogeneity again lowers the 
yield in R. 

In the following sections we quantitatively treat consecutive competing 
reactions with the understanding that R, the intermediate, is the desired 
product, and that the reaction is slow enough so that we may ignore the 
problems of partial reaction during mixing of reactants. 

Quantitative treatment, plug flow or batch reactor. In general, 
taking the ratio of two rate equations eliminates the time variable and gives 
information on the product distribution. So dividing Eqs. 30 and 28 we 
obtain the first-order linear differential equation. 


dCx kiCx 


(32) 


the method of solution for which is shown in Chapter 3. With some R 
present in Uie feed the limits of integration are C^o to tor A and Cbo to 
Cr for R; the solution of this differential equation is 


c« 1 r/'c..p C^1 

1 — kj/kj L^Ao '^AO' (33) 

^A« ^A« '^AO ^1 
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This gives the relationship between Cr and at any time in a batch or 
plug flow reactor. To find the concentrations of the other components at 
any time, simply make a material balance. An A balance gives 


or 


+ Qw + ^80 Ca + Cr + Cs 
AC^ + ACr -4- ACg = 0 


(34) 


from which Cg can be found as a function of Ca and Cr. Finally a balance 
about B gives 

ACb + ACr + 2AC8 = 0 (35) 


from which Cr can be found. 

Quantitative treatment, backmix reactor. Writing the design 
equation for backmix reactors in terms of A and R gives 


or 


T 



-'•a 


— / — ^AO ~ Cji _ Cro — Cr 

^iCaCr kzCuCg — ATiCaCr 

Rearranging, we obtain . 


^RO ~ Cr _ _1 1 ^2^R 
Cao - Ca fcxCA 


which is the integrated form of Eq. 32 with the right-hand-side constant. 
Rearranging gives 


'R 


_ ^a(^ao ~ Ca + Cro) 
Ca AO Ca) 


(36) 


which relates the concentrations of A and R. Equations 34 and 35, material 
balances about A and B in plug flow reactors, hold equally well for backmix 
reactors and serve to complete the set of equations giving complete product 
distribution in this reactor. 

Graphical representation. Figures 15 and 16, time-independent 
plots, show the distribution of materials in plug and backmix flow reactor 
and are prepared from Eqs. 33 to 36. As mentioned earlier. A, R, and S 
seem to have characteristics of the components in a first-order reaction in 
series. Comparing Figs. 15 and 16 with Figs. 6 and 9, we see that the 
distribution of these materials is the same in both cases. As the reaction 
proceeds, the composition of A and R follows the corresponding kjki 
curve from left to right. The ratio of A to R in the feed and product 
streams will indicate the starting point and end point on the curve. As 
this happens, B is progressively used up. The lines of slope 2 on these 
charts show the amount of B consumed to reach that locus of positions for 
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Fig. IS. Distribution of materials in a batch or plug flow reactor for the elemenury reac¬ 
tions 

A^.B-^i>R 
R + B-^S 

any kjki. It makes no difference whether B is added all at one time as in 
a batch reactor or a bit at a time as in a semibatch reactor; in either case 
the same point on the chart will be reached when the same total amount of 
B is consumed. 

I'hese figures indicate that no matter what reactor system is selected, 
when the fractional conversion of A is low the fractional yield of R is 
large. Thus if it is possible to separate cheaply small amounts of R from a 
large reactant stream, the optimum setup for producing R is to have small 
conversions jper pass coupled with a separation of R and recycle of unused 
A. The actual mode of operation will, as usual, depend on the economics 
of the system under study. 
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Fi(. 16. Distribution of materials in a backmix reactor for the elementary reactions 

A + R 

Experimental determination of the kinetics of reaction. The 

ratio kjki may be found as follows. Analyze the products of reaction 
from any ideal reactor at any instant, calculate the product distribution of 
materials, and locate the corresponding point on the design chart. For a 
batch, semibatch, or plug flow reactor, the appropriate chart is Fig. IS. 
For a backmix reactor the appropriate chart is Fig. 16. Though this 
method is general, probably the simplest way to find kjki is to use different 
ratios of B to A in a batch reactor, allowing the reaction to go to completion 
each time. For each run a value of^s/A:j can be determined. The best mole 
ratios to use irt experimental work can be ntimated from Figs. 15 and 16 
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to occur where the lines of constant arc the furthest apart, or 
~(AB/A«) 1.0. 

Now if there is a third reaction in the series it will not proceed to any 
appreciable extent if only a little B has been used, since it uses S as a 
starting material 

S + B-^T 

So if there is a third reaction to the series, it is best to keep —(AB/Ao) 
low. 

With k^kx known, all that is needed is k^ which must be found by 
kinetic experiments. Since the rate of reaction between A and B is initially 
second order when R is absent in the feed, k^ can be found by extrapolating 
rate data to zero holding time. In other words, k^ is found from initial 
rate data. Another way is to deal directly with Eqs. 28-33, fitting the best 
values of the constants by a least-squares procedure. This may become 
somewhat difficult, however. 

Frost and Pearson (1961) consider in detail the experimental determina¬ 
tion of the rate constants of this reaction. 

Intermediate in feed or recycle stream. If R is present in the 
feed to the reactor, either from the initial feed or recycle stream, its effect 
can easily be found because the progress of the reaction will still be along 
the same k^Jk^ line of Fig. 15 or 16 but starting from the point where this 
line cuts a second line of slope' emanating from 

C'a — Cr =a 0. The effect of this R in the feed reduces the net fractional 
yield of R. 

Example 4 

From each of the following experiments, what can we say about the rate constants 
of the multiple reaction . 

A 

R -l-B-^S 

(а) Half a mole of B is poured bit by bit, with stirring, into a flask containing 
a mole of A. The reaction proceeds slowly, and when completed B is entirely 
consumed but 0.67 mole of A remains unieacted. 

(б) One mole of A and 1.25 moles of B are rapidly brought together. The 
reaction is slow enough so that it does not proceed to any appreciable extent 
before homogeneity in A and B is achieved. On completion of the reaction 
0.5 mole of R is found to be present in the mixture. 

(c) One mole of A and 1.25 moles of B are rapidly brought together. The 
reaction is'Slow enough so that it does not proceed to any appreciable extent 
before homogeneity in A and B is achieved. At the time when 0.9 mole of B is 
consumed O.jumole of S is present in the mixture. 
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Fig. E4. 


Solution. The sketches in Fig. E4 show how Fig. IS is used to find the 
desired information. The data given determine specific product distribution 
curves. Thus 

(a) kjki - 4, ib) k^lki = 0.4, (c) kjkt = 1.45. 

Extensions and applications 

Analysis of three or more reactions can be made by procedures analogous 
to those presented. Of course, the mathematics becomes more involved; 
however, much of the extra labor can be avoided by selecting experimental 
conditions in which only two reactions need be considered at any time. 
Product distribution curves for one such reaction, the progressive chlorina¬ 
tion of benzene, is shown in Fig. 17. Note the similarity in shape with the 
time-concentration curves for successive first-order reactions in series, 
Fig. 3.14. The curves of Fig. 17 may be replotted in the manner of Figs. 
IS and 16 for a three-step reaction [see lungers et al. (1958)]. Unfortu¬ 
nately, because paper is only two dimensional, a separate graph is needed 
for each value of kjki. Again, as with the two-step reaction, we find that 
a plug flow reactor yields higher maximum concentration of intermediates 
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Fi{. 17, Product distribution in the progressive chlorination of benzene: 

A + R + U C,H, + C,H,a + HCI 

R + B S + U or C,H,CI + Cl, C,H4CI, + HCI 

S + B T + U C,H,CI, + Cl, C,H,CI, + HCI 

with k,/k| 3= and k,/k, » from MacMullin (1946). 

than does a backmix reactor. Hence we may generalize observations on the 
formation of intermediate in various reactor types from a two-step reaction 
to an n-step reaction. 

The field of polymerization affords an opportunity for a fruitful 
application of these ideas. Often hundreds or even thousands of reactions 
in series occur in the formation of polymers, and the type of cross linking 
and molecular weight distribution of these products are what gives these 
materials their particular physical properties of solubilities, density, 
flexibility, etc. 

Since the mode of mixing of monomers with their catalysts profoundly 
affects product distribution, and therefore molecular weight distribution, 
great importance must be paid to this aspect of processing and scale up if 
the product is to have the desired physical and chemical properties. 
Denbigh (1947,1951) considered some of the many aspects of this problem, 
and Figs. 18 and 19 show for various kinetics how reactor type influences 
molecular weight distribution of products. 


CONCLUSION 

The key to optimum design for multiple reactions is proper contacting 
and proper flow pattern of fluids within the reactor. These requirements 
arc determined by the stoichiometry and observed kinetics. 

To obtain high yields of a desired product we may have to maintain high 
concentrations or low concentrations (parallel reactions), or homogeneity 
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Fig. 18. Molecular weight distribution of polymer where duration of polymerization 
reaction (life of active polymer) is short compared to reactor holding time. Adapted from 
Denbigh (1947). 



Fig. 19. Molecular weight distribution of polymer where duration of polymerization 
reaction is long compared to the holding reactor time, or where the polymerization has 
no termination reaction. Adapted from Denbigh (1947). 
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of composition (series reactions) for the various reactants. Witii these 
requirements Icnown desirable contacting patterns can then be devised by 
using the appropriate batch, semibatch, backmix, or plug flow unit with 
slow or rapid introduction of the various feeds. 

Usually qualitative reasoning is sufficient to determine the correct 
contacting scheme. This is done by breaking the reaction stoichiometry 
into its component parallel and series reactions. Naturally, to determine 
the actual equipment size requires quantitative considerations. 

When the kinetics and stoichiometry are not known, well>planned 
experimentation guided by the principles enunciated here should result in a 
reasonably close approach to optimum operations. 

Additional discussions of how product distribution is affected by the 
contacting pattern and temperature of operations are given in Chapters 10 
and 8 and in the chapters on heterogeneous systems. 
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PROBLEMS 

1. In one sentence state the distinguishing characteristic of each of the 
following reactions: single, multiple, elementary, nonelementary. 

2. Under appropriate conditions A decomposes as follows: 

. *^»0.l/iiiiR „ ic,>>0,l/niin ^ 

A •' ' ► R ..5 

R is' to be produced from 1000 liters/hr of feed in which ■* 1 mole/liter, 
^RO * ^80 “ 

(а) What size plug flow reactor will maximize the yield of R, and what is the 
concentration of R in the effluent stream of this reactor? 

(б) What size backmix reactor will maximize the yield of R, and what is 

in the effluent stream of this reactor? 
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3. It is mentioned in this chapter (and we can see by comparing Fip. IS and 
16 with Figs. 6 and 9) that the distribution of A, R, and S for the two sets of 
elementary reactions 

*1 *1 
A-►R- 

+ B.V +B.V k. “ k.' 

A -► R-► S ^ ^ 

is identical. Verify this analytically. 

4. At Sandy’s Rock and Gravel Company they want to shift a mountain of 
gravel, estimated at about 20,000 tons, from one side of their yard to the other. 
For this they intend to use a steam shovel to fill a hopper, which in turn feeds a 
belt conveyer. The latter then transports the gravel to the new location. The 
shovel scoops up large amounts of gravel at first; however, as the gravel supply 
decreases the handling capacity of the shovel also decreases because of the 
increased time required to move away from the hopper for a load and then 
return and dump. Roughly, then, we may estimate that the shovel's gravel¬ 
handling rate is proportional to the size of the pile still to be moved, its initial 
rate being 10 tons/min. The conveyer, on the other hand, transports the gravel 
at a uniform 5 tons/min. At first the shovel will work faster than the conveyer, 
then slower. Hence the storage bin will accumulate material, then empty. 

(fl) What will be the largest amount of gravel in the bin? 

(b) When will this occur? 

(r) When will the rates of bin input and output be equal ? 

(d) When will the bin become empty ? 

5. Consider the following elementary reactions 

><1 

A +B—^R 

k, 

R + B S 

(o) One mole A and 3 moles B are rapidly mixed together. The reaction is 
very slow, allowing analysis of compositions at various times. When the 
2.2 moles B remain unreacted, 0.2 mole S is present in the mixture. What 
should be the composition of the mixture (A, B, K and S) when the 
amount of S present is 0.6 mole? 

(6) One mole A is added bit by bit with constant stirring to 1 mole B. Left 
overnight, then analyzed, 0.5 mole S is found. What can we say about 

(c) One mole A and I mole B are thrown together and mixed in a flask. The 
reaction is very rapid and goes to completion before any rate measure¬ 
ments can be made. On analysis of the products of reaction 0.2S mole S 
is found to be present. What can we say about kjkil 

6. A and B react with each other as follows: 


cl 

t 

< 


A + B - S, 

rg = kiCi^C^ 

2B -T, 



* 
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Find what ratio of A to B should be maintained in a backmix reactor so that 
the production of S is maximized. 

7. We have a mixture consisting of 90 mole % A (45 moles/liter) and 10 mole 
% impurity B (5 moles/liter). To be of satisfactory quality the mole ratio of A 
to B in the mixture must be 100 to 1 or higher. D reacts with both A and B as 
follows; 

A+D-R, -^=21C^Cd 

B+D-S, -^ = 147CbCd 

Assuming that the reactions go to completion, how much D need be added to 
a given batch of mixture to bring about the desired quality? 

8. We suspect that A and B react as follows: 

A + B-i> R 
R +B-^S 

To see if this is so we mix different proportions of A and B in test tubes and 
leave them standing overnight. The reaction is slow, and we question whether 
the reaction has come to a stop or not when we analyze the contents of the test 
tubes (Table P 8 ). 


Table P8 


Feed 

Concentration of S after 
an Overnight Wait, 

Cs 



0.20 


0.20 

0.25 

0.75 

0.26 

0.33 

0.67 

0.33 

0.50 

0.50 

0.21 

0.67 

0.33 

0.11 

0.75 

0.25 


0.80 

0.20 

0.05 


(a) Have we waited long enough for the reaction to go to completion? 
ib) Could the reaction m^hanism be correct? If so, what is kifki7 
(c) We plan four more runs. In what concentration region should they be 
made to find kjjki more precisely? 
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9. When A (benzenesulfonic acid, mol wt « 158) reacts with B (nitric acid, 
mol wt » 63), products R, S, and T (ortho-, meta-, and paranitrobenasenesulfonic 
acids, mol wt « 203) are formed by the elementary reactions 

^R 

A 

During a laboratory nitration test when A and B are mixed in a mole ratio of 2 
to 1 in the presence of dehydrating agent, one-third of the A is consumed in 40 
min yielding 21 % R, 72% S, 7% T. 

If these data are used as a basis for computing yields for this reaction carried 
out on a commercial scale and 3160 Ib of A is to be mixed with 1260 Ib of B 
under conditions identical to the laboratory conditions, compute the composition 
of the mixture (pounds of A, B, R, S, and T) after 90 min have elapsed. 

10. A and B react as follows: 

A -I- 2B - 2R -I- S, (r 
A + B —* T -I- U, (rj^)2 

Equimolar quantities of A and B are introduced into a batch reactor and are 
left to react to completion. With all B consumed, 0.1 « 0.1. What in¬ 

formation does this experiment give us about the rate constants for the reactions? 

11. D reacts with both A and B as follows: 

A -f- D —► R, = kipjf^xi 
B + D —► S, rg * k^CgCii 

One feed stream contains a fixed ratio of A to B, the other D. To maximize the 
fractional yield of R in steady-state operations of single reactors show 

(а) when kfjkx > 1 use backmix flow and high conversions, 

(б) when k^lki < 1 use plug flow and low conversions, 

(c) when kjki « 1 product distribution is unaffected by reactor type and 
extent of conversion. 

(d) Illustrate these conclusions by sketching and showing the general charac¬ 
teristic of the <b(R/R + S) versus plot for backmix reactors. 

Note: These conclusions also hold for the elementary reactions 



commonly found in catalytic systems. 

12. Consider the reactions of Problem 11 with^^/Ai -*0.2 occurring in a 
backmix reactor with an equimolar feed of A, B, and D. 

(а) If 50% of the incoming A is consumed, find what fraction of the product 
formed is R. 

(б) If 50% of the incoming D is consumed, hnd what fraction of the products 
formed is R, 
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13. For single reactions we have seen that if the reactor system consists of 
a number of backmix reactors in series, its performance (volume or capacity) 
lies between plug flow and the single backmix reactor; the larger the number of 
reactors in series, the closer the approach to plug flow. We may expect the 
same behavior to occur with multiple reactions with respect not only to capacity 
but to product distribution as well. Let us see if it is true for one particular 
case. Consider the reaction 




For a single plug flow reactor 


- - - 0.368 and = 


^AO ® 

For a single backmix reactor 

^B,n>iuc 


^log mean 


'AO 


0.25 and = 1 


For two backmix reactors in series find Cr max/CAo and tR,max. and see whether 
these lie between the values found for the plug flow and single backmix reactor 
systems. 

14. The elementary reactions ^ 

A +B—4-R 

2B-Vs 


occur when A and B are contacted in the presence of a homogeneous catalyst. 
Reactants are available in separate feed streams. If R is the desired product, 
determine the optimum contacting scheme for given conversion of B at fixed 
temperature in (a) batch or noncontinuous operations, (b) continuous opera¬ 
tions, (c) continuous operations with separation and recycle of one reactant. 

15. A process stream consisting of a mixture of A and B of a definite ratio 
can, under suitable conditions, be made to react by the elementary reactions 

A+B-ivR, 

2 B-^VS, 

To maximize the fractional yield of R in steady-state operations of single reactors 
show 

(a) when Ikjki > 1 - Cao/^bo use backmix flow and high conversions, 

(b) when < 1 - Cao/Cbo use plug flow and low conversions, 

(c) when Ik^lkj, - 1 - C^oICbo product distribution is unaffected by reactor 
type and extent of conversion. 

Note: These conditions imply that when ki < 2kt, then backmix flow and 
high convessions are always favored. 
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16. Analyze qualitatively the following elementary reactions and determine 
the methods of contacting that will maximize formation of the desired product R. 

(a)A + A-*R (6)A + A-S 

R + A —S A +B —R 

S +B —T 
R + A -*T 

Assume that recycle is not permitted. 

17. The great naval battle, to be known to history as the battle of Trafalgar 
(1805), was soon to be joined. Admiral Villeneuve proudly surveyed his power¬ 
ful fleet of 33 ships stately sailing in single tile in the light breeze. The British 
fleet under Lord Nelson was now in sight, 27 ships strong. Estimating that it 
would still be two hours before the battle, Villeneuve popped open another 
bottle of burgundy and point by point reviewed his carefully thought out battle 
strategy. As was the custom of naval battles at that time, the two fleets would 
sail in single file parallel to each other and in the same direction, firing their 
cannons madly. Now, by long experience in battles of this kind, it was a well- 
known fact that the rate of destruction of a fleet was proportional to the fire 
power of the opposing fleet. Considering his ships to be on a par, one for one, 
with the British, Villeneuve was confident of victory. Looking at his sundial, 
Villeneuve sighed and cursed the light wind—he’d never get it over with in time 
for his favorite television western. “Oh well,’’ he sighed “c’est la vie.’’ He 
could see the headlines next morning. “British Fleet annihilated, Villeneuve’s 
losses are ....’’ Villeneuve stopped short. How many ships would he lose? 
Villeneuve called over his chief bottle cork popper, Monsieur Dubois, and asked 
this question. What answer did he get? 

At this very moment, Nelson, who was enjoying the air on the poop deck of 
the Victory, was struck with the realization that all was ready except for one 
detail—he had forgotten to formulate his battle plan. Commodore Archibald 
Forsythe-Smythe, his trusty trusty, was hurriedly called over for a conference. 
Being familiar with the firepower law. Nelson was loathe to fight the whole 
French fleet (he could see the headlines too). Now certainly it was no disgrace 
for Nelson to be defeated in battle by superior forces, so long as he did his best 
and played the game; however, he had a sneaking suspicion that maybe he 
could pull a fast one. With a nagging conscience whether it was cricket or not, 
he proceeded to investigate this possibility. 

It was possible to “break the line,” in other words, to start parallel to the 
French fleet, and then cut in and divide the enemy fleet into two sections. The 
rear section could be engaged and disposed of before the front section could 
turn around and get back into the fray. Now to the $64 question. Should he 
split the French fleet and if so at what point should it be done and with how many 
ships should he engage the fore and after sections of the enemy? Commodore 
Forsythe-Smythe, who was so rudely taken from his grog, grumpily agreed to 
consider this question and to advise Nelson at what point to split the French 
fleet so as to maximize their chance of success. He adso agreed to predict the 
outcome of the battle using this sitrategy. 
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18. The desired product R is formed as follows 

A + B —► R, AtjC^Cr 

Under conditions which favor this reaction, however, B also dimerixes to form 
unwanted S: 

2fl-^S, rg-A;*CB* 

At present R is produced in a backmix reactor using a large excess of A so as 
to depress formation of unwanted dimer. Feeds of A and B are so adjusted that 
the mole ratio of A to B in the reactor is kept at 40 to 1. Unreacted A is cleanly 
separated from the rest of the materials in the reactor effluent stream and is 
returned to the reactor. Unreacted B cannot be simply separated and is dis¬ 
carded. R and S are produced in equimolar quantities, and 50% of entering B 
is unreacted and is discarded unused. 

(a) Find the fractional yield of R based on A consumed, on B consumed, on 
total entering B, and on the sum of all products formed. 

This scheme seems to be inefficient because much B forms the wrong product 
or is wasted by remaining unreacted. To improve utilization of B, let us connect 
a second reactor in series with the present reactor, leaving the conditions within 
the first reactor unchanged. Both reactors are to be of the same size, and 
separation of A to be recycled occurs after passage of fluid through both reactors. 
B^use it is in great excess, assume that the concentration of A is constant 
throughout the system. 

(b) Find the fraction of R present in the R-S product and the fraction of B 
in the feed which has b^n transformed into R. 

(c) With unchanged feed rate of B and unchanged concentration of A within 
the system, repeat part b if the two backmix reactors are connected in 
parallel rather than in series. 

19. A 20 ft^ backmix reactor is to treat a reactant which decomposes as 
follows: 

A^R. Tr -AtiCj, -(4/hr)Q 

A-S, 1-8 -*tCA »0/hr)C^ 

Find the feed rate and conversion of reactant so as to maximize profits. What 
are these on an hourly basis? 

Data: Feed material A costs $1.00/lb mole at C^o ■“ 1 ib mole/ft*, product 
R sells for S5.00/mole, and S has no value. The total operating cost of reactor 
and product separation equipment is $25/hr + $1.25/mole A treated. Uncon¬ 
verted A is not recycled. 

20. Chemical R is to be produced by the decomposition of A in a given 
backmix reactor. The reaction proceeds as follows: 

A -► R, rR ■» kiC^ 

2A S, rg »■ 

Let the molar cost ratio $b/*a * A/ (S is waste material of no value), and for 
convenience Jet kx MfgCAo* I** fbe feed Cao ** fixed. 
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(a) Ignoring operating costs, find what conversion of A should be maintained 
in the reactor to maximizB the gross earnings and therrfOTe the profits. 

(b) Repeat part a with the hourly operating cost dependent on the fe^ rate 
and given by a + PFj^q. 

21. Chemicals A and B react as follows: 

A + B R, tr — kyC^C^ — [68.8 liters/(hrXgm mole)]CACR 

2B -► S, rg = ItjCr* = [34.4 liters/(hrXgm mote)}CB* 

In this reaction 100 gm moles R/hr are to be produced at minimum cost in a 
backmix reactor. Find the feed rates of A and B to be used and the size of 
reactor required. 

Data: Reactants are available in separate streams at ™ ^bo » 0.1 gm 
mole/liter and both cost $0.S0/gm mole. The cost of reactor is $0.01/(hrXliter). 
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In our search for the optimum conditions at which to effect reactions, we 
have already considered how reactor type and size influence the extent of 
conversion and distribution of products obtained. The reaction tempera* 
ture and pressure also influence the progress of reactions, and it is the role 
of these variables that we now consider. 

A number of factors must be considered here. First of all, we need to 
know how equilibrium yield, rate of reaction, and product distribution are 
affected by changes in operating temperatures and pressures. This will 
allow determination of the optimum temperature progression: in time for 
batch reactors, along the len^h of plug flow reactors, and from reactor to 
reactor in a series of backmix reactors. This information can then be 
used as a guide for proper design. 

Secondly, chemical reactions are invariably accompanied by heat effects. 
When these are large enough to result in a significant change in tempera¬ 
ture of the reacting mixture, these effects must be accounted for in design. 
More important still, we should know how to use these effects to proper 
advantage by the selection of the proper reactor type and by use of appro¬ 
priate heat exchange. 

So with the emphasis on finding the optimum conditions and then seeing 
how best to approach it in actual design rather than determining what 
specific reactors will do, let us start with discussions of single reactions and 
follow this with the special considerations of multiple reactions. 

SINGLE REACTIONS 

With single reactions we are concerned with extent of conversion and 
reactor stability. Questions of product distribution do not occur. 

203 
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Thermodynamics gives two important pieces of information related to 
the extent of reaction and reactor stability, the first being the heat liberated 
or absorbed for a given extent of reaction, the second being the thermo¬ 
dynamic equilibrium or the maximum expected extent of reaction. Let us 
now briefly summarize these findings. More detailed treatments and 
justification of the expressions to follow and their many special forms and 
extensions can be found in standard thermodynamics texts for chemical 
engineers and will not be considered here. 

Heats of reaction from thermodynamics 

The heat liberated or absorbed during reaction depends on the nature of 
the reacting system, the amount of material reacting, and the temperature 
and pressure of the reacting system, and is calculated from the heat of 
reaction A/f, for the reaction in question. When this is not known, it can 
in most cases be calculated from known and tabulated thermochemical data 
on heats of formation A//,, or heats of combustion A/Z^ of the individual 
components of the reaction. As a brief reminder consider the reaction 


flA —► rR -f jS 


By convention we define the heat of reaction at temperature T as the heat 
transferred to the reacting system from the surroundings when a moles of A 
disappear to produce r moles of R and s moles of S with the system meas¬ 
ured at the same temperature and pressure before and after the change. Thus 


flA -*■ rR -I- jS, 


A/f. 


r.T 


positive, endothermic 
negative, exothermic 


( 1 ) 


Heats of reaction and temperature. The heat of reaction at 
temperature in terms of the heat of reaction at temperature is found 
by the law of conservation of energy as follows: 


( heat absorbed \ 
during reaction 1 
at temperature 1 

/ 


( heat added 
to reactants 
to change their 
temperature 
from Tj to r. 


/heat absorbed \ /I*®** !^j***? \ 

, / during reaction 1 , /u *^'*'****.^* 

+ I at lempenuure I + | <» bn"! tham [W 


/ 


\ back to Tj 
'from r* 


In terms of enthalpies of reactants and products this becomes 

ilfi ■^l)reactant8 "b (^a '^l)products (3) 

where subscripts 1 and 2 refer to quantities measured at temperatures Ti 
and Fg. In terms of specific heats 

AHrt * AHrt + r' VC, dT 

JTi 


VCn = “f" sC„n — flC, 


>8 


"pA 


where 


( 4 ) 

( 5 ) 
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When the specific heats are functions of temperature as follows, 

+ /^aT’ + 

Qk = aR + iSaF + (6) 

Qs = «s + + ysr* 

we obtain 





(Va + V/?r+ Vyr*) 


dT 


- AH,, + Va(T. - r,) + ^ (T.* - T,>) + S (r.» - T,>) (7) 

where 

Va = ran + sag — aa^ 

V/? = t/Jr + s^s — a/?^ (8) 

Vy = ryu + sys - oyA 


Knowing the heat of reaction at any one temperature and pressure as 
well as the specific heats of the reactants and products in the temperature 
range concerned allows determination of the heat of reaction at any other 
temperature or pressure. From this the heat effects of the reaction can be 
found. 


Equilibrium constants from thermodynamics 

From the second law of thermodynamics, equilibrium constants, hence 
equilibrium compositions of reacting systems, may be calculated. We must 
remember, however, that real systems do not necessarily achieve this 
conversion (see Chapter 3); therefore the conversions calculated from 
thermodynamics are only suggested attainable values. 

As a brief reminder, the standard free energy AF^ for the reaction of 
Eq. 1 at temperature T is 

AF* = rF\ + sF\ - aF\ = -RTln K 



where/is the fugacity of the component at the equilibrium conditions,/® is 
the fugacity of the component at the arbitrarily selected standard state at 
temperature F, the same one used in calculating AF®, F® are the standard 
free energies of the reacting components, tabulated for many compounds, 
and K is th^ thermodynamic equilibrium constant for the reaction. 
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Standard states at given temperature are commonly chosen as follows: 

Gases—Pure component at one atmosphere at which pressure ideal gas 
behavior is closely approximated 
Solid—Pure solid component at unit pressure 
Liquid—Pure liquid at its vapor pressure 
Solute in liquid—1 molar solution 

—Such dilute concentrations that the activity is unity 

Define for convenience 


and 




Vx 


B 


9 




Kn = 


PnPs’ 

Pa' 


r + 5 — fl = An 


( 10 ) 


Now simplified forms of Eq. 9 can be obtained for various systems. For 
gas-phase reactions standard states are usually chosen at a pressure of 1 
atm. At this low pressure the deviation from ideality invariably is small; 
hence fugacity and pressure are identical and/° = = 1 atm. Thus 

K = = 1 atm}-^" = (11) 

The term in braces in this equation and Eq. 13 is always unity but is 
retained to keep the equations dimensionally correct. 

For ideal gases 

A^Pi^Vin^C.RT ( 12 ) 


for any component /. Hence 
and 


K = = 1 atm}-^" = X,7r^"{p° = 1 atm}*"^" 

* X,(RT)^"{p‘’ = 1 atm}""^** (13) 

For a solid component taking part in a reaction, fugacity variations with 
pressure are small and can usually be ignored. Hence 


(^1 


y^/solld component 


* 1 


(14) 


Equilibrium and tamparatura. Now the equilibrium composition, 
as governed by the equilibrium constant, changes with temperature. From 
thermodynamics the rate of this change is given by 


d(ln X) __ AH, 



SINGLE REACTIONS. EQUILIBRIUM CONSTANTS 


207 


This expression shows that for an increase in temperature equilibrium 
yields drop for exothermic reactions, and equilibrium yields rise for endo> 
thermic reactions. Integrating Eq. IS we see precisely how the equilibrium 
constant changes as the temperature changes fVom to T^. When the heat 
of reaction can be considered to be constant in the temperature 
interval considered integration yields 



When the variation of A/f^ is to be accounted for in the integration we have 



i_ 

R 


CTt 

Jti 




dT 


(17) 


In terms of specific heats for the reaction of Eq. 1, the variation of A^^ 
with temperature is given by a special form of Eq. 4, 


AH, = AHrt + J’’ 

JTu 


VC, dr 


(18) 


where subscript 0 refers to the base temperature. With Eq. 17 we obtain 


H In I* = Va In p + ^(7i - T.) + - T,') 

+ (-AH« + V«r„ + ^ T.« + ^ T.*) (1 - 1) (19) 

These expressions allow us to find the variation of the equilibrium constant, 
hence conversion, with temperature. 

The following conclusions may be drawn from thermodynamics. These 
are illustrated in part by Figs. 1 and 2. 



T 


Fi{. I. ERvctoftempcratvr* on equilibrium conversion u predicted by thermodynamics 
(pressure fixed).*" 
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Concentration of reacting materials 
(increase in pressure for gas-phase systems, 
decrease in inerts for all systems) 


Fig. 2. Effect of pressure and inerts on equilibrium conversion as predicted by thermo¬ 
dynamics (temperature fixed). 

1. The thermodynamic equilibrium constant is unaffected by the pressure 
of the system, by the presence or absence of inerts, or by the kinetics of the 
reaction, but it is affected by the temperature of the system. 

2. Though the thermodynamic equilibrium constant is unaffected by 
pressure or inerts, the equilibrium concentration of materials and 
fractional conversion of reactants can be influenced by these variables. 

3. AT > 1 indicates that practically complete conversion is possible and 
that the reaction can be considered to be irreversible. K < 1 indicates that 
reaction will not proceed to any appreciable extent. 

4. For an increase in temperature, equilibrium conversion rises for 
endothermic reactions and drops for exothermic reactions. 

5. For an increase in pressure in gas-phase reactions, conversion rises 
when the number of moles decreases with reaction and drops when the 
number of moles increases with reaction. 

6. A decrease in inerts for all reactions acts in the way that an increase in 
pressure acts for gas-phase reactions. 

Example I 

(а) Between 0 and 100°C determine the equilibrium conversion of A for 
the aqueous-phase reaction 

A " -1744cal/gmmole 

“ — 18,(X)0 cal/gm mole 

Present the result in the form of a plot of conversion versus temperature. 

(б) What restrictions are placed on a reactor operating isothermally if we are 
to obtain fractional conversions of 50% or higher? 

Assume the following standard states of reactants and products, 

C‘b- 


C®A “ 1 mole/liter 
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and ideal solutions, in which case 


Cr/C®!! 


£r 


CJC\ 

In addition, assume specific heats of all solutions equal to that of water. 

Solution, (a) With all specific heats alike, VCp =» 0. Then from Eq. 4 the 
heat of reaction is independent of temperature and is given by 

** —18,000 cal/gm mole (i) 

From Eq. 9 the equilibrium constant at 2S°C is given by 

1744 cal/gm mole 


exp 


(1.98 cal/(gm moleX"K)X298“K) 


= 19 


(ii) 


Since the heat of reaction does not change with temperature, the equilibrium 
constant K at any temperature T is now found from Eq. 16. Thus 


-Jl\ 

R \f 298/ 


which with Eqs. i and ii gives 


, K 18,000/1 

’"i9”T9rv 


i-J.) 

T 298/ 


or 


In K 


9060 


- 27.46 


(Hi) 


Values of In K and K, calculated from Eq. Hi, are shown for lO^’C intervals in 
Table El. From thermodynamics 


K 




1 - 


Hence the fractional conversion at equilibrium is given by 




K 

1 +K 


(iv) 


Table El also gives the values of calculated fronuEq. iv, and Fig. El shows 
the changing equilibrium conversion as a function of temperature in the range 
of0tol00“C. 

(6) From the graph we see that the temperature must stay below STC if 
conversions of 30% or higher are to be obtained. 

Effect of operating temperature level on conversion 


Consider a given feed being processed at isothermal conditions in a plug 
flow, backmix, or batch reactor. Let us see how the operating temperature 
level affects ^he conversion of limiting reactant. 



210 


Ch. 8 TEMPERATURE AND PRESSURE EFFECTS 


Table El 


Selected Temperature 


»c 


— in A. 

from £q. iii 

K 

•"Aa 

from Eq. iv 

5 

278 

5.14 

170.5 

0.9945 

15 

288 

4.0 

54.6 

0.982 

25 

298 

2.94 

18.92 

0.950 

35 

308 

1.94 

6.96 

0.8748 

45 

318 

1.03 

2.80 

0.7370 

55 

328 

0.15 

1.162 

0.5375 

65 

338 

-0.66 

0.517 

0.3406 

75 

348 

-1.44 

0.237 

0.1915 

85 

358 

-2.15 

0.1165 

0.1044 

95 

368 

-2.85 

0.0579 

0.0547 
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Fig. 3. Locus of conversion versus reactor temperature level for irreversible reactions 
occurring isothermally in any kind of reactor, backmix, piug flow, or batch. 

Irreversible reactions. Figure 3 shows the general characteristics 
of the conversion versus temperature-level curve at fixed processing rate; 
hence fixed r. Let us follow this curve. At low temperatures reaction will 
be so slow that conversion is negligible. Now let the temperature level of 
the reactor be raised. Since the rate constant is ordinarily given by 
Arrhenius’ law, 

k = 

and therefore rises exponentially with temperature, a certain temperature 
range is reached where conversion rises rapidly. Here a small rise in 
temperature level will result in practically complete conversion. At high 
conversions the depletion in available reactant will cause the rate to slow 
again. The over-all effect of the rapidly increasing rate constant followed 
by depletion of reactant gives the characteristic steep 5-shaped curve shown 
in Fig. 3. 

Increasing the space time or reactor holding time results in higher 
conversion at a given temperature. The over-all effect is simply a shift of 
the characteristic curve to the left. Since 


T = 



Fao 


this displacement to the left can be obtained by using a larger reactor, a 
higher feed concentration (decreasing inerts), or a smaller processing rate. 
A shift to the right is obtained by decreasing r. 
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Fig. 4. Locus of conversion versus reactor temperature levef for reversible exothermic 
reactions occurring isothermally in any kind of reactor, backmix, plug flow, or batch. 

In gaseous reacting systems the main effect of a pressure increase is to 
raise the concentration of reacting materials, increasing the rate and shifting 
the curve to the left. 

Reversible reactions. Changing the temperature level with reversible 
reactions results in the same characteristic S-shaped curve as that for 
irreversible reactions. However, this curve approaches equilibrium rather 
than 100% conversion. Since the change in equilibrium conversion is 
given by Fig. 1, we then have the curves of Figs. 4 and 5 for this situation. 



Fig. 5. Locus of conversion versus reactor temperature for reversible endothermic 
reactions occurring at isothermal conditions in any kind of reactor, backmix, plug flow, 
or batch. 
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It is interesting to note that with exothermic reactions conversion reaches 
a maximum, decreasing at higher temperature because of the unfavorable 
equilibrium. 

With curves such as those in Figs. 3, 4 and 5, processing rate, tempera¬ 
ture, and other variables for satisfactory or optimum isothermal operations 
can be determined. 


Example 2 

Starting with R-free solution, the reaction of Example 1 is to be effected in a 
plug flow reactor. Feed rate, reactant concentration, and reactor size are such 
that T « 10 min. 

(a) Determine the conversion of A obtained if the reactor is run at room 
temperature, 25 "C. 

(o) Determine the conversion of A obtained if the reactor is run at its maxi¬ 
mum allowable operating temperature, 65**C. 

(c) Find the optimum temperature level of operation and the conversion 
obtained at this condition. 

Kinetic experiments in a batch reactor starting with R-free solution give 79.3 % 
conversion in 19 min at 25°C, 69.1 % conversion in 8 min at 35°C. 

Assume that the reaction is well described by first-order reversible kinetics. 

Solution. Integrate the reactor design equation. For first-order reversible 
reactions in plug flow reactors 



1 

1 


1 

> 

1 

f 

;► 
I o 
« _ 

'^iCa-At^Cr AtJ 

0 1 - XJXj,„ 


From Eq. 3.50 or Eq. 5.19, integration of this equation yields 

' -im^ 

or 

A'a “ (it) 

Calculate the forward rate constant. From the batch kinetic run at 25'‘C, 


noting from Example 1 that Xj^g — 0.95, we find with Eq. i 


k (19 min) = —0.95 In^l — 

0.793\ 

0.95/ 


or 

* 1.298 * 0.09/min 


(iii) 

Similarly for the batch run at 35°C we find 



* 1.308 * 0.1706/min 


(iv) 


The complete form of the rate constant 
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is found by taking the ratio of the ki values, or 


^ 1,896 

^ 1,808 





Solving with Eqs. iii and iv, we And that the activation energy of the forward 
reaction is 

Ex => 11,600 oal/gm mole 

from which the complete forward rate constant is found to be 


/Cj ** (3 X 10^)e“O1.8O0eal/Bni inoleVJlT’ (y) 

Find conversion versus temperature curve. Solving Eqs. ii and v at lO^C 
into^als gives the conversion at various temperatures for r » 10 min. This 
conversion is plotted in Fig. E2, and the details of the calculations are shown 
in Table E2. As expected, this curve rises to a maximum and then drops as 
predicted by Fig. 4. 

(a) From Fig. E2 we find 


Xjx » 0.58, at 25*C 

Hot reaction kinetics is the important factor, and increasing the space time r 
gives a rise in conversion. 




SINGLE REACTIONS. ISOTHERMAL OPERATIONS 


2IS 


TmMm E2 

Selected Temperature 


•c 

“K 

^A. 

from £x. 1. 

ki 

from£q. v 

e-*ir/.rA, 

-^A 

from £q. ii 

5 

278 

0.9945 

0.02218 

0.800 

0.1989 

15 

288 

0.982 

0.0456 

0.6282 

0.365 

23 

298 

0.950 

0.09 

0.3878 

0.582 

35 

308 

0.8748 

0.1706 

0.142 

0.750 

43 

318 

0.7370 

0.311 

0.01468 

0.726 

55 

328 

0.5373 

0.544 

0.00004 

0.5375 

65 

338 

0.3406 

0.926 

- 

0.34 


(b) From Fig. £2 


Xj^ - 0.34, at 6S“C 


Hiis shows that conversion is rather low at the maximum operating temperature. 
Since equilibrium controls here, no improvement in yield is possibfe with change 
in reactor size or feed rate. 

(c) From Fig. £2 the optimum operating temperature and corresponding 
conversion are 

JTa - 0.76 


This example shows that substantial improvements in yield are possible by 
selecting the optimum tonperature of operation. 


Example 3 


Repeat £xample 2 using a backmix reactor in place of a plug flow reactor 
Solution. The design equation for backmix flow is 

Ta kid - XJXj,,) 


which on rearranging gives 

* Xi. + *1T 


(i) 


Using the values of Xj,, and kj from Table £2 and replacing them in £q. i, we 
obtain the values given in Table £3 and plotted in Fig. £2. 

(«) From Fig. £2 we find 

Xj, - 0.46, at 25"C 


{b) From Fig. £2 we find 

Xj, - 0.33, at 65“C 

(c) From Fig. £2 the optimum operating temperature and corresponding 
conversion are ^ 
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The graph shows that as temperature is lowered conversions drop and the 
performances of plug flow and backmix reactors approach each other. At high 
temperatures, when equilibrium detennines the performance, these reactors a& 
act alike. Only at intermediate and close to optimum tonperatures is the 
difference in performance significant. 

Table E3 


Selected Temperature 
- 

“C "K from Eq. i 


5 

278 

0.1814 

IS 

288 

0.313 

25 

298 

0.4622 

35 

308 

0.5788 

45 

318 

0.596 

55 

328 

0.489 

65 

338 

0.3294 


Optirtium temperature progression 

Let us determine the optimum temperature progression to be used, 
optimum in the sense that it maximizes the production rate of a given 
reactor. This optimum may be isothermal or it may be a varying tempera¬ 
ture: in time for a batch reactor, along the length of a plug flow reactor, 
or from reactor to reactor in a series of backmix reactors. 

For irreversible reactions the maximum possible conversion is unaffected 
by temperature, as shown in Fig. 3, whereas, with an Arrhenius temperature 
dependency the rate of reaction rises with temperature. Hence maximum 
production is achieved at the highest allowable operating temperature. 
This maximum temperature is limited by the materials of construction of 
the reactor or by the possible increasing importance of side reactions. 

For reversible endothermic reactions a rise in temperature increases both 
the equilibrium conversion and rate (Fig. 1). Thus, as with irreversible 
reactions, the highest allowable temperature should be used. 

Now consider an exothermic reversible reaction taking place in a plug 
flow reactor, as shown in Fig. 4. An increase in temperature increases the 
rate of forward reaction but, in opposition to this, it decreases the maxi¬ 
mum attainable conversion. Thus near the reactor inlet where the reacting 
fluid is far from equilibrium, it is advantageous to use a high temperature. 
Near the reactor outlet where equilibrium conditions are approached, the 
temperature should be lowered so that the equilibrium will shift to the more 
favorable values of higher conversions. This suggests, and it is generally 
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Fig. 6. Reaction rate as a function of conversion and temperature for reversible exo¬ 
thermic reactions using a given feed material. Dashed line shows the temperature to use 
at each composition for optimum operations. 



Fig. 7. Reaction rate as a function of conversion and temperature for reversible exo¬ 
thermic reactions using a given feed material. Dashed line shows the optimum tem¬ 
perature progression. 



218 


Ch. 8 TEMPERATURE AND PRESSURE EFFECTS 


found to be so for reversible exothermic reactions, that optimum process¬ 
ing is achieved with the use of a varying temperature progression. The 
temperature should be high in the early stages of conversion, decreasing 
as conversion rises. 

To find the optimum temperature progression, and from it the maximum 
production rate, we need to know the entering feed composition and the 
rate of reaction as a function of temperature. From this information the 
rate of reaction as a function of both conversion and temperature may be 
calculated and then plotted as in either Fig. 6 or Fig. 7, whichever is more 
convenient. The dashed lines on these figures indicate the locus of maxi-y 
mum reaction rate at each conversion and thus gives the optimum tempera¬ 
ture profile. By using this rate at each corresponding conversion and 
graphically integrating for batch or plug flow systems, or by using the 
graphical procedure outlined in Chapter 6 for j tanks in series, the maxi¬ 
mum production rate for exothermic leversible reactions can be found. 
The following examples illustrate the procedure. 


Exanriple 4 

Using the optimum temperature progression in a plug flow reactor for the 
reaction of the previous examples, mole/liter, calculate the space time 

required to achieve 76% conversion and find how much production can be 
increased by using this optimum temperature progression over the isothermal 
operating conditions of Example 2. 

Note that the maximum allowable operating temperature is 6S°C. 

Solution. We have the choice of preparing a graph such as Fig. 6 or Fig. 7. 
Now for first-order reactions, reversible or irreversible, the lines of Fig. 6 are 
straight; hence this figure is easy to prepare. Thus we make use of such a plot, 
rather than one like Fig. 7. 


r 


EiCao at Jf** 0 


•»A 


'^^Straight line, (1 - 


0.0 






03 

Xa 
Fig. E4o 


1.0 
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The rate of reaction is 

Now at 

Xj^ s- 0, —■» kiCxo = ki (i) 

and at 

-''A “ 0 (ii) 

These values locate the end points for the —r^ versus Xj^ curve as shown in 
Fig. E4a. These values are given at various temperatures in Table E2 and are 
plotted in Fig. E4/>. From this figure the optimum temperature and correspond¬ 
ing rate are found, as shown by the heavy line of Fig. E46. From this the 
required space time is then found by graphical integration of the design ^nation 

j*o-7e dX^ 

Jo ( A)optliniiin 

From Fig. E4c the value of the integral is found to be 

T 7.71 min 


Thus the ratio of production rates is 

‘’’optimum ( F A.o)optlmum ^ AP.Isothermal 

^toothennal (f^C'A.o/f^Ao)lftothermal f^AO,optimum 
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Aa 0.76 

Fig. E4c 


and the increase in production rate over isothermal operation is 

10—7.71 « 

— =0.297, or 29.7% 

The optimum temperature progression along the length of reactor can be found 
from Fig. E4c with Fig. E4/>. 

Example 5 

Using the optimum temperature in each of two equaUsized backmix reactors 
for the reaction of the previous examples, Ca.o — 1 mole/liter, (a) calculate the 
space time required to achieve 60% conversion; {b) show how much production 
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can be increased over the optimum isothermal operating conditions of a single 
reactor (see Example 3); and (c) give the temperature and conversion that should 
be maintained in each reactor. 

Solution, (a) By trial and error, using the graphical procedure of Fig. 6.9, 
we find from Fig. E5 that the slope of the curve for the two reactors is 

-(rA)o„t ^ 0134 ^ 0.335 gm mole ... 

A'A.out - Xam “ 0.4 (literXmin) a 

But from the backmix reactor design equation for each reactor 

r = ^AoC^^A.out ~ -^A.ln) 

( “^'.Oout 

Combining Eqs. i and ii, noting that Cao = 1 mole/liter, we have for each 
reactor 

T = 3 min 


(6) In terms of total holding time for the two-reactor system 

_ (^AqI^/^Ao)/-! _ ^AO.i-2 _ 22 
T;'=2 (C’ao1'/^ao)j- 2 FA0,i-l 6 

Hence the increase in production over operations in one backmix reactor is 

^ =0.667 or 66.7% 

6 
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(r) From Fig. ES conversions within the two reactors are found. Figure E46 
then gives the corresponding temperatures. Thus, 

in the first reactor Xj^ « 0.42 

T - Arc 

and in the second reactor « 0.60 

T * 42“C 

Heat effects* qualitative discussion 

Transfer of heat with surroundings, is often necessary to bring reactants 
to the desired temperature and to maintain the desired temperature profile 
within the reactor. Now when the heat absorbed or released by reaction 
can change significantly the temperature of the reacting fluids, this heat 
should be considered in design since it can often serve to reduce or even 
eliminate the external heat requirement. 

Let us now examine the interplay between the heat of reaction and the 
external heat load in reactors of different types, both for endothermic and 
exothermic reactions. 

Endothermic reactions. For endothermic reactions temperature 
drops as reaction proceeds. Thus in adiabatic operations a hot reactant 
stream enters and a cool product stream leaves the reactor. Now for a 
favorable equilibrium shift and for high rate (see Fig. S), the temperature 
should be kept high. If it drops so low that the desired conversion 
cannot be achieved, heat should be added to the reacting mixture. In 
these situations the rate of heat transfer is often the rate-controlling factor, 
and design becomes primarily a heat transfer problem. 

Figure 8 illustrates the characteristics of a number of arrangements of 
reactors and heat exchangers. Arrangements such as these are frequently 
encountered in heterogeneous operations. 

Exothermic reactions. As exothermic reactions proceed, heat is 
liberated and the temperature of the reacting mixture rises. When the 
increase in rate resulting from the rise in temperature more than compen¬ 
sates for the drop in rate caused by a decrease in reactant concentration, 
backmix flow of fluids is desirable. 

When enough heat is liberated during reaction to raise the cold 
reactants to a high enough temperature to make the reaction self-sustaining, 
an external supply of heat becomes unnecessary and the reaction is 
appropriately call^ autothermal. Considering the heat liberated as a 
**product" of the reaction, the analogy with autocatalytic reactions of 
Chapter 6 is evident. 

Since too high a temperature may cause an undesirable shift in equi¬ 
librium conversion, it may be advantageous to use a tubular reactor with 
appropriate heat exchange between various parts of the reactor so as to 
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Bypass line W 

for control 
of reaction 




(e> 


Fig. 9. Various reaction schemes for effecting exothermic reactions without use of 
external heat. 


approach more closely the optimum temperature profile calculated earlier 
in the chapter. 

Figure 9 shows a number of setups for exothermic reactions. Figure 9a 
shows that reaction cannot occur to any appreciable extent in an adiabatic 
plug flow reactor because of the very nature of plug flow. Figure 9b shows 
that once ignited a backmix reactor can sustain an autothermal reaction. 

Many schemes can be used to aid in the interchange of heat between hot 
and cold fluid. These are particularly applicable for reversible reactions 
because with proper design the temperature progressions in such reactors 
can be made to approach reasonably closely the optimum desired tempera- 
ture profiles. Figures 9c and d show two such schemes. Figure 9c uses a 
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plug flow reactor and is particularly useful in heterogeneous systems with 
reaction in packed catalyst beds. Figure 9d uses a series of interconnected 
backmix reactors and is the most applicable to liquid-phase reactions. 
Figure 9e shows how the injection of cold feed at several locations can also 
be used to control the termperature progression in the reactor system. The 
most common example of a gas-phase autothermal reaction is the gas flame 
of Fig. 9f. Here convection and molecular conduction serve to heat the 
reactant gases to their ignition temperature. The combustions of solid and 
liquid fuels are other examples of autothermal reactions. 

Heat effects, quantitative treatment 

Since the temp :ure of the reacting fluids changes as a result of heat 
effects, the solution of design problems requires the simultaneous con¬ 
sideration of both the heat and 
materi balance expressions, Eqs. 

4.1 and 4.2, rather than the former 
expression alone, which was the 
starting point of our analyses of the 
isothermal operations of Chapters 5 
and 6. 

Irreversible reactions, adia¬ 
batic operation in backmix re¬ 
actors. Let us start with an 
irreversible reaction occurring adia- 
batically in a backmix reactor as 
shown in Fig. 10. This treatment 
will then be extended to situations 
involving both reversible reactions and heat interchange with surroundings. 

In Chapters 5 and 6 one component, usually the limiting reactant, was 
selected as the basis for all material balance calculations. The same 
procedure is followed here, with limiting reactant A taken as the basis. Let 

Subscripts 1, 2 refer to temperatures of entering and leaving streams 

Cp', Cp' = mean specific heat of unreacted feed stream and of com¬ 
pletely converted product stream per mole of entering 
reactant A 

H', H" = enthalpy of unreacted feed stream and of completely 
converted product stream per mole of entering reactant A. 

AH, ~ heat of reaction per mole of entering reactant A. 

With Ti as the reference temperature on which enthalpies and heats of 
reaction are based we have at conversion Xj^ 


Reactants: 


Ti.X^ 


•Heat released or 
absorbed during 
reaction 


1 ^ 

i 

/ 

j 

iProducts: ^ 

J ■ 





^Insulated, adiabatic 
operations 

Fig. 10. Adiabatic operation of a backmix 
reactor. The reaction is accompanied by 
large enough heat effects to cause tem¬ 
perature changes in the reacting fluid. 
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Enthalpy of entering feed: 

H/ = C/(ri - Ti) « 0 

w 

Enthalpy of leaving stream: 

+ H*'(1 - ^a) = C/(7; - 

+ C;(Tt - TiXl - x^ cal/gm mole A 
Energy absorbed by reaction: 

AHrtA'A cal/gm mole A 

Replacing these quantities in the energy balance, 

Input = Output + Accumulation + Disappearance by reaction 

(4.2) 

we obtain at steady state 


0 = ic,'(r, - + c,'(r, - r,xi - Jrj] + o + 


By rciarntnging. 


( 20 ) 


-AHrt - (Cp" - Cp')(r2 - Ti) 


_ Cp'AT _ 

-AHrt - (Cp" - Cp') AT 


( 21 ) 


or with £q. 18 


X 


A 


Cp*Ar 

-AH^ 


( 22 ) 


which for complete conversion becomes 


-AH,, = C;Ar, for X\ = 1 (23) 

The last form of the equation simply states that the heat released by reac¬ 
tion just balances the heat necessary to raise the reactants from Tj to T^. 

The relation between temperature and conversion as given by the energy 
balances of Eqs. 21 or 22 is shown in Fig. 11. The resulting lines are 
straight for all practical purposes since the variable term in the denominator 
of these equations is relatively small. When Cp" — Cp' = 0, the heat of 
reaction is independent of temperature and Eqs. 21 and 22 reduce to 




CpAT 

-AH, 


(24) 


which is a straight line in Fig. 11. 
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This figure shows the shape of the energy balance curves for both endo¬ 
thermic and exothermic reactions. With increased inerts Cp rises, and these 
curves become more closely vertical. A vertical Hne indicates that tempera¬ 
ture is unchanged as reaction proceeds. This then is the special case of 
isothermal reactions treated in Chapters 5~7. 

Figure 11 also represents the energy balance expression for adiabatic 
operations in plug flow reactors. 

Now the material balance determines the conversion obtained in a 
reactor of given size operated at a fixed temperature and is represented 
graphically by the S-shaped curve on the Xj^ versus T plot of Fig. 3. 

The simultaneous solution of the energy and material balances gives the 
permissible operating states of the reactor. These conditions are the points 
of intersection of the material and energy balance curves. As shown in Fig. 
12, three types of situations may be encountered. In Fig. 12a the heat 
liberated by reaction is insufflcient to raise the temperature to a high enough 
level for the reaction to be self-sustaining. Hence conversion is negligible. 
In Fig. 126 practically complete conversion is obtained; actually more heat 
is available than is required. Figure 12c indicates three solutions to the 
material and energy equations, points M\ M", and M’”. However, point 
M" is an unstable state because with a small rise in temperature the heat 
produced (with the rapidly rising material balance curve) is much greater 
than the heat consumed by the reacting mixture (energy balance curve). 
The excess heat produced will make the temperature rise until point M"' is 
reached. By similar reasoning, if the temperature drops slightly below M", 

Complete conveision 



Fif. II. GraphiG>..reprMtntation of enargy balance equation for adiabatic operation. 
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(b) 



Fig. 12. Three types of solution to the energy and material balances for exothermic 
irreversible reactions. 
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it will continue to drop until point M' is reached. Thus we may look upon 
point M" as the ignition point. If the mixture can be raised above this 
temperature, the reaction will be self-sustaining. Note the similarity with 
the autocatalytic situation illustrated in Fig. 6.10. The study of reactor 
dynamics, stability, and proper start-up procedures is important for all 
auto-induced reactions such as these. 

Though it is a much more complex situation, a gas flame illustrates very 
well the three solutions of Fig. 1 Ic, the unreacted state, the reacted state, 
and the ignition point. 

An important property of autothermal irreversible reactions is that the 
reacted state will usually lie in the region of practically complete conversion 
of limiting component. 

Reversible reactions, adiabatic operations in backmix reactors. 

The only difference from irreversible reactions is that we here use the 
appropriate material balance curve as shown in Fig. 4 or S and And its 
intersection with the energy balance curve. With reversible exothermic 
reactions Fig. 13 shows that an optimum point of intersection exists. Above 
or below this temperature conversion drops; thus good control of heat 
input is essential to satisfactory operation of the reactor. 

Optimum reactor type or reactor combination for adia¬ 
batic operations. If a given feed is reacted under adiabatic conditions, 
every extent of conversion has associated with it a particular temperature 
of fluid given by Eq. 22 and therefore a definite value of reaction rate. 
The forms of the rate-conversion relationship for these varying tempera¬ 
ture conditions are shown in Figs. 14 and 15. 



T 

Fig. 13. Solution of energy and material balances for reversible exothermic reactions. 
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Fig. 14. Where the rate decreases 
progressively with conversion, 
plug flow is the most efficient 
in converting material. 



Fig. IS. Where the rate-conversion 
curve exhibits a maximum, backmix 
followed by plug flow is the most 
efficient in converting material. 


Figure 14 shows a progressive decrease in rate with conversion which 
is representative of ail endothermic reactions (temperature drops with 
conversion) and also the particular exothermic reactions in which, because 
of relatively minor heat release, the rise in rate resulting from the rise in 
temperature is not sufficient to compensate for the drop in rate resulting 
from the lowered reactant concentration. For reactions of this type plug 
flow is always advantageous. 

Figure IS illustrates reactions in which the rate rises to a maximum and 
then falls to zero. This progressive behavior occurs when the rise in rate 
resulting from the rise in temperature more than offsets the drop in rate 
resulting from the consumption of reactants and is representative of 
reversible or irreversible exothermic reactions with sufficiently large heat 
release. For reactions of this type the optimum setup is a backmix unit 
followed by a plug flow unit. The method of treatment to find the opti¬ 
mum size of each unit is analogous to the treatment of autocatalytic 
reactions in Chapter 6. Aris (1962) considers this question of optimization 
in detail. 

Nonadiabatic operations. To obtain the desired intersection of 
the material and energy balance curves at favorable high conversions, it 
may be necessary deliberately to introduce or remove heat from the 
reactor as shown in Fig. 16. If Q equals total heat added to reactor per 
mole of entering reactant A and if we let this heat also include the heat 
losses to surroundings, Eq. 20 becomes 

Q = c;(T, - rjjfi + c,'(r, - ro(i - jrj + ah^ Jrj, 

which on rearrangement gives 

X c;^T-Q 

* -AH,, - (C,” - C,')AT 


( 25 ) 
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Rsactants: 


% 




ICK™ 

Products: 


mm 

n.x„ 


^ ] hMt ad<M, posKiw 


Re actants: 
Ti.JrAo-O 


f 




r-z-r-r-id 

fez-z-z- 



Products: 


T2,X^ 


Fig. 16. Operation of a backmix reactor with addition or removal of heat. 


and for C^" — which is a reasonable approximation. 




C,AT-> Q 
-AH, 


(26) 


Constant addition or removal of heat independent of conversion results in 
a horizontal translation in energy balance line. With heat input pro¬ 
portional to Ar 3= Tg — a rotation in energy balance line is obtained. 
These changes are shown in Fig. 17. Other modes of heat addition or 
removal yield corresponding shifts in the energy balance line. 



Rf. 17. Graphic reprasantation of anargy balanca aquation showing tha shift in adiabatic 
iina as a rasdit of boat axchanga with surroundings. 
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Comments. Figure 11 shows how the location and slope of energy 
balance line can be controlled by heat exchange, addition of inerts, etc. 
Figures 3, 4, and S show how reactor size and feed rate determine the 
location of the material balance curve. Examining the many combinations 
of variables available will show what designs can do a given job satis¬ 
factorily. 

Extensions of these methods to reactor systems other than simple 
backmix have been developed by van Heerden (1953,1958). Exploring the 
design of nonisothermal plug flow systems with various types and 
magnitudes of heat exchange invariably requires use of numerical methods 
for which high-speed computers are particularly suited. These will not be 
considered here. The reader is referred to Corri^n (1956), Smith (1955), 
Walas (1959), and Hougen and Watson (1947) for the development of 
these methods. 

Example 6 

For the reaction of the previous examples determine the hourly heat load 
required to operate, at their optimum conditions, (a) a single backmix reactor 
(b) two equal-sized backmix reactors in series processing 1000 gm moles A/hr. 
The feed enters at the following conditions: 

C^o = 2.5 gm moles A/liter 
T = 15^C 


In both cases the required conversion is = 0.60. 

Solution, (a) Based on a mole of entering limiting reactant A, we have from 
the data of Example 1 


^ / 1000cc \/l000carC\ 

- ( 2:5 - gmi S a^ ) v lOOOcc J°-W)cal/(6mnioteAX“C) 

AHr » —18,000 cal/gm mole A 


The heat load required to operate the single backmix reactor at 42°C, the opti¬ 
mum temperature for 60% conversion (see Example 3), is found by Eq. 26 to be 


Q “ (-^^aKAH,) + C, AT 

« (0.6X-18.000) + (400X42 - 15) 
a 0 cal/gm mole A 


Therefore adiabatic operations should be used. This can be verified by noting 
that in Fig. E6 the energy balance line ACD for adiabatic operation, given by 


A'a 


Cp AT 
-AH, 


(24) 


intersects the material balance line at exactly the optimum point of operations. 
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(3) The heat load to the first of the two reactors should be such that the 
operating temperature is 49°C (see Example 5). Thus Eq. 26 gives 

Q + CpAr 

= (0.42X-18,000) + (400X49 - 15) 

» 6040 cal/gm mole A 
or 

Q = (6040 cal/gm mole A)(1000 gm moles A/hr) 

6 X 10^ cal/hr, added to the first reactor 

The heat load to the second reactor should be such that its temperature is 42'’C. 
Thus from Eq. 26 

Q = (^A.out - ^A.in) AH, + C,(ro„t - Tta) 

= (0.60 - 0.42X-18,000) + (400X42 - 49) 

— —6040 cal/gm mole A 

or Q —6 X 10^ cal/hr, removed from second reactor 

Lines AB and BC of the figure show these quantities graphically. 

MULTIPLE REACTIONS 

As pointed out in the introduction to Chapter 7, in multiple reactions 
both reactor size and product distribution are influenced by the processing 
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conditions. Since the problems of reactor size are no different in principle 
than those for single reactions and are usually less important than the 
problems connected with obtaining the desir^ product material, let us 
consider the latter. 


Reactions in parallel 


If the reactions 



with kinetics 

—Ti = 


(desired product) 


(unwanted product) 
with ki — 


- r, « fca/ 2 (C), with ka = k^- 


have different concentration functions, or fi ^ using appropriate high 
or low concentrations of reactants in the most suitable reactor ^pe will 
maximize the yield of desired product R. These are questions considered in 
Chapter 7. If on the other hand the concentration functions are the same, 
the ratio of R to S formed is influenced neither by reactor type nor by 
reactant concentration, and the only way to change the product ratio is to 
vary the ratio of k values, or rate constants. This is done best by using 
a selective catalyst, however, if one cannot be found, the only other means 
available is to change the temperature of operations. In any case, whether 
the concentration functions are alike or not, the optimum temperature of 
operations should be used. 

Let us examine this temperature dependency. For identical or unchang¬ 
ing concentration functions we have 


dCn _ 
rfCs 


(constant)e^ 


Since this function changes exponentially with a corresponding change in 
temperature, we may conclude that the ratio of R to S produced and 
kjki both rise with an increase in temperature if the activation energy of 
the desired reaction is greater than that of the unwanted reaction. Thus 


if Ex > Ei, use a high T 

if El < Ef, use a low T 


to increase production of R. 
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Reactions in series 


Consider the elementary reactions 

A-^i>R-Xs 

or 

a + b-^r' 

R + 

with an Arrhenius temperature dependency for the rate constants. As 
shown in Chapter 7, the maximum fractional yield of desired product R 
obtainable from any given type of reactor is determined by k^k^. The 
variation of this ratio with temperature is given by 
le If 

'‘2 '‘' 02 ® 

Again if > £3 a rise in temperature will increase kilk 2 . Since large 
kjk^ favors the production of intermediate R, we may conclude 

if £1 ^ £ 2 ’ use a high T 

if £1 < £ 2 , use a low T 

to increase production of R. 

If S is the desired product, a high temperature should be used since this 
will cause both k^ and k^ to increase. 

In general, the economics of the situation will determine the optimum 
temperature of operations. For example, although a lowering in tempera¬ 
ture will favor the formation of R with respect to the formation of S (when 
£^ < £ 2 ), it has the opposite effect of slowing down the rates of both these 
reactions. Thus the optimum temperature of operations is found by 
balancing the increase in reactor cost for lower temperature operations with 
rising profits from increase in yield of product. 

Extensions 


For more complicated stoichiometry, temperature progressions may give 
optimum product yield. Consider for example the reaction 

,S (desired product) 


U (unwanted product) 


T (unwanted product) 
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If Ex > £2 and £3 > £ 4 . high temperatures should be used throughout. 
If £1 < £2 and £3 < £4, low temperatures should be used throughout. If, 
however, £1 > £2 but £3 < £4, high temperatures should be used for the 
decomposition of A but low temperatures should be used for the decom¬ 
position of R. Since A is present at the start in high concentrations 
whereas R reaches a maximum at later stages of reaction, it seems evident 
that the temperature should be high in the early stages of conversion and 
drop as reaction proceeds. Conversely, if Ey < £2 but £3 > £ 4 , the 
temperature should start low, rising as reaction proceeds. 

Denbigh (1958) treats this reaction in two backmix reactors, showing 
with an illustrative example how fractional yield can be more than doubled 
by using different temperatures in the two reactors. 

One interesting point to be mentioned is that if + A :2 > ^3 + for 
ail practical purposes A reacts away completely before R has a chance 
to decompose. Thus with proper size of backmix reactors the first reaction 
may be made to occur almost exclusively in the first of two reactors and 
the second primarily in the second reactor. The difference in temperature 
of the two tanks will be very great and will have a pronounced effect in 
improving yield. If kx + k^ is not very much greater than k^ + k^, the 
reaction cannot be clearly separated among reactors, the difference in 
temperature between tanks will not be great, and the improvement in yield 
will not be very pronounced over isothermal operations. 

Calculation of optimum temperature progression for plug flow or batch 
operations is difficult, though the general pattern of falling or rising 
temperatures can usually be found without too much difficulty from the 
activation energies of the participating reactions. Bilous and Amundson 
(1956) develop the necessary mathematics to treat this type of problem and 
illustrate this with the reaction 


A->-R->S 

with any combination of first- and second-order kinetics. 

Where the kinetics ctf the various participating reactions is not known, 
trial and error with different temperature progressions may result in 
substantial increase in yield of desired product. 

Aris (1961) treats in detail optimization problems of single and multiple 
reactions and gives a survey of the pertinent literature. 
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PROBLEMS 

1. The gases 20 cc A, 40 cc B, and 20 cc C measured at standard conditions 
(32'’F, 1 atm) are forced into a 20-cc ration vessel containing air at standard 
conditions. A, B, and C react according to the following stoichiometric equation 

JA -H IB C 

At 32'’F equilibrium is attained when the pressure in the reaction vessel is 4 atm. 
Find the standard free-energy change at 200 atm and 32°F for the reaction 

2C A + 3B 

Assume that the perfect gas law holds throughout. 

2. At 1000°K and 1-atm pressure substance A'is 2 mole % dissociated 
according to the gas-phase reaction 2A 2B + C. 

(а) Calculate the mole % dissociated at 200°K and 1 atm. 

(б) Calculate the mole % dissociated at 200‘’K and 0.1 atm. 

Data: Average Cp of A = 12 cal/(gm mole)(‘’C) 

Average Cp of B =9 cal/(gm moleK^C) 

Average Cp of C =6 cal/(gm moleX^Q 
At 2S°C and 1 atm 2000 cal are released when 1 mole A is formed from the 
reactants B and C. 

3. Given the gas-phase reaction A ^ B + C. Start with pure A. Suppose 
that 50% of the original A is dissociated at lOOO^K and 10 atm as well as at 
S00°K and 0.1«tm. 
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(а) Calculate the per cent dissociation at 2S0°K and 1 atm. 

(б) Calculate the per cent dissociation at ISO’K and 0.01 atm. 

Da/a: Average C, of A >■« 12 cal/(gm moleX°C) 

Average C, of B — 7 cal/(gm moleX°C) 

Average C, of C * 5 cal/(gm moleX®C) 

4. Given the gas-phase reaction 2A B + C. Start with 1 mole A and 
2 moles B in 5 moles inert gas. Suppose that at 1000°IC and 10 atm 66.7 % of 
original A is dissociated and at SOO^K and 0.1 atm 50 % of original A is dissociated. 

(a) Calculate the per cent dissociation at 250°K and 1 atm. 

(b) Calculate the per cent dissociation at 250°K and 0.01 atm. 

(c) Find for the reaction A ^B + |C at 250“K and 1 atm. 

(d) Find AF° for the reaction 2A ^ B -I- C at 250®K and 0.01 atm. 

(e) Find A/f^ 2 B 8 fo*” the reaction 2A B + C. 

Da/a: Average C, of A =7 cal/(gm moleX“C) 

Average C, of B =9 cal/(gm moleX®C) 

Average C, of C =5 cal/(gm moleX°C) 

5. At 1000®K and 1-atm pressure substance A is 2 mole % dissociated 
according to the following reaction 

2A 2B + C 

(a) Calculate the mole % dissociated at 200®K and 1 atm. 

(b) Calculate the mole % dissociated at 200®K and 0.1 atm. 

Da/a: Average Cp of A = 8 cal/(gm moleX°C) 

Average Cp of B =8 cal/(gm moleX°C) 

Average Cp of C — 8 cal/(gm moleX'’C) 

At 2S°C and 1 atm 2000 cal are released when 1 mole A is formed from the 
reactants B and C. 

6. Given the following gas-phase reaction 

A ?=* B -i- C, A/f,. 298 = 1000 cal/gm mole 

Start with 1 mole A in 4^ moles inert gas and suppose that 50% of the original 
A is dissociated at 1000°K and 100-atm total pressure. 

(a) Find AF“ at 500®K and 1 atm. 

(b) Find AF® at 500®K and 0.01 atm. 

(c) Find the per cent A dissociated at 500°K and 1 atm. 

(<0 Find the per cent A dissociated at 500®K and 0.01 atm. 

Da/a: 

Critical ValuM 


Substance 

Average Cp, cal/(gm moleX°C) 


P* 

A 

13 

1000 

100 

B 

8 


so 

C 

5 
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Assume that the system is an ideal solution: 

A - „b.u»» - sa' 

The last quantity is given by the Newton charts which may be found in most 
thermodynamics texts for chemical engineers. 

7. Which reaction rate is more greatly influenced by a given change in 
(a) temperature, (J>) total pressure? 

Ikua: Both are gas-phase reactions with rates at 1028’‘C given by 

— 2.8 X 10*Ca'. measured in cgs units 
Tg ■> 4.1 X measured in British units with time in hours 

8. The homogeneous gas-phase reaction A + B R -I- S yields 40% con¬ 
version of A in a given plug flow reactor when equimolar quantities of reactants 
are fed into the reactor at 2 atm and 2S°C. 

(a) At what temperature level should this reactor be operated so as to maximim 
conversion of reactant? Find this conversion. 

(b) At this optimum temperature would it be possible to lower the pressure 
to slightly below atmospheric without drop in conversion? Such a change 
is desirable since possible leaks in the system would then not result in 
contamination of the atmosphere or loss in reactants. 

Data: For the reaction as written and at 2S‘’C 

HHr » 1800 cal 
AF» »0 

Possible operating temperatures are between 0°C and S00°C, in which rangp 

CpA = 8 cal/(gm moleX'’C) 

CpB * 10 cal/(gm moleX“C) 

CpR = 7 cal/(gm moleX'’C) 

C,s - 5 cal/(gm moleX^C) 

Assume the usual Arrhenius temperature dependency of the rate. 

9. When operated isothermally at its optimum temperature the plug flow 
reactor of Example 2 yields 76% conversion of A to R. 

(a) What conversion is possible if the optimum temperature progression is 
maintained through the reactor? 

(b) Prepare a plot showing the temperature at 10% distance intervals through 
the reactor. 

Note that the maximum allowable temperature is 65 "C and the space time 
remains unchanged at 10 min. 

10. Three equal-sized backmix reactors in series are available to process 
reactant of the examples in this chapter. 

(a) If the sjMoe time for the fliree-reactor system is 10 min, calculate the 
temperatures that should be maintained in each of these reactors in order 
to maxintijM the conversion of A to R. Find this conversion. 
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(6) If the number of backmix reactors is increased indefinitely, keeping 
T » 10 min, what should the resulting conversion be? 

11. Example 66 shows that the heat added to the first reactor equals exactly 
the heat removed from the second realtor, suggesting that the necessary heat 
interchange can be made between reacting streams without heat interchange 
with surroundings. 

(а) Sketch one such scheme using countercurrent heat exchange among fluid 
streams flowing to or from the reactors (no heating or cooling coils 
within reactors). With U — 50 Btu/(hr)(ft* exchanger surfaceX“F), find 
the size and number of exchangers needed. 

(б) Repeat part a with the following modifications. Heat exchange is 
accomplished by passing the appropriate fluid streams through heating 
coils inunersed in the backmix reactors. Use the same value for the 
over-all heat transfer coefficient U. 

12. The aqueous-phase reactions 

A +B-^R +T 

R +B-^S -l-T 

proceed with second-order kinetics. Find the optimum temperature of operation 
of a plug flow reactor, and find the corresponding maximum fractional yield of 
R obtainable, based on the amount of A consumed. R is the desired product, 
and any temperature level between 5 and 65°C may be used. 

Data: Equimolar quantities of A and B are mixed and allowed to react in 
beakers at different temperatures. When all B is consumed, analysis shows that 
75 % A has reacted at 25‘’C, 60% A has reacted at 45‘’C. 

13. The aqueous-phase reaction 



with elementary kinetics where 

ki - 

A, » 107e-40oo/r 

A* = 

is to be run in two backmix reactors in series anywhere between 10 and 90°C. 
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(a) If both reactors are to be kept at the same temperature, what should that 
temperature be for maximum fractional yield desired product S? Find 
this fractional yield. 

(h) If the reactors may be kq)t at different temperatures, what should these 
temperatures be for maximum fractional yield of S? Find this fractional 
yield. 

(c) For part h, what should the relative sizes of the two reactors be— 
approximately equal, first one lar^r, or first one smaller? 
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We have thus far restricted ourselves to the design of flow reactors in 
which flow followed one of two very speciflc idealized patterns, plug flow 
or backmix flow. Though real reactors never fully satisfy these require¬ 
ments, a large number of designs so closely approximate these ideals that 
we can with negligible error consider them to be ideal. In other cases 
deviation from ideality can be considerable. This deviation can be caused 
by the channeling of fluid through the vessel, by the recycling of fluid within 
the vessel, or by the existence of stagnant regions of pockets of fluid in the 
vessel. Figure 1 shows a number of situations in which these nonideal flow 
patterns are likely to occur. 

In all types of process equipment, such as shell and tube or flnned-tube 
heat exchangers, packed absorption columns or chemical reactors chan¬ 
neling of fluid or the existence of stagnant pockets are to be guarded 
against since they always result in decrease in performance. Recycle flow 
is usually undesirable too, the exception to this rule being certain complex 
reactions and most autocatalytic and autothermal reactions. 

The problems of nonideal flow are intimately tied to those of scale-up 
because the question of whether to pilot-plant or not rests in large part on 
whether we have knowledge of all the major variables involved in the 
process. If we do, there is no reason to pilot-plant. Often the factor that 
is uncontrolled in the design of chemical reactors is the magnitude of the 
nonideality of flow, and unfortunately this factor very often differs mddy 
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two-phase operations 



Fig. I. Nonideai flow patterns which may exist in process equipment. 


between large and small units. Therefore ignoring this factor may lead to 
gross errors in design. 

In reality the flow of fluids is never ideal. 

In this chapter we hope to consider enough about nonideal flow to 
acquire an intuitive feel for the magnitude of this phenomenon in re¬ 
actors of various types, to know whether or not it has to be treated,and, 
when it does have to be treated, to approach its solution in a rational 
manner consistent with present-day knowledge of the subject. 


RESIDENCE TIME DISTRIBUTION OF FLUID IN VESSELS 

To predict the exact behavior of a vessel as a chemical reactor we must 
know what is happening in it. We must at least know how the fluid is 
pasung through the vessel. And how can this be found ? There is only one 
way, and that is to tag and follow each and every molecule as it passes 
throu^ the. vessel. This can be done essentially by having a complete 
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velocity distribution picture of the fluid within the vessel. Though flne in 
principle, the attendant complexities make it impractical to use this 
approach. 

Since we must set aside our goal of attaining complete knowledge about 
the system, let us be less ambitious and ask how we can describe the flow 
characteristics of fluid in a vessel adequately enough to yield information 
useful in the design of nonideal reactors. The approach is to find cut how 
long individual molecules stay in the vessel. This information on the 
distribution of ages of molecules in the exit stream or the distribution of 
residence times of molecules within the vessel can be found easily and 
directly by a widely used experimental technique, the stimulus-response 
technique. This information can then be used in one of two ways to account 
for the nonideal flow behavior of fluid in a chemical flow reactor. We take 
up these questions in turn. 

In developing the “language" for the treatment of nonideal flow [see 
Danckwerts (19S3)], consider the steady-state flow, without reaction and 
without density change, of a single fluid through a vessel. Recalling for this 
situation that 

V 

i = r = ^ holding time 

3= mean residence time 
S3 space time 

we can define a dimensionless variable which measures time in units of 
mean residence time or holding time. This we call reduced time, or 

= reduced time (dimensionless) (1) 

I, th« internal age distribution function for a fluid in a vessel 

It is evident that in general different elements of fluid following different 
flow paths will take different periods of time to pass through the vessel. Let 
us at any instant record the distribution of ages of the fluid within the 
vessel as shown in Fig. 2, where the age of an element of fluid is measured 
from the time it enters the vessel. The symbol I is a measure of the distribu¬ 
tion of ages of the fluid in the vessel defined in such a way that IdBis the 
fraction of the material with age between 0 and 0 + (ffl. Since the sum of 
all the fractions of the material in the vessel is unity, this sum must also 
be the total area under the I versus d curve. Thus 
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Fraction of vessel contents 
younger than 


Internal age distribution; 
slope is never positive, total 
area under curve is unity 


Fig. 2. A typical internal age distribution. 


The fraction of the vessel’s contents younger than age is the shaded area 
of Fig. 2, or 



The fraction of the vessel’s contents older than 6^ is 



E, the exit age distribution function of fluid leaving a vessel or the 
residence time distribution of fluid in a vessel 


In a manner similar to the internal age distribution function, let £ be the 
measure of the distribution of ages of all elements of the fluid stream leaving 
a vessel. Thus E is a measure of the distribution of residence times of the 
fluid within the vessel. Again the ags is measured from the time the fluid 
elements enter the vessel. Let E be defined in such a way that E dd is the 
fraction of material in the exit stream with age between 6 and 0 + dO, 
Referring to Fig. 3, we find the area under the E versus 0 curve to be 

J*E dd = 1 

The fraction of material in the exit stream younger than age Og is 



whereas the fraction of material older than fig* shaded area of Fig. 3, is 




Ed0 
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Fig. 3. A typical exit age distribution or distribution of residence times of fluid in vessel. 



Fig. 4. Stimulus response techniques commonly used in the study of the behavior of 
systems. 
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Experimental methods 

Since we plan to study nonideal flow reactors by means of the internal 
and exit age distribution functions, we should like to know how these 
functions can be found. Such measurements cannot be made directly, so 
we must resort to one of a number of experimental techniques, all of which 
may be classed as stimulus-response techniques. In all such experimenta¬ 
tion we do something to the system and then see how the system reacts or 
responds to this stimulus. Analyzing the response gives the desired infor¬ 
mation about the syston. This is a method of experimentation widely used 
in science. 

In our problem the stimulus can well be a tracer input signal to the vessel, 
the response signal being the recording of tracer leaving the vessel. Any 
type of tracer input signal may be used— a. random signal, a cyclic signal, 
a step or discontinuous signal, a pulse or discontinuous signal. Input 
signals of these types and typical response curves are shown in Fig. 4. 
For convenience, for ease of analysis, and because of the close similarity 
in shape between the output signal and the age distribution functions 
desired, only the last two modes of injection of tracer will be considered. 

The F curve 

With no tracer initially present in the entering fluid stream, let a step 
or jump tracer signal of concentration Cq be imposed on the fluid stream 
entering the vessel. Then the concentration-time curve at the vessel out¬ 
let, measuring tracer concentration in terms of inlet tracer concentration 
and measuring time in reduced units, is called the F curve. As shown in 
Fig. S the F curve rises from 0 to 1. 



F 

Fig. 5. Typical downstream si|nal. called the F curve, as a response to an upstream step 
Input signal. 
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Fig. 6. Typical downstream signal, called the C curve, as a response to an upstream 
delta*function tracer input signal. 


The C curve 

The curve that describes the concentration-time function of tracer in 
the exit stream of a vessel in response to an idealized instantaneous or 
pulse tracer injection is called the C curve. Such an input is often called a 
delta-function input. As with the F curve, dimensionless coordinates are 
chosen. Concentrations are measured in terms of the initial concentration 
of injected tracer, Q, if it is evenly distributed throughout the vessel, and 
time is measured in reduced units. With this choice the area under the 
C curve is always unity; hence 

Too Too ^ ^00 ■* Tflo 

C d0 = — da = 1 where Co * C d0 = - C dt (2) 

Jo Jo Cq Jo i Jo 

A typical C curve is shown in Fig. 6. 

Relation among the F, C, I, and E curves in closed vessels 

Let us find the relation among F, C, I, and E in a closed vessel, the 
closed vessel being defined as one in which material passes in and out by 
bulk flow only. Thus diffusion or dispersion is absent at entrance and exit 
so that we do not, for example, have material moving upstream and out of 
the vessel entrance by swirls or eddies. 

Consider steady-state flow of fluid through a vessel and a step function 
of tracer introduced into the fluid entering the vessel. Suppose that the 
tracer is simply a second fluid introduced into the vessel at time / » 0 in 
place of the original flowing fluid. Then at any time r or 0 > 0 a material 
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balaroe for the vessel gives 

( rate of\ /rate of\ /rate of tracerX 
tracer I = | tracer | + j accumulation I 
input / \output/ \within vessel / 



or in symbols 


+ 


d ■ 

■/volume of\ 

/fraction of second\~ 

dt . 

\vesscl / 

\fluid in vessel /_ 



sec sec 




sec 


Dividing by v and noting that Vfv ^ i and dtfi = we have 

1 =F + I 

Also noting that at time 0 


( fraction of \ /fraction of iluidX 
second fluid | = | in exit stream j 
in exit stream/ \younger than 6 j 

we have 



Similarly for a pulse tracer input we can show that 

C = E 


(3) 

(4) 


(5) 

( 6 ) 


These expressions suffice to interrelate the F, C, I, and E functions at 
any time B. Thus in summary 


F + 1= 1 
C » E 

F s 1 ~ I = \Ede= I C dB (7) 

Jo Jo 

C = E = ~=- — 
dB dB 

These relation^ps show how stimulus-response experiments, using either 
step or pulse inputs, can conveniently give the a^ distribution of both the 
vessel contents and the fluid at the vessel outlet. 
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distribution functions may be expressed in ordinary time units 
rather than in dimensionless time units. They will be designated by E(/) 
and 1(0. With this definition, E(0 dt becomes the fraction of material in 
the exit stream with age between t and t + d/, and we have 



I = /!(/), E = /E(0, 

with 1 E(/) dt = 

and 


Jo 

rl(0 = 1 - f^Eiodt or 

w 

11 

1 

S-& 

and 

JO 

A 


id = t, with t = 

V r® 

- *= /e = fE(f) dt 

V Jo 


Figure 7 illustrates graphically the shapes of these curves for various 
flow conditions. 

Mean and variance of a distribution 


Associated with every age distribution y = fix) are two sets of param< 
eters called the moments of the distribution. The kth moment about the 
origin, Ar = 0, 1, 2 ,..., is defined by 



and the A:th moment about the mean or centroid u of the distribution, 
=s 0,1, 2 ,..., is defined by 



Af* 



The interesting property of the moments of a distribution is that they 
completely define the distribution; hence they can be used to conapare 
distributions without comparing the actual curves themselves. 

Two mopients will be used frequently in this chapter; therefore we 
consider them briefly. The first moment about the origin, commonly called 
the mean or centroid of the distribution, is the location parameter of the 
distribution and is defined as 
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If the continuous distribution function is measured only at a number of 
equidistant points, then 


^ 2 av/(a;.) Aa; ^ J, xjiz^) 

2/(®i)Aa: 2/(»,) 


( 10 ) 


The second moment about the mean, commonly called the variance, 
measures the spread of the distribution about the mean and is equivalent to 
the square of the radius of gyration of the distribution. It is defined for a 
continuous distribution as 


oS M, = ^ - 


fi)y(x) dx 


f 


( 11 ) 


/(*) dx 


Again for measurements at a number of equidistant points this equation 
becomes in its equivalent forms 

, ^ ^^ff{x,)^x ^ „ 

^f{x^)^x 2/(*i) 

When applied to the C, £, and 1 curves the denominators of many of these 
expressions, such as JE dd and A0, are unity, in which case the expres¬ 
sions simplify somewhat. For example, in its various forms the mean age 
of material within a vessel is 


01 = 

* iOi * 

Jo 


ei<(e=.2^ = TMAfl 

21 

’rI«)</( = |^ = 2'I«)A( 


(13) 


The mean age of the exit stream is 


Of 


6 e = 6 c =* 1 


t = iE = ic 


=r 

■’0 


BEdd 


r£(0dt 


The variance of the £ or C distribution is 


y E ^ 

2^^»«2/e(oa/ 

im ^ 


(14) 


2E 


CH* 


O* = [“(e - 1)»E dd « I *0*1 dB - 1 

Jo Jq 

=-2;0*EA0-1 

ff* = f*a* J*(f - dt * J*t*l(t) dt - f* 


( 15 ) 
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We must keep in mind that tli«se relationships have been shown to hold 
only for closed vessels. Where movement into or out of vessels can take 
place in ways other than by bulk flow, we usually have 


i 


V 

— # /C /e 

V 


This fact is pointed out in Eqs. 23, 24, and 25 for a particular flow model. 

Methods of using age distribution information 

Tracer information is used either directly or in conjunction with flow 
models to predict performance of real flow reactors, the method used 
depending in large part on whether the reactor can be considered a linear 
system or whether it must be treated as a nonlinear system. 

Linear and nonlinear processes. A process is linear if any change 
in stimulus results in a corresponding proportional change in response. 
Symbolically 


A(response) _ d(response) 
A(stimulus) ^(stimulus) 



constant 


or integrating 

(response) Ari(stimulus) + 


Processes that do not satisfy these conditions are not linear processes. 

Linear processes have the following highly desirable property. If a 
number of independent linear processes are occurring simultaneously in a 
system, their over-all effect is also a linear process. In addition, the over-all 
effect of these individual linear processes occurring simultaneously in a 
system can be analyzed by studying each of the processes separately. This 
property of additivity does not extend to nonlinear processes. Hence 
nonlinear systems must be studied **in the total situation,” and their 
over-all behavior cannot be predicted by knowledge of each of the con¬ 
tributing processes. Because of this property solutions to problems 
involving linear processes are relatively simple and are of wide generality. 
On the other hand solutions for nonlinear processes are much more difficult 
and are specific to each problem. 

Linear systema without flow models. If the tracer has no unusual 
activity (adsorption at walls, disappearance by reaction), but simply passes 
through the vessel with the rest of the fluid, the stimulus-response experi¬ 
ment at steady state is linear in concentration. This linearity can be 
recognized if we note that the relationship between stimulus Q and 
response C can be expressed in dimensionless form in the C and F curves; 
thus C/C« iejadependent of concentration. 
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Fig. 8. Both models give identical tracer response signals and therefore act alike for 
reactions with linear rate equations but act differently for reactions with rates nonlinear 
in concentration. 


Now by the additivity property of linear processes stimulus response 
information should be sufficient to account for the behavior of the nonideal 
flow vessel as a chemical reactor as long as the reaction rate is also linear 
in concentration. Reactions that fall into this category have defining rate 
equations of the general form 


“ ^l(Qv ^2) — ^3 

From the physical standpoint can never be negative; therefore we 
must restrict and to positive values. Thus the only reactions that 
can be used are of the form 


—— ^l(^A — ^ 2 ) — ^l^A “■ ^3> ^2» ^8 ^ ® (1*^) 

This restriction rules out zero-order reactions. Therefore for reactions with 
rate given by Eq. 17 we can say 

( tracer \ /kinetic data \ /behavior 

information | -f 1 for reaction | -♦ I vessel as 

for vessel / 1 with rate linear I \reactor 

\in concentration/ 

The main use of this method is with first-order reactions, both irreversible 
(k^ = 0) and reversible (k^ > 0). 

Nonlinear systems widi flow models. Unfortunately if the reaction 
occurring is not of the form of Eq. 17, and is therefore nonlinear, conver¬ 
sion cannot be found using age distribution information directly. To 
illustrate this point consider the two models of a flow reactor shown in 
Fig. 8. They both have identical tracer response curves and cannot be 
distinguished by tracer experiments. For reactions with the rate linear in 
concentration, however, it is not necessary to know which is the true 
flow pattern because both give identical conversions (see Problem 6.5). 
On the other hand, since conversions will differ in these two systrais for 
nonlinear reactions (see Problem 6.7), the flow pattern which actually exists 
must be known before predictions of performance can be made. 
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In the absence of the needed point-to-point information the approach 
taken in finding conversions in nonlinear systems is to hypothesize what 
we consider to be reasonable models for the behavior of the fluid in the 
vessel and then calculate conversions on the basis of such postulated 
behavior. Naturally the closeness of predicted conversion to actual 
conversion will depend on how well the model mirrors reality. 

Linear systems with flow nnodels. In addition to predicting 
conversions in nonlinear reaction systems, flow models are often used to 
predict conversions in linear systems. This seemingly roundabout 
procedure is used because the parameters of these models often correlate 
with the variables of the system, such as Reynolds number, Schmidt 
number, etc. Such correlations can then be used to predict conversions 
without resorting to any experimentation. Such is the case with packed bed 
and tubular reactors. We take up the approach using models after 
considering the direct use of tracer data. 

Example I 

The concentration readings in Table El represent a continuous response to a 
delta-function input into a closed vessel which is to be used as a chemical reactor. 
Tabulate the £(/) and E values; also plot the E distribution. 

Table El 

Tracer Concentration, 


Time t, min 

gm/ft^ fluid 

0 

0 

5 

3 

10 

5 

15 

5 

20 

4 

25 

2 

30 

1 

35 

0 


Solution. The area under the concentration versus time curve, 

SC Ar - (3 + 5 + 5 -b 4 + 2 + 1)5 
= 100(gmXmin)/ft^ 

gives the total amount of tracer added in the pulse input. To find E(/) this area 
must be unity; hence the concentration readings must each be divided by 
SC ^t, giving 


m 


SC A/ 
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Fig. El 


This expression ran be obtained directly by combining Eqs. 2, 


7 , and 


Thus we have 
/, min 


E(/)-€(»)=.— 

f Cq 

0 S 10 
0 0.03 0.05 


c 



EC Ar 



15 

20 

25 

0.05 

0.04 

0.02 


To obtain E, change r to 0 and E(/) to E. But to do this we first need 
residence time in the vessel which is given by Eq. 10 as 


From the tabulated data 


t 


'LtC 

i:c 


(5 X 3) + (10 X 5) 4- • • + (1 X 30) 300 

3+5+5+4+2 + 1 “20 


IS min 


Hence from Eq. 8 the necessary conversions are 


and we find 


0 



IS 


E « /E(/) = 1SE(/) 


ISC 

SCAr 


0 

E 


0 J i 1 t 
0 0.45 0.75 0.75 o.m 


.5 

n 

0 30 


18 to give 

30 

0.01 

the mean 


2 

O.IS 


Figure El is a plot of this distribution. 
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ExampI* 2 

Tabulate and plot the internal age distribution I for the fluid in a vessel with 
flow characteristics of Example 1. 

Solution. By writing Eq. 7 for measuranents at a discrete number of points, 
I at any time can be found. Thus 

I - 1 -jEde = 1 -SEA0 

Table E2 and Fig. E2 show the details of t|^ summation which is done by the 


trapezoidal rule. 

Table E2 



Area Present in the Inter¬ 

Summing 

to0, 


val between / — 1 and i. 



» I = 

/ 0, E, 

SE AO . 1 - SE AO 


0 

0 

0 

0 


0 

1 


1 


0.45 + 0 

1 



1 

3 

0.45 

2 • 

- * 0.075 

0.075 

0.925 


2 


0.75 + 0.45 

1 



2 

3 

0.75 

2 

- = 0.200 

0.275 

0.725 




0.75 + 0.75 

1 



3 

1 

0.75 

2 

- = 0.250 

0.525 

0.475 


4 


0.60 + 0.75 

1 



4 

3 

0.60 

2 

3=0.225 

0.750 

0.250 


5 


0.30 + 0.60 

1 



5 

3 

0.30 

2 

- = 0.150 

0.900 

0.100 




0.15 + 0.30 

1 



6 

2 

0.15 

2 

5=0.075 

0.975 

0.025 


7 


0 + 0.15 

1 



7 


0 


- = 0.025 

1.000 

0 


3 


2 

3 




CONVERSION DIRECTLY FROM TRACER INFORMATION 

* 

Linear process. A variety of flow patterns can give the same tracer 
output curve. For linear processes, however, these all result in the same 
conversion._^Consequently in such processes we may use any flow pattern 




258 


Ch. 9 NONtDEAL HX>W 


V 




we wish to determine conversions, as long as the pattern selected gives the 
same tracer response curve as the real reactor. The pattern invariably 
selected assumes that each element of fluid passes through the vessel with 
no intermixing with adjacent elements, the age distribution of material in 
the exit stream telling how long each of these individual elements have 
remained within the reactor. Thus for reactant A in the exit stream 


/mean concentration 
I of reactant leaving 
\the reactor unreacted 


or in symbols 


ion \ 

ving I = > 

cted/ 


all 
elementa 
of exit 
stream 


I 

C 


/concentration of\ 
I reactant remaining \ 
I in an element of I 
age between t I 

and t + dt j 


CjJE{t)dt 


^fraction of exit\ 
stream which 
consists of 
elements of age 
between t and 

k/ + dt 


( 18 ) 
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For first-order reactions with rate —a= kC^ and no density change 

In ^ or Ci = Ci^-« 

,« '^AO 

Hence £q. 18 becomes 



For the reaction with general form 0 linear rate equation —r^ = 
— Atj), > 0, and no density change, 

In gA - ^ or Ci - «-‘>‘(Ca„ - fc,) + fc, (20) 

^AO ” "S 

Replacing in £q. 18 we obtain 

Ct. = M +. k,]E(I) dt (21) 

Jo 

Because we know E(r) from the experimentally determined F or C curves 
and have the kinetic information for the reaction in question, we can 
determine graphically or numerically from these equations the conversion 
in the nonideal reactor for reactions with linear rate equations. 

Nonlinear processes. For reactions with nonlinear rate equations 
conversions cannot be calculated ^th tracer information alone. With 
Eq. 18, however, we can always calculate one of the two bounds, upper or 
lower, to the conversion in a given system. Now from Chapter 6 we may 
recall that when the flow pattern of fluid through a given reactor system is 
such that the reactant concentration stays as high as possible, conversions 
are highest for orders greater than unity but conversions are lowest for 
orders smaller than unity, zero order excluded. Since Eq. 18 assumes no 
intermixing of fluid elements, hence concentration of reactants as high as 
possible, it yields the upper bound to conversions for reactions with order 
greater than unity but yields the lower bound to conversions for reaction 
orders smaller than unity. 

To calculate the other bound in each of these cases requires a rather 
involved treatment including definition of additional distribution functions 
concerning the life expectation of molecules already within the vessel. 
This problem is discussed in Chapter 10. 

Example 3 * 

The ve»el of Example 1 is to be used as a reactor for a liquid<phase decom¬ 
position with rate 

- -rj, - kC^, k - 0.307 min"' 
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Find the fraction of reactant unconverted in the real reactor and compare this 
with the fraction unconverted in a plug flow reactor of the same size. For both 
reactors use the space time of Example 1. 


Solution. 

reactors 


With negligible density change we have from Example 1 for both 

T s f SB IS min 


For the plug flow reactor Svith e a o 


- r* _ 

‘•j. 


1 

c* k Cj, 


or 


Ca 

* ^(0.307X16) g-4.t SB 0.01 

^AO 


Thus the fraction of reactant unconverted in a plug flow reactor equals 1.0%. 
For the real reactor the fraction unconverted, given by Eq. 19, is found as 
shown in Table E3. 

Table E3 


t 

E(/) 

kt 

g-kt 

e-*<E(0 A/ 

5 

0.03 

1.53 

0.2154 

(0.2154X0.03)5 - 0.0323 

10 

0.05 

3.07 

0.0464 

0.0116 

IS 

0.05 

4.60 

0.0100 

0.0025 

20 

0.04 

6.14 

0.0021 

0.0004 

25 

0.02 

7.68 

0.0005 

0.0001 

30 

0.01 

9.21 

0.0001 

0 


L<--*‘E(/) ^t = 0.0469 

Hence the fraction of reactant unconverted in the real reactor, C^/C^o* equals 
4.7%. From the table we see that the unconverted material comes in most part 
from the early portion of the E(0 curve. This suggests that channeling and 
short-circuiting can seriously hinder attempts to achieve high conversion in 
reactors. 


MODELS FOR NONIDEAL FLOW 

Many types of models can be used to characterize nonideal flow patterns 
within vessels. Soma draw on the analogy between mixing in actual flow 
and a diffusional process. These are called dispersion models. Others 
visualize various flow regions connected in series or parallel. These are 
called mixed models. Some models are useful in accounting for the dem- 
tion of real systems, such as tubular vessels or packed beds, from plug flow; 
others describe the (kviation of real stirred tanks from the ideal of backmix 
flow. 

Models vary in complexity. For example, one-parameter inodcb 
adequately represent packed or tubular vessels. On the other hand. 
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two- to six-parameter models have been proposed to represent fluidized 
beds. 

We first take up the dispersion model, then the tanks in series model. 
These adequately characterize flow in tubular and packed-bed reactors. 
This discussion is followed by one of mixed models which are used for 
reactors of all other types. 


DISPERSION MODEL (DISPERSED PLUG FLOW) 


Consider the plug flow of a fluid, on top of which is superimposed some 
degree of backmixing or intermixing, the magnitude of which is independ¬ 
ent of position within the vessel. This condition implies that there exist 
no stagnant pockets and no gross bypassing or short-circuiting of fluid in 
the vessel. This is called the dispersed plug flow model; for brevity we 
simply call it the dispersion model. Figure 9 shows the conditions 
visualized. Note that with varying intensities of turbulence or intermixing 
performance for this model should range from plug flow at one extreme to 
backmix flow at the other. As a result the reactor volume required for the 
real reactor will lie between those calculated for plug and backmix flow. 

We approach the problem of finding the equipment size for dispersed 
flow by calculating the size based on ideal plug flow and then making a 
correction to account for non ideality, or 


where 


/correction^ 
\factor / 


/correction \ - 

\factor J 


intensity of fluid mixing, 
reactor geometry, 
reaction rate 


The first question posed is how to characterize quantitatively a mixing 
process in which elements of fluid overtake, slip by, or mix with one 
another to give a nonuniform residence time of fluid in the vessel. What 
parameter measures the magnitude of fluid backmixing in this situation? 


FM velocity 
profile j 


Fluctuations may be due 



Plug flow 

Rg. 9. JtepreMaeetien of Um dispenkm (diepersed plug Row) 
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To answer this let us digress briefly to a discussion of diflusional pheno¬ 
mena. 

Many observed macroscopic'or large-scale phenomena have an under¬ 
lying mechanism which involves numerous fluctuations of small magnitude 
whose individual occurrences are unpredictable. We may at first expect 
that treatment of such phenomena is not possible. If these unpredictable 
tiny fluctuations are repeated a few times, however, an over-all pattern of 
behavior begins to emerge. As the number of occurrences of these tiny 
fluctuations increases, this pattern becomes sharper, aiid with it description 
and prediction of the over-all phenomenon become more and more exact. 
We say that these tiny fluctuations are statistical in nature. The treatment 
and explanation of such phenomena are one of the two cornerstones of 
physical science and, in fact, provide an understanding of why the second 
law of thermodynamics holds. It is only with such phenomena that we can 
tell the direction of time. Examples of such phenomena are conductive heat 
transfer and diffusion of matter, because the elementary mechanism in both 
involves the many collisions of individual molecules. 

Now returning to the dispersion model, the mixing process involves a 
shuffling or redistribution of material either by slippage or eddies, and if 
this occurs a considerable number of times in the vessel, we can consider 
these disturbances to be statistical in nature, and therefore we may apply 
the equations for other statistical phenomena such as conductive heat 
transfer or molecular diffusion to this situation. For convenience let us 
use the latter. Now the molecular diffusion process in the z direction is 
well represented in most cases by Pick’s law of diffusion, 

dt 


where the coefficient of molecular diffusion, is a parameter which 
uniquely characterizes the diffusional process. In an analogous manner we 
may consider a dispersion model for backmixing of fluid flowing in the 
X direction, which is also well represented by Pick’s law of diffusion. 
Hence with a uniform intensity of Itockmixing 


ac 

dt 



( 22 ) 


where the parameter Z>, which we call the longitudinal or axial dispersion 
coefficient, uniquely characterized the degree of backmixing during flow. 
We use the terms “longitudinal” and “axial” because we wish to dis¬ 
tinguish mixing in the direction of flow from mixing in the lateral or 
radial direction, which is not our primary concern. These two may be 
quite different in magnitude. For example, in streamline flow of fluids 
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throu^ pipes, axial mixing is mainly due to fluid velodty gradients whereas 
radial mixing is due to molecular diffusion alone. 

Because the elementary proce^ on whiqh this model and its mathe¬ 
matical representation, £q. 22, is based is viewed to be statistical in nature, 
hen^ usually taking place in relatively small regions of the leactor, this 
model usually represents quite satisfactorily flow that deviates not too 
greatly from plug flow. Real reactors of this type are packed-bed reactors 
and tubular reactors (long ones if flow is streamline). 

Fitting the dispersion model to the reel reactor 

C curve. For a pulse or step tracer input into fluid in a dispersed plug 
flow, solution of Eq. 22 gives a family of C or F curves with the intensity 
of dispersion as the parameter. Actually the parameter which correctly 
characterizes the role played by dispersion is a dimensionless group 
DjuL which is called the vessel or reactor dispersion number. It varies 
from zero for plug flow to infinity for backmix flow and is the reciprocal 
of the axial Peclet number for mass transfer. Figures 10 and 11 show the 
general shape of these curves. 

To characterize flow in a real vessel we need to select from the family 
of theoretical curves the curve that most closely fits the experimental C 
or F curve. From the D/uL of this fitted curve the behavior of the vessel 
as a reactor can then be predicted. Figure 10 shows that as DjuL rises the 
spread of the corresponding C curve, and therefore its variance, also 
increases. Variances of distribution are easy to calculate; therefore 
equating variances is probably the most convenient way of selecting a 
theoretical C curve to match an experimental C curve. The precise 
relationship between DjuL and variance of theoretical C curve, found by 
Levenspiel and Smith (1957) and Van der Laan (1958), depends (m the end 
conditions of the vessels. For those setups most frequently encountered in 
experimentation these relationships are as follows, 

Closed vessels. A closed vessel, shown in Fig. 12, is a finite vessel of 
length L, with tracer input at the vessel entrance and the output curve 
measured at the vessel outlet. We visualize that no material moves into or 
out of the vessel by dispersion (Z) = 0 at these points), and that entrance 
and exit effects are negligible (D is constant throughout the vessel). For the 
C curve in a closed vessel we find in dimensionless time units 

.. ^ = 1 
f V 

and 

/« uL \uLI 

Figures IQ.and 11 represent the tracer curves for closed vessels. 


( 23 ) 
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Fig. 10. C curves in closed vessels for various extents of backmixing as predicted by the 
dispersion model. 



Fig. 11. F curves in closed vessels for various extents of backmixing as predicted by the 
dispersion model. 
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Fig. 12. Determination of dispersion in a ciosed vessel. 


Open vessels. An open vessel, shown in Fig. 13, is essentially a vessel 
with no discontinuity in type of flow at the point of tracer injection or at 
the point of tracer measurement. The experimental section is simply a 
section of length L of the infinite vessel. For the C curve in an open vessel 
we find in dimensionless time units 


and 



(24) 


Open~closed vessels. The third case considered is shown in Fig. 14. 
It is the combination of the first two in which no dispersion occurs at 


<- L -H 



Fig. 13. Determination of dispersion in an open vessei. 



Tracer input 
signal 


Tracer output 
signal 


Tracer input 
signal 


Tracer output 
signal 


FIf. 14. Determination of dispersion in a closed-open and in an open-closed system. 

either the tracer injection or recording point but not both. Here the 
C curve may be characterized by 

9e.4-l+- 

t uL 


f* uL \uL/ 


Small DjuL. For small deviations from plug flow, frequently en¬ 
countered in real reactors, the C curves for all vessel end conditions ap¬ 
proach each other, being well approximated by the normal, error, or 
Gaussian distribution: 


r. C 1 

C = — = — -■ - exp 
Co l^ir^DluL) 

for which the mean and variance are 


r (i-OT 

L 4(D/ttL)J 




a* = 2 — 


When DfuL < 0.01 the maximum error in this approximation for all 
vessels is less than 5(D/uL) or 

5% when ~ = 0.01 
uL 


0.5%. when — 
uL 


0.001 


FITTING THE DISPERSION HODEU C CURVE 


Exampl* 4 

On tht assumption that the vessel of Example 1, pg. 2SS, is well represented 
by the dispersion model, calculate the vessel dispersion number DjuL. 

Solution. The variance of a continuous distribution measured at a finite 
number of equidistant locations is given by Eq. 12 as 

• (^<) __ • Saggy(^<) __ r ]Sgf/(a;^) '1[* 

* S/(®<) ^ “ S/(X,) [s/(x*)j 

Using the original tracer concentration time data given in Example 1, we find 
S/(x<)=SC, =34-5+5+4+2 + l-20 

JlxJiXi) = = (5 X 3) + (10 X 5) + • ■ ■ + (30 X 1) - 300 

Zxi^fiXi) = 'Lu^Ci = (25 X 3) + (100 X 5) + • • • + (900 X 1) - 5450 
Therefore 




, 0*2 475 

" /* (15)* 


0.211 


Alterrutely, from the dimensionless distribution E versus 6 of Example 1 we 
find from ]^. 12 or 15 

20«E (i X 0.45) + (# X 0.75) + • •• + (4 x 0.15) 

“ £E * “ 0.45 + 0.75 + 0.75 + 0.6 + 0.3 + 0.15 * 

« 0.211 

Now for a closed vessel we have from Eq. 23 

Ignoring the second term on the right, we have as a first approximation 

w 0.106 


Correcting for the term ignored we find by trial and error 

^ - 0.120 

uL 


Examplu 5. Infinite Pipe, F curve 

Von Rosenb(»g (1956) studied the displaconent of benzene by n-butyrate in 
a i|-in.>diameter pecked column 4 ft km^. The fraction of n-butyrate in the 
exit stream was determined 1^ refractive index measurements. Wten plotted. 
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Fig. ESo. From von Rosenberg (1956). 


the curve of time versus fraction n-butyrate was found to be S-shaped. For the 
run at the lowest flow rate, the velocity u « 2.19 x 10~^ ft/sec, which is about 
2 ft/day. The F curve is shown in Fig. E5<z. 

Find the vessel dispersion number for this system. 

Solution. Instead of finding the C curve by taking the slopes of the F curve 
and then determining the spread of this curve, let us illustrate a short cut which 
can be used when D/mL is small. 

When DluL is small the C curve approaches the normal curve of Eq. 26. 
When this is so the corresponding F curve, when plotted on probability paper, 
lies on a straight line. Plotting tte original F-curve data on probability paper 
does actually result in an approximately straight line, as shown in Fig. E56. 



Rg. ESb. From.Levenaplel and Smith (I9S7). 
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To find the variance, consequently the value of DfuL, from a probability 
graph is a simple matter if we observe the following property of a normal curve: 
that one standard deviation o on either side of the mean of the curve includes 
68% of the total area under the curve. Hence the 16th and 84th percentile 
points of the F curve are two standard deviations apart. The 84th percentile 
intersects the straight line through the data at 187,750 sec and the 16th percen¬ 
tile intersects it at 178,530 sec, so the difference, 9200 sec, is taken as the 
value of two standard deviations. Thus the standard deviation is 


Of ■« 4600 sec 


We need this standard deviation in dimensionless time units if we are to find D. 
Therefore 


./2.19 X 10~® ft/sec\ 

^ ^ at -= (4600 sec) I-- '■— I * 0,0252 


Hence the variance 
and from Eq. 26 


(x* » (0.0252)« = 0.00064 
D o* 

^ 0.00032 

uL 2 


Note that the value of DjuL is well below 0.01, justifying the use of the normal 
approximation to the C curve and this whole procedure. 

Frequonqr response. Techniques other than the pulse or step 
tracer inputs can be used to investigate the dispersion model. Frequency 
response is one such technique. Here the phase lag and attenuation of a 
sinusoidal input signal as it passes through a vessel give the desired 
information on DfuL (see Fig. IS). Kramers and Alberda (19S3) develop 
this method and show how it is used for closed vessels . 



Fig. 15. Datarmination of dispanion in a closad vassal by maans of sinusoidal tracar 
injaccion. » 
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Fig. 16. Sketd) of open-ended vessel showing location of dispersion meuuring equipment. 

Any "on«-shot** tracer input. With a delta-function tracer input 
measurements need be taken at only one downstream point. From the 
resulting C curve DjuL can be found in a straightforward manner. 

Obviously it is impossible to introduce tracer instantaneously but this 
limitation is not too serious if we can approximate the delta-function input 
fairly closely. Unfortunately in many cases this is often not practical, and 
the best we can do is not good enough. Most of the difficulty stems from 
the requirement that we add sufficient tracer to obtain reasonable C-curve 
readings, for the addition of these large amounts of tracer’in a very short 
time can cause disturbances in flow patterns with spreading of tracer into 
the surrounding fluid by eddies. 

When the inputs are far from ideal, in fact for any “one-shot” tracer 
input, we can still find D/wL by taking tracer readings at two downstream 
points. All that we need is the difference in variances of the concentration¬ 
time curves at these two points; 

This variance difference in dimensionless units is related to DjuL. For this 
procedure the location and shape of the tracer input signal need not be 
known. 

Open vessels. For the open-ended vessel, shown in Fig. 16, the simple 
relationship given by Aris (1959), 

(27) 

r uL 

holds exactly, L and I referring to the region between the two measuring 
points. 
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Open-closed or closed vessels. For the three cases shown schematically 
in Fij^ 17, the relation between the variances and the dispersion number is 
given by Bischoff (1960) as 

Ao* * Aa,* = 2^+ + Ae~^LiD ^ 

(28) 

Again L is the distance between the two measuring points, with the second 
point always located at the closed end of the vessel. 

For most situations in which the di^rsion model is applicable DfuL 
is veiy much smaller than unity, in which caes the second term of Eq. 28 
is small with respect to the first term and may be neglected. Thus the sim{^ 
expression of Eq. 27 which exactly characterizes the open-^nded vessel 
becomes a good approximation for all the other vessel types. The magni¬ 
tude of this approximation is seen by noting that when D/uL =» 0.1, 
0.01, 0.001, the error in using Eq. 27 instead of Eq. 28 is about 25%, 
2.5%, and 0.25%. 

Because this method does not restrict tracer input to delta functions, it 
is a powerful generalization which should be useful in experimentation. 
The following example illustrates the calculation procedure. 



L -H 





— 1 “ 

Input 

Rf. 17. Sketch«f open-closed end closed vessels showing location of dispersion measuring 
equipment. 
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Example 6 


The vessel dispersion number is to be found in a fwed>bed reactor packed 
with ^in. catalyst pellets. For this purpose tra^ experiments are run in 
equipment shown in Fig. E6. 



Catalyst is laid down in a haphazard 
manner above a screen to a height of 6 ft 
in a vertical tube. Fluid flows downward 
through the packing, tracer is injected 
directly above the bkl, and the output 
signals are recorded both at the screen and 
at the center of the bed. 

(a) The following data apply to a specific 
experimental run. Bed porosity »0.4, 
superficial velocity of fluid (based on an 
empty tube) = 0.04 ft/sec, and variances 
of output signals within and at the exit 
of the bed are found to be (ot\ » 62 
sec* and (a**)^ = 87 sec*. Find DfuL. 

(b) What error would be incurred if 
(he calculation were based on the assump* 
tion of an open-ended (or section of infin¬ 
ite) vessel. 

(c) Repeat part a for (<r,*), - 39 sec* and 
“ 64 sec*. 

Assume that dispersion is absent at the 
packed-bed outlet. 


Solution, (a) As the phwical setup corresponds to the open-closed vessel. 
Eq. 28 applies. Thus r r 


Aa,» » - (<7,*)i - 87 - 62 - 25 sec* 

and in dimensionless terms 


Ao* 



(25 sec*) 


0 04 ft/sec" 
(3ftX0.4) 



36 


Next DfuL is found from Eq. 28. As an approximation, ienorine the second 
term of Eq. 28, we find 

£ 1 

uL^ 2 “72 


With this value for DjuL, the term ignored becomes 


a 


e-iuLiD + 4^~uLiD + 4 ^ e-uLiD _ 5^ 



-0.000965 
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whidi amounts to 3.3% of Therefore the corrected value of DjuL is 


£-(1)0.035)-0.0144 


ib) For the open-ended vessel Eq. 27 holds. This gives a value of DfuL 
which is about is% in error. 

(c) For (or**)i «* 39 sec* and (a**)* = 64 sec® we find 


A(T<* - 64 - 39 = 25 sec* 

which is identical with part a. Hence the solution is identical with that of part a. 

Disporsion in a series of nonideai vessels. Dispersion character¬ 
istics of a vessel consisting of a number of regions in succession can be 
determined. Unavoidably, analysis is rather involved; however, when 
deviation from plug flow is small, we can use a relatively simple treatment 
based on the assumption that no dispersion occurs between flow regimes. 
For all practical purposes this assumption is satisfied if DjuL < 0.01 for 
each region of the vessel. 

Consider a vessel consisting of j distinct flow regimes satisfying this 
assumption. From the additive properties of means and variances of 
independent distributions we have 

i 

foversll = fi + fg + ■ ‘ ’ + = 2 f» 

and (29) 

(<7**)overalI = *)i + + * ' ’ + = 2 

t = i 

In a system consisting of a number of different flow regimes the disper¬ 
sion characteristics of any one section can be found if the dispersion 
characteristics of all other sections are known, as well as that of the system 
as a whole. The method consists of the straightforward application of 
Eqs. 29 (see Fig. 18). 



signal 


signal 


Fig. 16. Dispersion determination in one of a series of j vessels or J settions of an over-all 
system. 
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This may be a useful technique to apply when it is impractical or 
inconvenient to introduce tracer directly at the entrance of the experi¬ 
mental section or when the tracer output signal cannot be measured at the 
outlet of the experimental section. 

Experimantal findings on intensity of fluid mixing 


The dispersed plug flow model satisfactorily describes the real flow of 
fluids in tubular vessels under certain conditions as well as in packed beds. 
Experimental findings for such vessels show that the intensity of dispersion 
measured by Dfud correlates well with the fluid and dynamic properties 
of the system. In the range of conditions usually of interest Fig. 19 is the 
correlation for packed beds and Figs. 20 and 21 are the correlations for 
tubular vessds. Note that in the streamline flow of fluids molecular 
diffusion plays a strong role; in addition, when the condition shown in Fig. 
20 does not hold (pipe is not long enough), then the dispersion model is 
not a good description of streamline flow in pipes. More extended correla¬ 
tions are given by Bischoff and Levenspiel (1962). 

No general correlations such as these are available at present for vessels 
other than packed beds and tubular vessels. 

The vessel or reactor dispersion number is calculated from the intensity 
of dispersion, found from the charts, and the geometric factor for the 

reactor. Thus ^ m / . \ 

^ __ /intensity of j /geometncj 

uL~' \ dispersion/ \ factor / 
ud L 

where d is the characteristic length used in the charts. 

Chemical reaction and dispersion 

All previous discussion has led to the measure of dispersion by a dimen¬ 
sionless group DjuL. Let us now see how this is used to determine con¬ 
version by reaction. 

Consider a steady-state-flow chemical reactor of length L through which 
fluid is flowing with a constant velocity «, and in which material is mixing 
axially with a dispersion coefficient D. Let the reaction be of the t^ 

A -► products 

with a reaction rate given by the nth-order reaction: 




V dt 
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Rc ■ dpUp/n 


Fig. 19. Experimental findings on dispersion of fluids flowing with mean axial velocity u 
in packed beds; prepared in part from Bischoff (1961). 



Fig. 20. Correlation for dispersion of fluids in streamline flow in pipes, from Levenspiei 
(1958). 
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Re at dtup/n 


Pi{. 21. Correlation for the dispersion of fluids flowing in pipes, adapted from Levenspiel 
(1958). 

By referring to the elementary section of reactor as shown'in Fig. 22, the 
basic material balance for any reaction component 

Input =a Output + + Accumulation (4.1) 

becomes for component A 

{0»t-inW^ + (Out- to)^ + + Accumulation - 0 

(30) 
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Fi(. 22. Variables for a closed vessel in which reaction and dispersion are occurring. 



Note that the difference between this material balance and that made for 
the ideal reactors of Chapter S is the inclusion of two extra terms, the 
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1-Xa=Ca/Cao 

Ftg. 23. Comparison of real and plug flow reactors for the first-order reaction oA products, assuming negligible 
expansion; from Levenspiei and Bischoff (1959, 1961). 
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dispersion terms, because material enters and leaves the differential section 
not only by bulk flow but by dispersion as well. Entering all these terms in 
]^. 30 and dividing by S A/ gives 


y (^A.OUt ~~ C'A.tp) __ 

A/ 



+ (-rj « 0 


Now the basic limiting process of calculus states that for any quantity Q 
which is a continuous function of / 


lim „ lim M 

/j Ai'^0 A/ dl 

So taking limits as A/ -> 0 we obtain 

u^- D^ + kC^’‘~0 {31a) 

dl dP 

In dimensionless form, by letting z » //L be the fractional length of reactor 
measured from the reactor entrance and letting r = / Lju = Vjv, this 
expression becomes 

R. ^ _ IctCj,” = 0 (316) 

uL dz^ dz 

or in terms of fractional conversion 


+ krCli'il - X*)” - 0 (31c) 

uL dz* dz 

We see that the fractional conversion of reactant A in its passage through 
the reactor is governed by three dimensionless groups, a reaction rate 
group the dispersion group />/«L, and the reaction order n. 

First-order reaction. Equation 31 has been solved analytically by 
Wehner and Wilhelm (1956) for first-order reactions. For vessels with any 
kind of entrance and exit conditions the solution is 


^AO 

4a exp 

Y — 

(--) 

\2 D / 



(1 - a)* exp 1 

' a uL\ 

. id) 

where 

a = ^1 + Akr^DjuL) 




Figure 23 is a graphical representation of these results in useful form, 
prepared by-combining Eqs. 32 and 5.12, and allows comparison of 
reactor sizes for plug and dispersed plug flow. 
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X .. I_I_/I 1 J I i/^i_/ I I / I 

0.01 0.1 1 


I-J^a'Ca/Cao 

Fig. 24. Comparison of reai and plug flow reactors for the second-order reactions 

A + B -*> products, C^o = Cg, 

2A -*■ products 

assuming negligible expansion; from Levenspiei and Bischoff (1959, 1961). 


For small deviations from plug flow, or for small D\uL^ the comparison 
between real and plug flow reactors is as follows. For identical conversions 
in both reactors the size ratio becomes 


jL 

L. 


r=l+lfcr.^-l + 

uL 


M* 


(33) 


-p ' p • p 

For identical reactor size the ratio of reactant unconverted becomes 


Cj^p uL 


(34) 


Second-order reactions. Figure 24 is the graphical representation 
of the solution of Eq. 31 for second-order reactions in closed vessels. It is 
used in a manner similar to the chart for first-order reactions. 
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Extensions. To estimate reactor performance for reactions of order 
diflferent from one and two we may extrapolate or interpolate between 
Figs. 23 and 24. Alternately, the charts prepared by Fan and Bailie (1960) 
can be used. Note that backmixing does not affect performance for zero- 
order reactions. 

For multiple reactions of the consecutive type we do not at present have a * 
simple graphical representation of the effects of dispersion on product 
distribution and reactor size. Tichacek (1960) presents equations account¬ 
ing for this effect and shows that for systems which deviate slightly from 
plug flow, say for DfuL < O.OS, the fractional decrease in the maximum 
amount of intermediate formed is closely approximated by the value of 
DfuL itself. 

Where density changes produced by molar expansion are important, we 
may approximate this effect by considering it to be a multiplicative factor 
which can be dealt with by using Fig. 6.1. 

Of the three reactor types generally used in industry, tubular, packed 
bed, and fluidized bed, only the first two exhibit marked nonisothermal 
behavior which need be considered in design. For these two reactor types 
the dispersion model, using axial and radial dispersion of both matter and 
heat, is the best way we now have for approximating the real situation. 
Bischoff and Levenspiel (1962) present and evaluate the various dispersion 
models which may be used here. They also present general correlations for 
axial and radial dispersion of matter in both packed beds and tubular 
reactors. Correlations foTthe radial and axial dispersion of heat in packed 
beds are given respectively in Yagi et al. (1961) and Kunii and Smith (1961). 
Additional discussions of the general problem are given by Froment (1959). 

Example 7 

Redo Example 3 on the assumption that the dispersion model is a good 
representation of flow in the reactor. Compare the calculated conversion by the 
two methods and comment. 

Solution. Matching the experimentally found variance with that of the 
dispersion model, we find from Example 4 



Conversion in the real reactor is found from Fig. 23. Thus moving along the 
kr (0.307X13) » 4.6 line frtmi C/Cq -> 0.01 to DjuL ■> 0.12, we md that the 
fraction of reactant unconvoted is approximately 

^-0.035, or 3.5% 

Figure E7 shows that except for a long tail the dispersion model curve has tm 
the most parra greater central tendmey than the actual curve. Cht the oAer 
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hand, the actual curve has more short-lived material leaving the vessel. As this 
contributes most to the reactant remaining unconverted, the finding 


is expected. 


(!■) “ (; 


X^o/actual \ 

o/digperdoB 


model 


TANKS IN SERIES MODEL 


The tanks in series model is an alternate approach to the dispersion 
model for dealing ^ith small deviations from plug flow. In this model we 
assume that the actual reactor can be represented by a series of j equal¬ 
sized backmix flow vessels. The output C curve for this model is somewhat 
similar to Fig. 10 of the dispersion model and can be shown to be 


with mean 
and variance 


E = C 


Co a - 1)! 

0c = 1 



(35) 

(36) 

(37) 


From experimental variance measurements j can be found. Then per¬ 
formance of the real reactor can be found from Figs. 6 and 7 of Chapter 6. 

Deans and Lapidus (1960) have extended the backmix reactors in series 
approach to handle the problem of nonisothermal nonideal flow in 
packed bed reactors. Their model uses a two-dimensional networ)c of 
difierent-sized backmix reactors in jflace of the three-dimensional real 
reactor, and because concentration changes from tank to tank occur in 
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discrete fashion, this model is claimed to be especially suited to the use of 
bigb-speed digital computers. 

Comparison of tanks in series and dispersion models 

As the dispersion model assumes a repeating random process, we would 
expect the two models to become identical for large j. This is so. But 
since the elementary processes visualized for these two models differ 
SiOmewhat in that fluid cannot move upstream from tank to tank but can 
move upstream by dispersion, the C curves for these two models should 
differ more and more in shape with increasing deviation from plug flow. 
This also is so. 

The correspondence between these two models is not clear-cut. Match¬ 
ing calculated variances gives 

- e-”"®) (38) 

J uL \uL/ 

However, because the C curves differ in shape at fixed the conversion 
predictions of these two models also differ. Figure 25 shows that the two 



Fig. 2S. Wiys of comparing the unks in scrios and dispersion models; adapted from 
Levensplel (19828). 
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methods of comparison, equality of variance and equality in performance 
as a reactor, vary increasingly with rise in reaction order and conversion. 

The criterion we use in comparing models depends on the purpose of 
the comparison. Inasmuch as the purpose is primarily to compare 
performance of vessels as reactors, it is better to equate conversions 
rather than variances. 

Example 8 

Redo Example 3, assuming that the tanks in series model is a good representa¬ 
tion of flow in the reactor. Compare the calculated conversion for this model 
with that of the dispersion model (3.S % fiuin Example 7) and the direct method 
(4.7% from Example 3). 

Solution. From the data we find (see Example 4) 

= 0.211 


Matching variances we find from Eq. 37 

.1 1 
^ “ a* *0.211 


4.76 


Thus the real reactor behaves as a system of 4.76 equal-sized backmix reactors in 
series. Conversion for such a system is then given by Fig. 6.6 or can be calculated 
by Eq. 6.6. Thus for kr — (0.307KI5) = 4.6 we find that the fraction uncon¬ 
verted is 

_ = 0.040 * 4.0% 

C-o 

The explanation for this low value when compared to the direct-method value 
of 4.7 % is identical to that given for the lower dispersion model value of 3.5 % 
(see Example 7). 

The difference between the tanks in series and dispersion model values is 
explained both by the difference in C-curve shapes and by the uncertainty in 
reading the conversion in Fig. 23. 


MIXEb MODELS 

When the gross flow pattern of fluid deviates greatly from plug flow 
because of channeling or recirculation of fluid, eddies in odd corners, etc., 
the dispersion model or the tanks in series model cannot satisfactorily 
characterize flow in the reactor. This type of flow can be four:-! in in¬ 
dustrial stirred-tank reactors and in fluidized-bed reactors. In these 
situations it is probably the most fruitful to consider the real reactor as 
consisting of interconnected flow regions with various modes of flow 
between and around these regions. Models such as these are called mixed 
models. 

The following kinds of regions are used in the construction of mixed 
models: plug flow regions, backmix flow regions, dispersed plug flow 
regions, deadwater regions. 
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The last mentioned region accounts for the portion of fluid in the vessel 
which is relatively slow moving and, for all practical purposes, stagnant. 
There are two ways to deal with deadwater regions: to assume their 
contents to be completely stagnant or to view a slow interchange of their 
contents with the fluid passing through the vessel. In the first approach 
the treatment is quite simple; the second approach more closely approxi¬ 
mates real situations but requires rather involved analyses [see Adler and 
Hovorka (1961)]. We shall consider only this first approach. 

In attempting to represent flow in a real vessel by mixed models con¬ 
taining completely stagnant fluid, we meet with difliculties. For example, 
the existence of completely stagnant fluid cannot be reconciled with the 
assumption of steady-state flow through the vessel. Again, with this 
definition the mean age of the vessel contents would not be useful in 
matching models because, even if a deadwater region consisted of only 
one molecule, the calculated mean age of the vessel contents would still 
be infinite. 

The following definition of deadwater regions from Levenspiel (1962a) 
overcomes these difficulties while still maintaining a concept of these 
regions which is useful in matching models with real situations; 

In a vessel the deadwater regions are the relatively slow moving portions of 
the fluid which we chose to consider to be completely stagnant. Deadwater 
regions contribute to .the vessel volume; however, we ignore these regions in 
determining the various age distributions. 

The cutoff point in residence time between what we chose to consider 
as active fluid and what we choose to consider as stagnant fluid depends on 
the accuracy of predictions of vessel performance. In most cases material 
that stays in a vessel twice the mean residence time can, with negligible 
error, be taken as stagnant. As a case in point, consider Example 3. If 
wc take 1..5f as the cutoff point, 15% of the fluid is involved (see Example 
2); however, the error that results from ignoring this 15% of the fluid 
amounts to 0.0001 /0.0469, or less than 0.3 % of the predicted conversion. 

In addition to these regimes, mixed models may use the following kinds 
of flow; 

Bypass flow, where a portion of the fluid bypasses the vessel or a par¬ 
ticular flow region. ^ 

Recycle flow, where a portion of the fluid leaving the vessel or leaving a 
flow region is recirculated and returned to mix with fresh fluid. 

Cross flow, where interchange but no net flow of fluid occurs between 
different flow regions. 

With these as the components of mixed models the problem is thvii to 
find the volumes of the various regions and the rate of euch type of flow 
occurring «uch that the response curves of the model match as closely as 
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Fluid in active 
flow, Va 


~fdc —Model for vessel 


Very slow flow, 
ignored in devising 
model 


/W Vd 1^ 

> ‘'d! y ! —Volum 


'-Volume considered 

-to be completely 


stagnant 



Fig. 26. Particular features of age distribution curves for mixed models which include 
deadwoter regi^-ns; adapted from Levenspiel (1P62o, 1963). 


possible the response curves for the real vessel. The following suggestions 
may be helpful in this search. 

Existence of deadweter regions. Select a reasonable cutoff point, 
say 0 = 2, and find the mean of the C curve up to that point. If no 
deadwater regions are present, then 

measured fc , 

Oc = ' 1 

VIv 

If deadwater regions are present, then 

Oc < 1 


The fraction of vessel consisting of deadwater regions is given by the 
deviation of 6c from unity. Hence 

K. u K 

V 


B.jsjm- 

I VIv 


JH 

V 


= — • — or 


= 1 - Oc 


(39) 
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Alternatively the area under the I curve will give Figure 26 summarizes 
these results. 

Existence of bypass flow. In bypass flow we may look at the 
incoming fluid as splitting into two parallel streams, the fraction passing 
through the vessel being v^, the fraction bypassing it instantaneously 
being v^. Figure 27 shows characteristics of typical response curves when 
bypass flow occurs. From the rapid initial drop in the I curve, from the 
shift in mean value for the main portion of the £ curve, or from the area of 
the main portion of the E curve, the magnitude of such short-circuiting can 




$ 

Fig. 27, Particular faaturas of ago distribution curves for modeis which include bypass 
flow; fromXcvenspiel (1962a). 
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be estimated. Probably the role of bypass flow can be evaluated more 
easily from F or I curves than from the C or £ curves. 

Regions in series. For flow regions 1, 2,... connected in series 
the mean age of vessel contents is 

^n~p + (^Ei + ^h) "J" + ^2 + ^ra)"p + ■ * * (40) 

whereas the mean age of fluid in the exit stream is 

/’e = + ^e2 + ’ *' (41) 

Here Kj, F 2 ,... refer only to the active volumes 
V refers to the total vessel volume 

fj. f 2 * • • • to the separately measured mean times for the flow 
regions 1,2,.... 

Regions in parallel. For flow regions 1,2,... connected in parallel 
the mean age of vessel contents is 


h = ^11 -y 4 * ^12 y - 


whereas the mean age of fluid in the exit stream is 


— 


+ K2 + • • 


(42) 


(43) 


Number of parameters in a model. The number of parameters 
used in a model is an indication of its flexibility in fitting a wide variety of 
situations and in addition suggests to some extent die complexity of the 
accompanying mathematics. With more and more parameters, the models 
are able to fit wider variety of conditions. We must, however, balance this 
gain against the unwieldiness of the accompanying mathematics as well as 
the possibility that such a model may have very little correspondence with 
fact. The latter is a serious objection because an unrealistic many- 
parameter model may closely fit all present data '*after the fact,” but may 
be quite unreliable for prediction in new untried situations. Hence, in 
fitting a real situation, we shoulu aim for the simplest model which fits the 
facts and whose various regions are suggested by the real vessel. Then the 
parameters of the model have physical meaning and may be predicted by 
independent methods. This question is of concern in fitting models to 
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fluidized beds. The tanks-in-series and dispersion models are one- 
parameter models. In general, the number of parameters in a mixed model 
is 


Number of 
parameters 



flow regions in 
excess of one 



flow paths in 
excess of one 



zones of 
cross flow 


) 


+ 



flow regions 
with dispersion 



arbitrary restrictions^ 
on flow, volume, etc./ ^ ' 


Figure 28 illustrates some simple mixed models and their tracer response 
curves. In these models and stand for the volume of backmix, 

plug flow, and deadwater regions. If V is the volume of vessel, we then 
have 

y=lK + 2y. + iy. 


The flow rates of streams in parallel are designated by Vi, v^, _If e is 

the flow rate of fluid to the vessel, then with = 0 we have 


p = y, + »2 H- 


Varying the relative sizes of the flow regions as well as the flow rate of 
parallel streams allows great flexibility in matching the response curves of 
these models to that for the real vessel. Eguchi (1961) presents the mixed 
models which have been used to date to represent flow in various kinds of 
vessels. 

The following brief discussion shows how mixed models can be used to 
characterize flow in and predict conversion from two broad classes of 
process equipment, real stirred tanks, and fluidized beds. 

Application to stirrad-tank reactors 

The first attempt to describe the behavior of a real stirred-tank reactor 
under various conditions of agitation with a mixed model was made by 
Cholette and Cloutier (1959). By matching F curves and rejecting numer¬ 
ous alternative models, they found that their data were best fitted by a 
model consisting of a backmix region and of a deadwater region with a 
portion of the fluid bypassing the vessel. The internal age distribution 
function for this model is 
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Fig. 28. Simple mixed models and their age distribution functions; in part from Leven- 
spiel (19620). 
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I—-1 



9).Eq.46 


Fig. 29. Model and age distribution functions for a real stirred-tank reactor. 



increased agitation decreases both the bypassing rate and size of dead- 
water regions, and, if agitation is vigorous enough, above 300 rpm for 


their experimental setup, backmix 
flow is achieved. 

Although the quantitative findings 
of Fig. 30 may be expected to hold 
only for their vessel geometry, still, 
until evidence is presented to the 
contrary, we may expect this flow 
model to describe flow in stirred- 
tank reactors. 

Conversion from this model is 
found by noting that the exit stream 
Ca consists of reacted fluid Ca from 
the active backmix region mixed 
with unreacted bypassing fluid C'aO’ 
By material balance then 

(Vt + + ^2^AO 



Agitator speed, rpm 


Fig. 30. Effect of agiution on the param¬ 
eters of the model for a stirred unk, 
from Cholette and Cloutier (1959). 
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or 




-AO 


V C 


(47) 


AO 


where CJCj^o is found from the design equation for backmix reactors, 

^AO “ ^A 


L = 


—r. 


(5.9) 


For zero-order reactions Eq. 47 reduces to 



For first-order reactions Eq. 47 reduces to 

1 I £2 

Cao V 1 + kt\ V 

For second-order reactions Eq. 47 reduces to 


(48) 


(49) 


^A _ — 1 + yi + 4fcCAo4 _J_ ^ 

Cao ® 2kCAo^i 

In an alternate manner the exit age distribution function for this model 
can be used directly to hnd the conversion for the linear processes of Eq. 
17. Thus by combining Eqs. 18 and 46 the expression to be solved is 


-AO 


4 vJo xCao^**®*®** 


-tit. 


dt + 


V Jo \Cxo^bAtch 


6(f = 0) dt 


Since 6{t => 0) is simply unit quantity at time / = 0 and is zero elsewhere, 
the second integral is unity (see pg. xv); thus we have 


^AO 4**^*^® \Cao'****®** 


dt + ^ 


( 51 ) 


which for first-order reactions reduces to Eq. 48. 

Application to fluidizad-bed reactors ^ 

Mixed models are presently being used in an attempt to characterize 
flow in fluidized-bed reactors. These reactors, widely used in industry 
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today, are heterogeneous gas-solid or liquid-solid 
systems. Consequently their treatment must 
account for the following: streams of two mate¬ 
rials, solid and fluid, move through the vessel; 
reaction may be homogeneous, heterogeneous 
or both; in some cases it is primarily the solid 
that is being treated, whereas in others it is the 
gas with the solid acting as catalyst or as a heat 
reservoir. 

Despite these added complications, it is worth¬ 
while at this point to consider fluidized beds 
briefly, for they best illustrate the use of fairly 
involved mixed models to characterize reactors 
of industrial importance. 

Characteristics of a fluidized bed. In a 
fluidized bed gas is passed upward through a bed 
of solids at a rate high enough so that all the 
particles are suspended. By examination we see 
that the bed is not homogeneous. It bubbles, it 
boils, and solids move about in jerky turbulent 
motion. Gas percolates through the solid and 
also bubbles up through the bed with little 
contacting of solids. We can imagine the violent action occurring in an 
industrial unit ISO ft high and 30 ft in diameter. Figure 31 shows a 
typical cross section through a fluidized bed. 

The fluidized bed has three characteristics that make it a very attractive 
reactor system. 

1. The violent motion and rapid redistribution of solids result in a 
remarkably temperature-stable system without hot spots. This makes for 
good control of the reaction. 

2. The large gas-solid contact area, as well as the good contacting of 
phases, makes this an efficient system for effecting catalytic and noncata- 
lytic gas-solid reactions. 

3. The solids can be handled very conveniently by pneumatic systems 
when in the fluidized state. In the noncatalytic system the solid is the 
material to be treated; in catalytic reactions the solid catalyst must be 
periodically cleaned or regenerated. In both systems solids must be 
introduced and then removed. In fluidized reactors the usual costly 
materials-handling equipment is not needed, for solid can be pumped into 
and out of the system like a fluid. 

The undesirable characteristics of a fluidized reactor happen to be those 



t t t 


Fig. 31. Typical cross sec¬ 
tion through a fluidized 
bed showing the vigorous 
action and the two phases, 
the lean or bubble phase 
and the dense or emulsion 
phase. 
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associated with nonideal flow. Thus for reactions of all types the reactor 
size increases very rapidly at high conversions, much more so than for a 

plug flow reactor. In addition, in multiple 
reactions optimum product distribution 
cannot be attained. 

Now the extent of deviation from plug 
flow must be known for adequate design 
of such units—therefore the intensive 
eflbrts that have been concentrated on 
the problem of characterizing the non¬ 
ideal behavior of fluidized beds. 

Residence time distribution of 
solids in a fluidized bed. In non- 
catalytic gas-solid reactions, say in the 
roasting of sulfide ore, it is the solid 
that is being treated; therefore it is of 
primary importance to know the resid¬ 
ence time distribution of solids in the 
reactor. For a steady-state fluidized bed 
with continuous feed and discharge of 
solids as shown in Fig. 32 the following 
have been found. 

1. If the feed consists of a single size of solid, the bed may be considered 
to be completely mixed. Thus we may consider that we have backmix flow 
of solids. 

2. If the feed consists of a wide size distribution, each particle size may 
be considered to be uniformly distributed within the bed. In other words, 
each size can be considered to be in backmix flow within the bed. 

These conclusions are not strictly correct; however, since the length of 
stay of solids within reactors is relatively long, they become reasonable 
approximations. 

In noncatalytic gas-soHd reactions in which the conversion of solid is of 
primary interest, information on how the contacting gas passes through 
the bed is not critical, for the concentration of reactant in the gas does not 
usually change greatly in passing through the reactor. In such reactions 
the residence time distribution information for solids alone is adequate for 
design. Chapter 12 considers this whole problem in detail. 

Residence time distribution of a gas in a fluidized bed. In 
solid-catalyzed gas-phase reactions the icsidence time distribution of the 
gas in the bed is of primary importance in determining performamw— 
hence the need for this information. Early studies retied on the dispersion 
model; however, the inability of this approach to yield broad pr^ictive 


Gas out 



Gas in 


Fi*. 32. A fluidized bed with con¬ 
tinuous feed and discharge of solids. 
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Fig. 33. General two-region model of a fluidized bed. Fluid is in dispersed plug flow in 
both regions. The six model parameters are m, x, V^, v^, Dj, D,. 

correlations, in particular with solid-catalyzed gas-phase reactions, seems 
to point out that this one-parameter model can only crudely explain 
fluidized-bed behavior. 

A different approach was needed, and this was found in mixed models. 
The two-compartment model was an obvious choice, with each of the two 
compartments corresponding to one of the two **phases” in a fluidized bed, 
the **bubble” or lean phase and the “emulsion” or dense phase. A number 
of such models have been proposed. These are all special cases of the 
general two-region, six-parameter model shown in Fig. 33. This general 
model has not as yet b^n used for two reasons, the difficulty in inter¬ 
preting experimental data in the evaluation of the model parameters, and 
the fact that a simpler version could probably represent reality just as well. 
Many different sets of restrictions have been proposed to reduce the general 
model to more tractable form with fewer parameters. The restrictions 
used are the following. 

1. Fix the dispersion coefficients at infinity or zero to obtain backmix or 
plug flow in the individual regions. 

2. Assume that no solids are present in the lean phase. 

3. Assume that there is no net gas flow upward through the dense 
phase. 

4. Assume that the volume of, the fraction solids within, and the gas 
flow through the dense phase remains the same at all gas velocities, in 
which case the lean phase alone expands and contracts to account for the 
variation in total volume of fluidized bed with change in gas flow rate. The 
dens&<phase characteristics are given by the conditions at incipient fluidiza¬ 
tion. 

Table 1 shows the restrictions that must be placed on this general model 




Restrictions on General Model of Fig. 33 Model Parameters for 
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sc ctoss-llow rate of gas. 

m s fraction of all solids present in lean phase at any' time. Solids are free to move between phases. 
* As given by conditions tit incipient fluidization. 

Note: Ka Fj + Ft and a » Vi + Oj are known and are not parameters of the models. 
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to obtain each of the special cases studied. Also shown are the number of 
parameters for each of the models. 

What is now needed is an evaluation of these models: to find the models 
that satisfactorily fit the fluidized bed in its wide range of behavior, and then 
to select from these the simplest model of good fit. Unfortunately, practi¬ 
cally every one of these models is flexible enough to correlate the data of 
any one investigation. Consequently, a proper evaluation would require 
putting these models to the test under the extremely wide variety of operat¬ 
ing conditions of the different investigators. This is not a simple matter 
and, although it has not been done, it needs doing if we wish to be able to 
identify the simplest good representation of a fluidized bed. 

It is interesting to note that the form of the conversion equations and 
the method of analysis for these models depend on whether homogeneous 
or heterogeneous reactions are occurring. This fact becomes clear if we 
note that no heterogeneous reaction can take place in a phase, no matter 
what its volume, if that phase contains no solid, whereas the extent of 
homogeneous reaction does depend on the volume of the phase. Thus for 
homogeneous reacting systems the volume ratio of phases is a parameter 
of the model, but in catalytic systems it is not. This fact is shown by the 
number of parameters tabulated for the models of Table 1. 

For lack of applications, conversion expressions for these two-region 
models have not been developed for homogeneous systems. For hetero¬ 
geneous systems the appropriate expressions can be found in the works of 
the individual investigators. 


Performance 
Predicted 
by Use of 

Table 2 

Reaction with 

Rate Linear in 
Concentration, 

» AtiCa - Arj. 
with > 0 

Reaction with 

Nonlinear Rate 

Equation 

Tracer 

Always good 

Not valid;* however, either 

measurement 


upper or lower bound to con- 

directly 


version can be calculated. 

Flow models 

Good if model 

Good if actual flow pattern 


predicts 

throughout the reactor and 


correctly the 

that predicted by the model 


age distribution 

correspond (if model actually 


of material 

reflects reality) 


** In the special case of a maaoflvid (see Chapter 10), p^ormanoe predictions are 
good. _ 
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SUMMARY 

Tracer experimentation is the most convenient tool for determining 
when deviations from ideal flow are serious and for handling these devia¬ 
tions. 

Conversion in a reactor with nonideal flow can be determined cither 
directly from tracer data or by use of a flow model. We should note that 
each and every flow model predicts a flow pattern for the fluid through 
the vessel as well as the associated age distribution functions. Table 2 
summarizes the conditions for the validity of these two approaches. 

Single-parameter models have been developed to account for relatively 
small deviations from plug flow. These models are good representations 
of the performance of tubular and packed-bed reactors. 

Models with two or more parameters have had but little use to date. In 
fact, treating nonideal flow in any of its aspects is a relatively recent 
development. 
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PROBLEMS 

1. From the New York Times Magazine, December 25, 1955, comes the 
following noteworthy news item: “The United States Treasury reported that it 
costs eight-tenths of a cent each to print dollar bills, and that of the billion and 
a quarter now in circulation, a billion have to be replaced annually.” Assume 
that the bills are put into circulation at a constant rate and continuously; that 
the bills are withdrawn from circulation without regard to their condition, in a 
random manner; that there is no change in the total number of bills in circulation. 

(а) Determine the age distribution of a representative batch of bills being 
taken out of circulation. 

(б) Determine the age distribution of all bills in circulation. 

(c) Find the average age of bills in circulation. 

(d) Find the average life of a dollar bill. 

(e) What fraction of the bills is used for over 4 years? 

(/) At any time how many bills in circulation are over 21 years old? 

2. Referring to the previous problem, suppose a new series of dollar bills is 
put into circulation at a given instant in place of the original series. 

(а) What is the fraction of new bills in circulation at any time? 

(б) Plot this equation. 

(c) What is the rate of withdrawal of the new bills? 

(d) Plot this equation. 

3. Referring to problems 1 and 2, suppose that during a working day a 
gang of counterfeiters put into circulation one million dollars in one-dollar bills. 

(а) If hot detected, what will be the number in circulation as a function of time ? 

(б) After 10 years, how many of these bills are still in circulation? 

(c) What assumptions in addition to those already made are required to solve 
this problem? 

4. Given the output curve Fig. P4 for a delta-function input to a closed vessel. 
Assuming no deadwater, find the C curve for this system and the exit age 
distribution functions E and E(r). Present your results in the forms of Sketch^ 
of these functions with coordinates of important points labeled. 



302 


Ch. 9 NONIDEAL FLOW 



Time, sec 
Fig. P4 

5. The output tracer curve in Fig. PS is obtained from a delta-function tracer 
input into the system. Assuming no deadwater, find in both t and 6 units the 
internal and exit age distribution curves as well as the mean ages of material 
within the vessel and in the exit stream. Present your results in the form of four 
curves, labeling all important features. 



Fig. P5 Fig. P7 

6. Find F, C, 1, and E curves for the steamline flow of fluids in pipes, assuming 
no molecular diffusion. Caution: Where radial variations in flow rate occur, 
the F curve is defined as the volumetric flow rate of second or tracer fluid 
divided by the total flow rate of fluid. 

7. Find the variance in both t and 6 units for the tracer output curve (Fig. P7) 
obtained from a delta-function tracer input. 

8. (a) Consider a system in which a number of processes are occurring at the 

same time. If each of the processes occurring is linear and is not influenced by 
the other processes, the system as a whole acts as a linear process. With this 
fact accepted, show for any type of flow that a flow reactor in which a reaction 
with rate —r^ — — ^ 2 * > 0, is taking place is a linear process. 

(6) Repeat for the elementary reaction A R. 

k, km 

(c) Repeat for the elementary reaction A —► R —► S. 
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9. Can we use tracer data directly to calculate conversion for a first-order 
reaction with expansion? If so, how must Eq. 19 be modified to account for 
this exfxmsion. 

10. For reactions with rate equations approximated by —r^ >> 

Eq. 18 give the upper or lower l^und to conversion? 

11. A specially designed vessel is to be used as a reactor for a first-order 
liquid-phim reaction. Since flow in this vessel is suspected to be nonideal, tracer 
methods are used to estimate the magnitude of this effect, the following concen¬ 
tration readings representing a continuous response at the vessel outlet to a 
delta-function tracer input to the vessel inlet. What conversion can we expect 
in this reactor if conversion in a backmix reactor employing the same space time 
is 82.18%. 

Time t, sec 10 20 30 40 SO 60 70 80 

Tracer concentration 

(arbitrary reading) 03SS4210 

We suspect that the dispersion or tanks in series models are poor representations 
of the flow pattern. 

12. Often a pipeline must transport more than one material. These materials 
are then transported successively, and switching from one to another forms a 
zone of contamination between the two flowing fluids. Let A refer to the 
leading fluid and let B refer to the following fluid in a 12-in.-i.d. pipe. 

(a) If the average Reynolds number of the flowing fluids is 10,000, find the 
10%-9Q% contaminated width 10 miles downstream from the point of 
feed. 

(jb) Find the 10%-99% contaminated width at this location (10%-99% 
contamination means allowing up to 10% of B in A but only allowing 
l%of AinB). 

(c) Find the 10%-90% contaminated width 160 miles downstream from the 
point of feed. 

(d) For a given flow rate, how does contaminated width vary with lengCh of 
pipe. 

See Petroleum Refiner, 37, 191 (March 19S8). 

13. A pipeline 100 km long will be constructed to transport wine from a wine- 
producing center to the distribution point. Red and white wine are to flow in 
turn through this pipeline. Naturally, in switohing from one to the other, a 
region of vin rosi is formed. The quantity of vin rosi is to be minimized since 
it is not popular and does not fetch a good price on the market. 

(a) How does the pipeline size at given Reynolds number affect the quantity 
of vin rosi formed in the switching operation? 

ib) For fixed volumetric flow rate in the turbulent flow region, what pipe 
size minimizes the vin rosi formed during the switching operation? 

(c) Assuming that the pipeline is operating at present, what flow rate should 
we select to minimize the formation of vin rosil 
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14. A 30^t length of pipe is packed with 20 ft of l/4>in. material, 2 ft of 
l/6i4-in. material, and 8 ft of 1/8-in. material. 

(a) What is the variance in output C curve for this packed section if the fluid 
takes 3 min to flow through the section. 

(ft) With what size of material must a 10-ft length of pipe be packed if it is to 
give a dimensionless tracer response curve identical to that of the original 
pipe at the same flow rate of fluid. 

Assume a constant porosity of packing and a constant intensity of dispersion 
given by an average value of D/udp » 2. 

15. Show for small deviations from plug flow that Eq. 32 reduces to Eqs. 33 
and 34. 

16. Tubular reactors for thermal cracking are designed on the assumption of 
plug flow. On the suspicion that nonideal flow may be an important factor now 
being ignored, let us make a rough estimate of its role. For this assume iso¬ 
thermal operations in a l-in.-i.d. tubular reactor, using a Reynolds number of 
10,000 for flowing fluid. The cracking reaction is approximately first order. If 
calculations show that 99% decomposition can be obtained in a plug flow reactor 
10 ft long, how much longer must the reactor be if nonideal flow is taken into 
account? 

17. Suppose we are told that a reactor behaves like three equal-sized backmix 
reactors in series. If we want to use the dispersion model to represent the system, 
what value of vessel dispersion number should we use if the basis of comparison 
is taken to be (a) the variance, (6) identical performance as a reactor when a 
second-order reaction is taking place. 

18. Derive the expression 

for the J equal-sized tanks in series model. To do this make a material balance 
about the first, second,... ,yth tank and relate d,-, and for each tank with 
K, 0, and Cq based on the system as a whole. 

19. Derive an expression for the F curve for the tanks in series model, using 
as starting point the C curve, Eq. 35. 

20. Show that the mean and variance of the C curve of the tanks in series 
model are given by 

Sc * 1 (36) 

and 

(37) 

J 

21. For no backmixing (plug flow,y ■> oo) the tanks in series model ptedicte 
for the C curve of a vessel ttot (t* « 0, whereas for infinite backmixing (backmix 
flow, y “ 1) it predicts that tr* «■ 1. For the dispersion modd show that the end 
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conditions for closed vessels are the only ones for which the variance matches 
these extremes. 

Note: This result shows that the dosed vessel is the one to be used in compar¬ 
ing the dispersion with the tanks in series model, the correspondence being given 
by Eq. 38. 

22. Let us introduce a term called the length of a dispersion unit, and let 
this be the length of vessel which provides the mixing equivalent to one stirred 
tank in backmix flow. 

(a) For a vessel long enough so that deviation from plug flow is small, Eq. 38 
becomes with negligible error 



Find the length of a dispersion unit. 

{b) Find the length of a dispersion unit for water flowing in a pipe at Reynolds 
numbers of 2, 200, and 200,000. 

(c) Find the length of a dispersion unit for water and air flowing in a packed 
bed at a particle Reynolds number of 100. 

(<0 What does the answer of part c suggest for a model for the actual mixing 
process occurring in a packed bed. 

23. A reactor has flow characteristics given by the non-normalized C curve in 
Table P23, and by the shape of this curve we feel that the dispersion dr tanks in 
series models should satisfactorily represent flow in the reactor. 


Table P23 


Time Tracer Concentration 


1 

2 

3 


9 

57 

81 


4 

5 

6 


90 

90 

86 


8 

10 

IS 


77 

67 

47 


20 

30 

41 


32 

15 

7 
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(а) Find the conversion expected in this reactor, assuming that the dispersion 
model holds. 

(б) Find the number of tanks in series which will r^nresent the reactor and 
the conversion expected, assuming that the tanks in series model holds. 

(c) Find the conversion by direct use of the tracer curve. 

(d) Comment on the difference in these results, and state which one you think 
is the most reliable. 

(e) Assuming that the dispersion model is the correa model, find the corre¬ 
sponding number of tanks and conversion for the tanks in series model. 

Da/a: The elementary liquid-phase reaction taking place is A +B 
products, with a large enough excess of B so that the reaction is essentially first 
order. In addition, if plug flow existed, conversion would be 99 % in the reactor. 

24. Repeat the previous problem with the following modifications. The 
elemental liquid-phase reaction taking place is A + B -»■ products, with 
equimolar quantities of A and B fed into the reactor. If plug flow existed, 
conversion would be 99% in the reactor. 

25. Figure 28 shows that in a model consisting of a plug flow and a backmix 
region in series, precisely 1/e of the material in the exit stream of the vessel is of 
a^ greater than /, no matter what the relative sizes of the plug flow and backmix 
r^ons are. Show that this is so. 

26. A population with 56% women has a mortality rate of 18 deaths per year 
per 1000 population. Per 100 deaths, 48 are women. Assuming that the 
population is at steady state, determine the life expectancy of males and females. 

27. We suspect that the reactor with the accurate C curve shown in Table P27 
behaves like two backmix reactors in parallel. 

(a) In the manner of Fig. 29 develop the £ curve for this model. 

(b) Fit the real reactor with this flow model. 

The C curve was obtained in the 100-gal reactor using a flow rate of 20 gal 
fluid/min. 


Table P27 


e c 


0.1 

1.4 

0.4 

0.80 

0.8 

0.38 

1.5 

0.12 

1.8 

0.080 

2.5 

0.040 

3.7 

0.020 

4.4 

0.015 

5.6 

0.010 

7.1 

0.006 
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tt. Find a flow model which will give the normalized response curve of Fig. 
P28. 



Fig. P28 

29. Derive the response curves for a model consisting of two backmix regions 
in series, their sizes not necessarily equal. 

30. Misfortune has befallen us. We planned to repaint our reactor; however, 
just as the last speck of old paint was scraped off by the two chemical engineering 
students in our summer trainee program, the whole unit collapsed into little 


Table P30 

Concentration of Ink 
Time, min at Reactor Outflow 


0-20 sec 

Rapid fluctuations with 
jumps up to 5000 

10 

90 

20 

55 

30 

35 

40 

20 

SO 

10 

60 

7 

80 

3 

100 

1 


flakes of rust. Fortunately there was little damage, though it is a pity that those 
two nice boys disappeared cmnpletely. 1 always suspected that that stuff was 
corrosive. Leaving sentiment aside, I wish to point out that shutdowns an 
costly, so WE don't want this to happen again. 




308 


Ch. 9 NONIOEAL FLOW 


We are not operating on a shoestring any longer and can afford to replace 
this reactor by a commercial unit for which backmix flow is guaranteed. 1 am 
sure, however, that it does not have to be as large as our last unit. Ours may 
have been somewhat inefficient since we used a salvaged ^oline tank for the 
reactor and an outboard motor for the mixer, and had the inlet and overflow 
pipes close to each other. What volume of commercial unit should we order so 
that the product will be identical to that in the old unit? 

Here is all the information available on the unit, including results of the 
experiments by those two nice boys made with gallon bottles of India ink, a 
flashlight, and a photographer’s exposure meter (see Table P30). Perhaps 
you can figure out what they were up to. 

Data; 

Reactor: Cylindrical tank about 8 ft diameter, 18 ft long with 800ft’ of 
usable volume. 

Reaction: Elementary second order, equimolar feed, 60% conversion. 

Flow rate: 20 f^ feed/min. 

A gallon of India ink evenly distributed throughout the reactor gives a concentra¬ 
tion reading of 100. 
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FLUIDS 


SELF-MIXING OF A SINGLE FLUID, 310 
MIXING OF TWO MISCIBLE FLUIDS, 323 


The problem associated with the mixing of reactant fluids is broad 
enough to justify its treatment in a separate chapter. This problem may 
occur with extremely fast reactions in homogeneous systems as well as in 
all heterogeneous systems and concerns the actual mode of mixing of 
reactants, whether it occurs on the microscopic scale (mixing of individual 
molecules) or whether it occurs on the macroscopic scale (mixing of 
clumps, groups, or aggregates of molecules^ 

To distinguish between these two modes of mixing, let liquid A be 
available in two forms. In the first, shown in Fig. 1, the liquid is as we 
normally visualize it, with individual molecules free to move about the 
liquid, to collide and intermix with all other molecules of the liquid. Let 
us call such a liquid a microfluid^ and let this type of mixing be called 
micromixing. In the second form, also shown in Fig. 1, A is available in a 
large number of small sealed packets, each containing a large number, say 



Fif. I. Bow of idMilizoif microfluid tnd macroflufd. Tracer measurements cannot dis¬ 
tinguish between them; however, for chemical reactions these fluids may behave 
differently. 
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about 10^^, molecules. In addition, suppose the boundaiy of each packet 
to be chemically inert, its only role being to preserve the individuality of 
each packet of molecules. Let us call this state of the liquid macrofluid 
and the mixing of such a fluid macromixing. 

A fluid that does not exhibit these extremes in behavior is called a 
partially segregated fluid. A microfluid exhibits no segregation and a 
macrofluid exhibits complete segregation, but a real fluid exhibits segrega¬ 
tion to a lesser or greater extent, depending on its properties and the kind 
of system in which mixing is taking place. 

Since the degree of segregation can influence the performance of homo¬ 
geneous or heterogeneous reacting systems, both with respect to product 
distribution and capacity, we should like to be able to estimate the role 
played by this factor. To do this we need a quantitative definition of the 
degree of segregation as well as an experimental method of finding the 
degree of segregation in real systems. Though a definition has been pro¬ 
posed by Danckwerts (19586), the experimental determination of the 
degree of segregation for homogeneous systems is not a simple matter. 
The stimulus-response methods of Chapter 9 are of no use, and the methods 
suggested to date involve analyzing concentration changes and fluctuations 
in extremely small regions of reacting fluid or following the actual con¬ 
versions of reactions with nonlinear and knoWn kinetics [see Danckwerts 
(1958a, 6)]. 

In this chapter we do not deal with the quantitative aspects of partial 
segregation but consider simply what happens in the extremes when we 
have micromixing or macromixing. We determine how these forms of 
mixing influence the progress of reactions. This will tell us which form of 
mixing is advantageous and which is not, which to promote and which to 
depress. Finally we examine various designs to see which one can'best 
promote the type of mixing desired. 

Let us now examine the difference in behavior of reacting microfluids 
and macrofluids in various reactor systems. We concern ourselves at first 
with systems in which a single fluid is reacting and then with systems in 
which two fluids must be contacted for reaction to occur. 

SELF-MIXING OF A SINGLE FLUID 

The normally accepted state is that of a microfluid, and all previous 
discussions on homogeneous reactions have been based on the assumption 
that the fluid behaves as a microfluid. Let us now consider a sln^e 
reacting macrofluid being processed in turn in batch, plug flow, and back- 
mix reactors, and let us see how this state of aggregation can result in be¬ 
havior different from that of a microfluid. 
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Batch reactor 

Let the batch reactor be filled with a macrofluid containing reactant A. 
Since each aggregate or packet of this macrofluid acts as its own little 
batch reactor, conversion is the same in all aggregates and is in fact 
identical to what would be obtained if the reactant fluid were a microfluid. 
Thus for batch operations the state of aggregation is not a variable and 
does not affect conversion or product distribution. This conclusion holds, 
no matter what reaction is occurring, as long as the aggregates contain a 
large enough number of molecules. 

Plug flow realtor 

Since plug flow can be visualized as a flow of small batch reactors passing 
through the equipment in succession, the conclusion for batch operations 
extends to plug flow operations. 

Backnnix reactor 


When a microfluid containing reactant A is treated in a backmix reactor, 
as shown in Fig. 2, all the reactant drops to the low concentration pre¬ 
vailing in the reactor. No clumps of molecules retain their high initial 
concentration of A. We ma^ characterize this by saying that each molecule 
loses its identity and has no determinable past history. In other words, 
by examining its neighbors we cannot tell whether a molelule is a new¬ 
comer or an old-timer in the reactor. 

For a backmix reactor processing a microfluid, the conversion of reactant 
is found by the usual methods for homogeneous reactions, or 




Fao 


(5.9) 



concentntion is unWorm 
thfoughout tlM raaclor 



Each aggngahi rdiins tts fakntity 
and ads as a batch laacior; 
reactant concantretion varies frem 
aongate to aggretate depoiding 
on the length of stay of the 
aggregate in the reactor 


Fif. 2. Ollfer«nce in trehavior of mlcrofloids and macrofluids In backmix roactors. 
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or, with no density changes, 

1 

Cao C^ao 


( 1 ) 


where i is the mean residence time of fluid in the reactor. 

When a macrofluid enters a backmix reactor, the reactant concentration 
in the aggregates does not drop immediately to a low value but decreases 
in the same way as does the concentration in a batch reactor. Thus a 
molecule in a macrofluid does not lose its identity, its past history is not 
unknown, and its age can be estimated by examining its neighboring 
molecules.* 

Because the concentration of A in the macrofluid does not drop im¬ 
mediately to a low concentration, the performance of a backmix reactor 
processing macrofluid differs from one processing microfluid. Visualize the 
millions upon millions of little equal-sized aggregates of macrofluid, batch 
reactors all, churning about in the vessel. The extent of reaction in each 
aggregate is dependent only on the length of stay of the aggregate in the 
reactor and the kinetics of the reaction. This also holds for any aggregate 
of the exit stream. Thus the fraction of reactant unconverted in the exit 
stream is obtained by determining the extent of reaction in all the aggre¬ 
gates of the exit stream. Thus we may write for the exit stream of the 
macrofluid as a whole 

(( fraction of 

reactant 
remaining in 
an aggregate 
of age between 
r and r -I- A/ 


/fraction of exit 
[ stream consisting 
of aggregates 
1 of age between 
\t and t + Af. 


( 2 ) 


Since the distribution of residence time of the aggregates in the reactor is 
given by the exit age distribution function as defined in Chapter 9, £q. 2 
becomes 


1-^A = 




ECO dt 

batch 


( 3 ) 


For backmix reactors the exit age distribution function is known. Thus 
from Chapter 9 the fraction of the exit stream that has an age between t 
and t + dt is 

E(t) dt « dt^^dt (4) 

* Incidentally, the laws of behavior of these two systems provide an inUuesting 
illustration of the distinction between two broad types of processes, the probabilistic 
and the stochastic procnses. 
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Replacing Eq. 3 in Eq. 4, we obtain 


1-JPa- 


^AO 



Jo batch i 


(5) 


This is the general equation for determining conversion of macrofluid in a 
backmix reactor and may be solved once the kinetics of the reaction is 
given. Consider various reaction orders. 

For a first-order reaction, the expression for batch operations, found in 
Chapter 3, 


£a) 

'Cj^/ batch 


.-fci 


( 6 ) 


is applicable to the conversion in any single aggregate. When Eq. 6 is 
replaced in Eq. 5 for backmix operations, we obtain 





which on integration gives 


1 

C^0 1 + kf 


(7) 


This equation is identical with that obtained for a first-order reaction of a 
microfluid; for example, see Eq.- 6.5. Thus we find that the degree of 
segregation has no eflect on conversion for first-order reactions. 

For a second-order reaction of a single reactant the conversion equation 
for batch operations is found from Eq. ZAAb to be 


Ca 1 

1 -f- Cj^Qkt 


( 8 ) 


Replacing Eq. 8 in Eq. S gives the conversion of a macrofluid in a backmix 
reactor: 

^ , 1 „ 

f “O 1 -b C^gkt 

By letting a s and converting into reduced time units B tfi^ 

this expression becomes 

Ct. f * 

+ ») = «■ ri(«) (9) 

L/AO •'* * + " 


This integral, represented by ei(a) or —Ei(—a), is called the exponential 
integral. It is a function alone of «, and its value is tabulated in a number 
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of tables of integrals. Thus the conversion of a macrofluid, given by 
£q. 9, may be compared to that for microfluid in a backmix reactor: 

^ =- - -- ( 10 ) 

l + Cj,ki 

For an nth-order reaction the conversion in a plug flow reactor can be 
found by the methods of Chapter 3 to be 

^ _ [1 + („ _ ( 11 ) 

Combining this expression with Eq. 5 gives the conversion for an nth-order 
reaction of a macrofluid which can then be compared with the conversion 
for microfluids. 



Fif. 3. Comparison of performance of a backmix reactor with a plug flow reactor, both 
treating a macrofluid with nth-order kinetics and ^ 0. 
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Fig. 4. Comparison of performance of a backmix reactor with a piug fiov/ reactor, both 
treating a microfiuid with nth-order kinetics and 0. 


Figures 3.4, and 5 graphically illustrate the difference in'performance of 
macrofluids and microfluids in backmix reactors and shows clearly that 
a rise in segregation improves reactor performance for reaction orders 
greater than unity but lowers performance for reaction orders smaller than 
unity. Table 1 summarizes the relationships used in preparing these charts. 
Gieenhalgh et al. (1959) give an alternate presentation of these charts. 

Flow with arbitrary exit age distribution E 

Each flow pattern of fluid through a vessel has associated with it a 
definite clearly defined residence time distribution or exit age distribution 
function £. The converse is not true, however. Each exit age distribution 
function does not define a spedfic flow pattern. Here we would like to 
know w^t range in fluid bel^vior. flow patterns, and conversion are 
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Fig. 5. Comparison of performance of backmix reactors treating m»crofluids and micro* 
fluids with nth-order kinetics and » 0. 

possible given any particular exit age distribution function. We start with a 
number of special exit age distributions and then consider any arbitrary 
distribution and its associated flow patterns. 

Let a fluid pass in steady-stato flow through a vessd. What can we infer 
about the possible flow patterns of this fluid if we are told that each of its 
molecules stays in the vessel for exactly 1 min, this being the particular £ 










Table I. Conversion equations for macrofluids and microfluids with e = 0 in ideal reactors 

Plug Flow Backmix Flow 
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B 

I 

ft! 


I 

ft! 


lulu* 


li u-io 

■> ft! 

+ ^ I 

7 u*|u 


ft. - 

- u*|u 
I H 
ul^j "S 



Cl~^kr, reaction rate group for irth-order reaction 
7 since a — 0 throughout 
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distribution selected? One possible flow pattern is that df plug flow with 
no intermixing in the vessel of fluid elements of different ages. Are any 
other flow patterns possible? For example could not the incoming fluid 
mix homogeneously with the contents of the vessel as in a backmix reactor, 
with but one difference, that after a residence time of 1 min each and every 
molecule somehow separates itself from the mixture and moves to the 
exit of the vessel? This flow pattern, or more generally any flow pattern 
for which a certain amount of mixing (of fluid of different ages) is followed 
by the same amount of unmixing, would give a residence time distribution 
identical to plug flow. However, these patterns are not permitted since 
the unmixing process clearly violates the second law of thermodynamics. 
Thus the only pattern permitted for this age distribution is one with no 
intermixing of fluid of different ages, and as a consequence it is immaterial 
whether we have a macrofluid or microfluid. 

Next consider the exponential decay exit age distribution of backmix 
flow. Here mixing of the incoming fluid with the vessel contents must 
be immediate (no other pattern can give such a distribution); however, 
we may still retain the aggregates of a macrofluid. Thus different con¬ 
version is possible in backmix flow. 

Now consider the exit age distribution function E given in Fig. 6 and 
the four flow patterns that are consistent with it (others are possible). 
In all these patterns we see that there is a period of intermixing and a 
period with no intermixing. This intermixing of fluids of different ages 
may occur early as in patterns a and c, or it may occur late as in patterns 
b and d. Both this earliness or lateness factor as well as the possible 
segregated character of the fluid can influence performance of a reactor 
system of given size. 

What inferences can be drawn from this discussion? 

1. During flow, fluid elements of different ages can intermix. However, 
this is not a reversible process: once mixed the fluid cannot unmix. 

2. Plug flow and backmix flow represent the two extremes in inter¬ 
mixing of fluid—no intermixing for plug flow, complete intermixing for 
backmix flow. 

3. All other flow patterns represent flow with some intermediate extent 
of intermixing. 

4. Given an arbitrary E value, intermixing may occur in the early stages 
of passage of fluid through a vessel or in later stages (see Fig. 6), and this 
may result in different reactor performance. 

5. Thus besides the kinetic aspects, two additional factors influence the 
performance of a reactor with given residence time distribution of fluid; 
the eariiness or lateness at which mixing occurs, the macroJhUd or micro- 
fluid properties of the fluid. 
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Fig. 6. Some of the possible flow patterns which could give the exit age distribution 
function shown. 


6. The extremes in behavior for a given E occur when intermixing is as 
early or as late as possible. 

l^t us consider the conversion obtained for these extremes. In late 
(hence minimum) intermixing the concentration of reactants stays as high 
as possible throughout the passage of fluid through the reactor. This 
condition is satisfted by the segregated flow of a macrofluid since the fluid 
aggregates do not intermix and react to an extent dependent only on their 
lengths of stay in the reactor. 'Thus the general expression for the con¬ 
version of macrofluids in any reactor, Eqs. 2 and 3, apply, and we have 




r(^} 

•'0 \Caa/> 


E(t)dt 


Ay batch 


(3) 
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Reaction kinetics gives (CJC^t^bAtcht tracer experiments give E(0; hence 
both types of information are needed to determine conversion of macro¬ 
fluids in flow through any reactor. 

In the other extreme ^e mixing required by the given residence time 
distribution occurs as early as possible. This extreme is sometimes called 
maximum-mixedness flow. Zwietering (19S9) treated this situation by 
introducing a new distribution function, the life expectation distribution 
function which measures how much longer a molecule still has to stay in 
the vessel. Thus for any molecule in the vessel 

Total residence time = Present age + .Life expectation 

For maximum-mixedness flow, molecules that eventually leave the reactor 
at the same time (or have the same life expectation) will mix with each other 
as early as possible. This analysis allows determination of conversions for 
a state of maximum mixedness, given the restriction of an arbitrary exit 
age distribution for the fluid flow. Conversions so calculated will 3 deld 
the other extreme from that found for macromixing. 

The maximum-mixedness model is of interest only for homogeneous 
systems. Because of its somewhat sophisticated treatment and because 
models presented in Chapter 9 frequently approximate the nonideal 
behavior in homogeneous systems more closely, we will not go into the 
details of this model. On the other hand Eq. 3 for macrofluids character¬ 
izes heterogeneous systems and flnds much use there. 

By examining early and late mixing in backmix and plug flow reactors 
(micromixing and macromixing in these reactors), we may draw the 
following inferences for reactors with arbitrary residence time distribution. 

1. When the E function is close to the E function for plug flow, early 
or late mixing is unimportant. When E approaches the exponential decay 
curve of backmix flow, the difference between early and late mixing be¬ 
comes great. The maximum possible difference in performance is given by 
Figs. 3, 4, and S for backmix flow. 

2. Conversions for late mixing or macromixing can be calculated from 
Eq. 3. Late mixing increases conversions for reaction order greater than 
unity but depresses conversions for reaction orders smaller than unity. 
Thus the assumption of macromixing gives conservative conversion pre¬ 
dictions for reaction orders smaller than unity but may be too high for 
reaction orders greater than unity. 

3. Reactions of first order are unaffected by early or late, macro- or 
micromixing. 

Exampl* I 

Consider a second-order reaction occuiring in a reactor whose residence time 
distribution is given by the two-vessel model of Fig. 6, where backmix and plug 
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or 


E(f) j when ^ > i 

- 0 . 


when j <i 

Thus Eq. 3 becomes 

^ C = f * -—■ f dt 

With the mean residence time in the two-vessel system f a 2 min, this becomes 




dt 


and replacing 1 4- / by a; we obtain the exponential integral 

C =* 1 - dx ss ^ I — dx » ^ ei(2) 

J2 ® J2 ® 

From a table of integrals we find ei(2) == 0.04890 from which 

C = 0.362 


Though not proved here, scheme a actually represents the extreme of early 
mixing, or maximum mixedness. The results of this example confirm the state¬ 
ments made in the text, that macromixing gives higher conversions than micro¬ 
mixing for reaction orders greater than unity. The difference is small here 
because the conversion levels are low; however, this difference becomes more 
important as conversion approaches unity. 

Applications and extensions 


In general, homogeneous systems behave as microfluids, the exceptions 
being very viscous fluids or systems in which very fast reactions are taking 
place. These may exhibit partial segregation. Treatment of segregation 
in homogeneous systems is scarce. 

Consideration of macromixing and micromixing is important in hetero¬ 
geneous systems because one of the two phases of such systems usually 
approximates a macrofluid. For example, the solid phase of fluid-solid 
systems can be treated exactly as a macrofluid because each particle of 
solid is a distinct aggregate of molecules. For such systems, then, Eq. 3 
with the appropriate kinetic expression is the starting point for design. 
This we shall see in the chapters to follow. As another example, the dis¬ 
persed phase of a liquid-liquid system is partially segregated. This segre¬ 
gation is increased with rise in interfacial tension, for then coalescence of 
droplets is depressed. 

Rietema (1958) considered reaction in noncoalescing drops (macrofluid 
extreme) and pointed out that zero-order kinetics in the dispersed phase 
can closely approximate real diffusion-controlled reacting systems. Cuil 
(1963) then extended this treatment to the continual coalescence and 
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Micromning -InccMse in Segr^tion-Macramixing 



breakup of drops. As expected, he found that a rise in frequency of colli¬ 
sion results in an approach to microfluid behavior. These findings can be 
shown to give a family of lines in Fig. 5, with frequency of coalescence as 
parameter, and .indicate that the frequency of collision needed to approach 
microfiuid behavior rises greatly at high conversion. For example, to 
approach halfway to microfiuid behavior on Fig. S requires 10 collisions 
per mean residence time at 80% conversion but SO collisions per mean 
residence time at 95 % conversion. Experimental findings on frequency of 
collisions of droplets and applications to real liquid systems'are reported 
by Madden and Damerell (1962) and Miller et al^'(1963). 

Figure 7 shows graphically how real systems behave with respect to 
macromixing and micromixing. Unfortunately, we have very little useful 
information at present on behavior intermediate between these two 
extremes. 

MIXING O.F TWO MISCIBLE FLUIDS 

Here we consider one topic, the role of the mixing process when two 
completely miscible reactant fipids A and B are brought together. The 
mixing of two fiuids, wh«i these are immiscible, is a proper sutyect for 
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0*0 
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Mixing on moiecular 
level (micromixing;) 
hence reaction occurs 


B 



no reaction occurs 


Fig. 8. Difference in behavior of microfluids and macrofluids in the reaction of A and B. 


Study in the chapters on heterogeneous reactions; therefore discussion of 
such systems will be left for the following chapters. 

When two miscible fluids A and B are mixed, we normally assume that 
they first form a homogeneous mixture which then reacts. However, when 
the time required for A and B to become homogeneous is not short with 
respect to the time for reaction to take place, reaction occurs during the 
mixing process. In this situation the problem of mixing becomes important. 
Such is the case for very fast reactions or with very viscous reactant fluids. 

To help understand what occurs when two real reactant fluids A and B 
are brought together and mixed, let us imagine that we have available A 
and B, each in both microfluid and macrofluid states. In one beaker mix 
micro A with micro B and in another beaker mix macro A with macro B 
and let them react. What do we find ? When in microfluid state, A and B 
behave in the expected manner, and reaction occurs. However, when they 
are in the macrofluid state, no reaction takes place because molecules of A 
cannot contact molecules of B. These two situations are illustrated in Fig. 
8 for the backmix reactor; however, the conclusions hold for any reactor 
type and any reaction as long as individual aggregates contain only one or 
the other of the reactants. So much for the treatment of the two extremes in 
behavior. 

Now a real system acts as shown in Fig. 9 with regions of A-rich fluid 
and regions of B-rich fluid. 

Though partial segregation requires an increase in reactor size, this is not 
the only consequence. For example, when reactants are viscous fluids, 
their mixing in a stirred tank or batch reactor often places layers or 
‘‘streaks” of one fluid next to the other. K,eaction takes place at different 
rates throughout the reaaor, and the resulting product has different 
properties from point to point. This may make it commercially unaccei^- 
able. Such is the case in polymerization reactions in which monomer must 
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be intimately mixed with a catalyst. For reactions such as this the problem 
of mixing is of primary importance and often the rate of reaction and 
product uniformity correlate well with the mixing energy input to the 
fluid. 

For fast reactions the increase in reactor size from segregation is un¬ 
important; however, other side effects become important. For example, if 
the product of reaction is a solid precipitate, the size of the precipitate 
particles may be influenced by the rate of intermixing of reactants, a fact 
that is well known from the analytical laboratory. As another example, 
hot gaseous reaction mixtures may contain appreciable quantities of a 
desirable compound because of favorable thermodynamic equilibrium 
at such temperatufes. To reclaim this component the gas may have to be 
cooled. But, as is often the case, a drop in temperature causes an un¬ 
favorable shift in equilibrium with essentially complete disappearance of 
desired material. To avoid this and to “freeze” the composition of hot 
gases, cooling must be very rapid. When the method of quenching used 
involves mixing the hot gases with an inert cold gas, the success of such a 
procedure is primarily dependent on the rate at which segregation can be 
destroyed. Finally the length, type, and temperature of a burning flame, 
the combustion products obtained, the noise levels of jet engines, and the 
physical properties of polymers as they are affected by the molecular 
weight distribution of the material are some of the many phenomena or 
end results of phenomena that are closely tied to and influenced by the 
rate and intimacy of fluid mixing. 




Ftf. 9. ^itlal Mgragttlon In the mixing of two miscible fluids In s reactor. 
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Product distribution in muitipie reactions 

When multiple reactions take place on mixing two reactant fluids and 
when these reactions proceed to an appreciable extent before homogeneity 
is attained, segregation is important and can affect product distribution. 

Consider the homogeneous-phase com¬ 
petitive consecutive reactions 

A 4- B-^R 
R-hB-^S 

occurring when A and B are poured into 
a batch reactor. If the reactions are slow 
enough so that the contents of the vessel 
are uniform before reaction takes place, 
the maximum amount of R formed is 
governed by the ratio. This situa¬ 
tion, treated in Chapter 7, is ohe in which 
we may assume micromixing of fluids. If, 
however,‘the fluids are very viscous or 
if the reactions are fast enough, they 
will occur in the narrow zones between 
regions of high A concentration and high 
B concentration. This is shown in the 
batch reactor of Fig. 10. The zone of high reaction rate will contain a 
higher concentration of R than the surrounding fluid. But from the 
qualitative treatment of this reaction in Chapter 7 we know that any 
nonhomogeneity in A and R will depress formation of R. Thus partial 
segregation of reactants will depress the formation of intermediate. 

For increased reaction rate, the zone of reaction narrows, and in the 
limit, for an infinitely fast reaction, becomes a boundary surface between 
the A-rich and B-rich regions. Now R will only be formed at this plane. 
What will happen to it? Consider a single molecule of R formed at the 
reaction plane. If it starts its random wanderings (diffusion) into the A 
zone and never moves back into the B zone, it will not react further. 
However, if it starts off into the B zone or if at any time during its wander¬ 
ings it moves through the reaction plane into the B zone, it will be attacked 
by B to form S. Interestingly enough, from probabilities associated with a 
betting game treated by Feller (1957), we can show that the odds in favor 
of a molecule of R escaping from the B zone become smaller and smaller 
as the number of diffusion steps taken by a molecule gets larger and 
larger. This conclusion holds, no matter what pattern of wanderings 
is ohosen for the molecules of R. Thus no R is formed. Lo<^ed at from 



Fig. 10. When reaction rate is very 
high, zones of nonhomogeneity 
exist in a reactor. This condition 
is detrimental to obtaining high 
yields of intermediate R from the 
reactions 

A + B —R 
R + B-^S 
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(no R formed) 
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Fast reaction 
(some R formed) 




B~rich 

re 0 on 

Reaction plane 



Fig. 11. Concenti*ation profiles of the components of the reactions 

A + B-^R 
R + B-i^S 

at a represenutive spot in the reactor between A>rich and B>rich fluid for a very fast and 
for an infinitely fast reaction. 

the point of view of Chapter 7, an infinitely fast reaction gives a maximum 
nonhomogeneity of A and R in the mixture, resulting in no R being formed. 
Figure 11 shows the concentration of materials at a typical reaction inter¬ 
face and illustrates these points. 

Application to design 

These observations on the extremes in behavior serve as a guide to the 
selection and design of equipment favoring the formation of intermediate 
when reaction is very fast. The important point is to achieve homogeneity 
in A and R throughout the reaction mixture by making the reaction 
zone as widespread as possible, or by dispersing B in as fine a form in 
A rather than dispersing A in B. As an example, let us compare the relative 
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worths of various experimental setups, all treating the same amounts of A 
and B and designed to produce R. TRe reaction is fast and of the type 

R + B-Xs 

Example 2. Batch Reactor 

The methods shown in Fig. E2 are progressively better because the reaction 
zone becomes larger. Thus there is less chance of A diffusing into B and less 
chance of a high R concentration occurring locally. For a slow reaction all three 
setups would be equally good. 



Fig. E2 



Example 3. Long versus Short Tubular Flow Reactor 

For a fast reaction the size of reactor plays no role after a certain length, the 
length that is necessary for A and B to be well mixed (Fig. E3). For very viscous 
materials or for streamline flow of fluids this length may be considerable, but, 
in general, satisfactory mixing is obtained within a length of several pipe diam¬ 
eters. 



Fig. E3 
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Example 4. Streamline versus Turbulent Flow 

For the same treatment rates the Reynolds number must be greater in the 
second setup (Fig. E4). With turbulent flow we have more intense mixing and 
a more widespread reaction zone; therefore the second setup is to be 
preferred. 

With these examples we may propose the following rules for design for 
homogeneous systems involving fast reactions. 

1. Induce rapid and early mixing of reactants. 

2. Slow down the reaction by any means possible, such as having it occur 
in many locations in the reactor, diluting the reactants, employing a 
negative catalyst, or changing the temperature. 

Many ways of contacting A and B are possible, and the selection of a 
setup depends on the properties of the system at hand. 
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PROBLEMS 

1. Derive the expression given in Table 1 for the zero-order reaction of a 
macrofluid iff' a backmix reactor. Z^ro-order reactions are of importance since 
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they often approximate reactions in the dispersed phase of liquid-liquid systems 
where the kinetics is diffusion-controlled. 

2. Find the conversion of a macroiluid in two equal-sized backmix reactors 
in series (a) for zero-order kinetics, (b) for first-order kinetics, (c) for second- 
order kinetics, (d) Qualitatively, how do these conversions compare with that of 
a microfluid? 

3. Reactant A in one test tube is carefully poured into another test tube 
containing B (S sec operation) and is violently shaken (3 sec operation); the 
resulting mbcture is then analyzed. Though B is absent. A, R, and S are found. 
When the process is reversed, or B poured into A, analysis shows that different 
amounts of A, R, and S are present in the mixture whereas B is still absent. 

(a) Briefly explain this result. 

(b) In which case is the concentration of A, of R, of S higher? 

(c) How should A and B be contacted to find a reliable >^ue of kjki7 

Data: The reaction is 

A 4-B-i->-R 
R -l-B-^S 

with elementary second-order kinetics. 

4. Show that the conversion of macrofluid in a real stirred-tank reactor which 
is represented by the Cholette and Cloutier model of Chapter 9 is as follows. 

(a) For zero-order reactions 


jr^=-^R(l -e-i/*), 

(b) For first-order reactions 

(c) For second-order reactions 




R=kia 


^ ».r. e‘'*ei(l//0l 


kCj^f/a 


id) Qualitatively, how do these conversions compare with that of microfluids? 

5. For an infinitely fast reaction 


A -l-B 


R 


R 


select any model for the diffusion of R from the reaction surface between A-rich 
and B-rich regions and show what fraction of a given batdi of molecules of R 
formed at the interface still remain unreacted after S, 10, and IS diffusion steps, 
not this curve. Does the result seem to confirm the statement, made in this 
chiq>ter, that in the limit, for an infinitely fast reaction, no intermediate R is 
obtained. 



PROBLEMS 


331 


6. In the presence of a catalyst, reactant A decomposes with first-order 
kinetics as follows: 

kt km 

A—- .. > S 

cautlytt catalyu 

Reactant A and catalyst are introduced separately into a backmix reactor; A 
forms the dispersed phase while the catalyst is introduced in the continuous 
phase. 

(a) Assuming a uniform composition within each droplet of dispersed phase, 
no movement of A or R into the continuous phase, and identical concen¬ 
tration of catalyst within all the droplets, determine how the reaction 
proceeds and determine the expected 

(b) How does this compare with the setup in which reactant A forms the 
continuous phase while catalyst forms the dispersed phase. 

7. Repeat the previous problem with the following change. The catalyst is 
replaced by reactant B and the reaction is 

A+B-^K 

km 

R 

with elementary second-order kinetics. 

8. Reactant A is 57% converted in 6 min in a batch reactor. The reaction is 
first-order reversible, A ^R, with an equilibrium conversion of 60%. Find 
the conversion of this reactant in a real stiried-tank reactor which is approxi¬ 
mated by the Cholette and Cloutier model of Chapter 9 (active volume » 60%, 
bypass flow b 10%) (a) if the reacting material are in the dispersed phase 
(macrofluid), (b) if the reacting materials are in the continuous phase (micro¬ 
fluid). In both cases the space time of the active phase is 6 min. 

9. Repeat the previous problem if the reaction is to take place in two equal¬ 
sized backmix reactors with a space time of the active phase of 3 rnfai in each 
unit. 



INTRODUCTION 
TO REACTOR DESIGN FOR 
HETEROGENEOUS 
SYSTEMS 


These final four chapters treat the kinetics and design of chemical 
reactors for heterogeneous systems of various kinds, each chapter con¬ 
sidering a different system (see Chapter 1 for discussions of heterogeneous 
and homogeneous systems). For these systems there are two complicating 
factors that must be accounted for beyond what is normally considered in 
homogeneous systems. 

1. The complications of the rate equation. Since more than one phase 
is present, the movement of material from phase to phase must be con¬ 
sidered in the rate equation. Thus the rate expression in general will 
incorporate the mass transfer terms in addition to the usual chemical 
kinetics term of homogeneous reactions. These mass transfer terms are 
different in type and numbers in the different kinds of heterogeneous 
systems; hence no single rate expression has general application. 

2. The contacting patterns for two-phase systems. In homogeneous 
systems we considered two ideal flow patterns of the reacting fluid, plug 
and backmix flow. In ideal contacting of heterogeneous systems, each 
fluid may be in plug or backmix flow. Thus many combinations of 
contacting patterns are possible. For example, if both phases are in plug 
flow we can have concurrent, countercurrent, or crosscurrent flow of the 
two phases. On top of this, if one of the phases is discontinuous, as are 
droplets or solid particles, its macrofluid characteristics may have to be 
considered. Just as with the plug and backmix flow of a single-phase 
system, each of the many methods of contacting of two phases has associ¬ 
ated with it a specific form of design equation which must be developed 
for that contacting pattern. 
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In comparing the two broad types of heterogeneous noncatalytic 
two-phase systems, the fluid-solid and fluid-fluid systems, we find by and 
large that the forms of the rate equations are quite different; in addition, 
some of the many contacting patterns are used primarily with one rather 
than the other of the systems. As a result design procedures for each of 
these systems will have features particular to that system. Because of this, 
these two systems are treated separately in the following two chapters. In 
the rest , of this chapter we consider some of the aspects of these two 
factors, rate and contacting pattern, as they affect the treatment of hetero¬ 
geneous systems of all types. 

Rate equation for heterogeneous reactions 

In general the rate equation for a heterogeneous reaction accounts 
for more than one process. This leads us to ask how such processes, 
some involving transport phenomena, others chemical reactions, can 
be incorporated into one over-all rate expression. The problem of 
combining rates for different processes is met in conductive heat 
transfer through layers of different materials, in convective heat and mass 
transfer from one liquid to another through stagnant boundary Aims, and 
also in complex reactions. In all these situations, however, the over-all rate 
combines processes of the same kind. Let us consider the general problem 
of combining rates for processes of different kinds. 

Let r^, r 2 ,..., be the rates of change for the individual processes that 
are to be accounted for by an over-all rate. If the change can take place 
by more than one path, called parallel paths, the over-all rate will be 
greater than the rate for any of the individual paths. In fact, if the various 
parallel paths are independent of each other, the over-all rate will be 
simply the sum of all the individual rates, or 

n 

^over.all “ 2 
<-l 

On the other hand, if the over-all change requires that a number of steps 
take place in succession, then at steady state each step will proceed at the 
same rate. Thus 

^over-all ^1 “ *“***”” 

In certain heterogeneous systems, such as fluid-solid noncatalytic reactions, 
resistance to reaction can be considered to occur in series. In dther systems, 
such as catalytic fluid-solid reactions, more involved series-parallel relation¬ 
ships exist. 

Two points should be mentioned here. First, when rates are to be 
compared Or combined, they should be defined in the same manner, 
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Because the rate of mass transfer is determined by the flux of material or 
the flow normal to a surface of area S or 




1 dN 


S dt 


then if we wish to consider chemical reaction concurrently, the form of 
rate equation that must be used is the one based on unit area rather than 
unit volume which was used in homogeneous systems. Thus in hetero¬ 
geneous reactions the form of rate equation frequently found is 



S dt 


Second, some property of the system must be selected as a measure of 
the rate of change. This factor is often called the driving force for the 
change and is usually suggested by thermodynamics as the displacement 
from equilibrium. Driving forces commonly used are temperature difler- 
ence for heat transfer, concentration difference for mass transfer, and 
displacement from equilibrium for chemical reaction. Thus for hetero¬ 
geneous reactions involving mass transfer steps and chemical reaction 
steps in series, we may write 

r =f (concentration) 

Usually we do not know the concentrations of materials at intermediate 
positions, but only the over-all concentration difference across a number of 
processes, so it will be convenient to express the rate in terms of the over-all 
concentration difference. This can easily be done if the rate expressions for 
all the steps of the process are linear in concentration (first power in 
concentrations or concentrations differences). If the functional relation¬ 
ships are not all linear, the expression becomes quite unwieldy. The 
following example will illustrate these points. 


Example I 

The irreversible reaction 

A (gas) + B (solid) R (gas) 

takes place as shown in Fig. El. Dilute A diffuses through a stagnant fllm onto 
a plane surface consisting of B. Then A and B react to yield gaseous product R 
which diffuses back through the film into the main gas stream. By diffusicm the 
flux of A to the surface is given by 

IdN AC S 

- 5 * - 


(i) 
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The rate of reaction based on unit surface is 

Q a 1 » —k C ** fii) 

S dt • * ' ^ 

where k, is the reaction rate constant based on unit surface and n is the reaction 
order with respect to A. 

At steady state write the over-all rate of reaction in terms of k,t k, and the 
concentration of A in the main gas stream C„ noting that the concentration of 
A on the surface C, cannot be measured and should not appear in the final 
expression. Do this for a reaction which is (a) first order with respect to A, 
(b) second order with respect to A. 

Solution, (a) For a reaction which is first order with respect to A, n » 1. At 
steady state the flow rate to the surface is equal to the reaction rate at the surface 
(processes in series). Thus 

Qg - Q, 

or from Eqs. i and ii 

^g(,^g ■“ *“ 

Therefore 

Replacing Eq. iii in either Eq. i or Eq. ii eliminates the surface concentration 
whidi cannot be measured. Thus 

^ ^ 1 dN .1 r-> _ / /• \ 

“ 5 ” \lk„ + l/Ar, 

Comment. This result shows that Ilk, and I Ik, are additive resistances. The 
addition of resistances to obtain an over-all resistaiKe is permissible only when 
the rate is a linear function of the driving force and when tiie processes occur in 
series. 
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(b) For a reaction which is second order with respect to A, n 
steady state 


Qg “• Qt 

or 

KiC, - C.) - 


2. Again at 


which is a quadratic in C,. Solving, we obtain 

r - 4Ar^„C„ . . 

2k, ^ ^ 

Eliminating C, in either Eq. i or ii with the value found in Eq. v, we find 

Qg^Qs^ i2k,C„ +k,- Vk,^ + 4kJCgC,) (Vi) 

Comment. Comparing Eqs. iv and vi, we see clearly that unless the various 
driving forces are linear functions of the system variable, combining rates does 
not yield simple expressions. This fact influences the treatment of reaction rates 
for heterogeneous systems. When the chemical reaction is of first order, this 
rate can be combined with the mass transfer steps without trouble; however, 
when the reaction is of an order diflerent from one and the rates must be com¬ 
bined, it is common practice to select experimental conditions where the chemical 
step with little error can be considered to be first order. 

Now chemical reaction rates change very rapidly with temperature and also 
widely from reaction to reaction; hence we often find that the chemical step 
contributes either the major resistance or hardly any resistance to reaction. 
When one step contributes the major resistance to the over-all change, this step 
is called the rate-controlling step and may well be considered alone as the only 
step that influences the rate of reaction. B^use one step does usually contribute 
major resistance to change, much of our treatment in the succeeding chapters is 
developed on the assumption that one or the other of the many steps is rate 
controlling. 


Contacting patterns for two-phase systems 


There are many ways that two phases can be contacted, and for each 
the design equation will be unique. If the rate expression is also particular 
to that heterogeneous system, its peculiarities will be incorporated into the 
design equation. Thus we may say that the design equation is tailored to 
fit the rate expression and contacting pattern. 

With ideal flow of both phases, we have eight principal ways to contact 
the phases. Figure 1 shows these. Note that no distinction need be made 
between macrofluids and microfluids when the phase is in plug flow; 
however, this may have to be done when the material is in backmix flow. 

In fluid-solid systems flow patterns g and d are the more important, since 
these represent fluidized beds and continuous-belt processing of solids. In 
fluid-fluid systems, flow patterns g, a, and 6 are of primary interest since 
they approximate single mixer-settler, cascade, and tower operations. 
Th^ are the flow patterns we shall take up in the following chapters. 
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(a) (b) M 

Both phases in plug flow 


Microfluid Macrofluid 



<dt M 


One phase in plug flow, the other in backmix flow 


Microfluid Microfluid Macrofluid 



Microfluid Macrofluid Macrofluid 

m (g) th> 

Both phases in backmix flow 


Fig. I. Contacting patterns for Immiscible phases in ideal flow. Note that the state of 
segregation is important only for backmix flow. 

Design equations for these ideal flow patterns may be developed without 
too much difficulty. However, when real flow deviates considerably froin 
these, we can do one of two things: we may develop models to mirror 
actual flow closely, or we may calculate performance with ideal patterns 
which *‘bracket” actual flow. 

Fortunately, most real reactors for heterogeneous systems can be 
satisfactorily approximated by one of the eight ideal flow patterns of Fig. 1. 
This can be seen by comparing these patterns with the sketches of typical 
reactors for fluid-solid and fluid-fluid systems (Figs. 12.13, 13.5, and 
14.17). Notable exceptions are the reactions taking place in fluidized beds. 
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In this chapter we consider the class of heterogeneous reactions in which 
a gas or liquid contacts a solid and reacts with it, causing it to be trans¬ 
formed into product material. Such reactions may be represented by 

A(fluid) -f 6B(solid) -► fluid products (1) 

-► solid products (2) 

fluid and solid products (3) 

As shown in Fig. 1, solid particles remain unchanged in size during reaction 
when they contain large amounts of impurities which remain as a non¬ 
flaking ash or if they form a Arm product material by the reactions of 
£q. 2 or Eq. 3. Particles shrink in size during reaction when a flaking ash 
or product material is formed or when pure B is used in the' reaction of 
Eq. 1. 

Fluid-solid reactions are numerous and of great industrial importance. 
Those in which the solid does not appreciably change in size during 
reaction are as follows. 

1. The roasting (or oxidation) of sulflde ores to yield the metal oxides. 
For example, in the preparation of zinc oxide the sulflde ore is mined, 
crushed, separated from the gangue by flotation, and then roasted in a 
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Final particta i$ 
hard, firm, and 
unchanged in size 



Time 



Time^ 


Time. 


> o 


Flaking ash or gaseous 
products cause 
shrinkage in size 


Particle shrinks 
with time, finally 
disappearing. 


Fig. I. Range in behavior of solid while reacting with surrounding fluid. 


reactor to form hard white zinc oxide particles according to the reaction 
2ZnS(j) + 30,(g>-^ 2ZnO(-s) + 2SOa(g) 

Similarly iron pyrites react as follows: 

4FeSa(5) + 1 lO^C?) SSO^g) + 2Fe A(-s) 

2. The preparation of metals from their oxides by reaction in reducing 
atmospheres. For example, iron is prepared from crushed and sized 
magnetite ore in continuous-countercurrent, three-stage, fluidized-bed 
reactors according to the reaction 

Fe804(j) + 4H8(g) - 3Fc(s) + 4H^O(g) 

3. The nitrogenation of calcium carbide to produce cyanamide: 

CaC2(5) 4- -► CaCNgfj) -I- C(amorphous) 

4. The protective surface treatment of solids such as the plating of 
metals. 

The most common examples of fluid-solid reactions in which the size 
of solid changes are the reactions of carbonaceous materials such as coal 
briquettes, wood, etc., with low ash content to produce heat or heating 
fuels. For example, with an insufficient amount of air producer gas is 
formed the reactions 

C(s)4-0^g)-^C0t(g) 

2C(j) + 02 (g)-^2CO(f) 
ds) + CO^Cg) 2CO(g) 
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With Steam, water gas is obtained by the reactions 

C(J) + H^Oig) - CO(g) + H,(g) 

C(s) + 2H*0(g) CO,(g) + 2H,(g) 

Other examples of reactions in which solids change in size are as follows. 

1. The manufacture of carbon disuliide from the elements: 

cw + 2S(^) ” g: ‘“°°? CS.(g) 

2. The manufacture of sodium cyanide from sodium amide: 

NaNH 2 (/) + C(5) NaCN(/) + Ha(g) 

3. The manufacture of sodium thiosulfate from sulfur and sodium 
sulhte: 

Na2S03(solution) + S(j) -► Na2S203(solution) 

Other examples are the dissolution reactions, the attack of metal chips by 
acids, and the rusting of iron. 

In Chapter 11 we pointed out that treatment of heterogeneous reaction 
required the consideration of two factors in addition to those normally 
encountered in homogeneous reactions, the first being the modification of 
the kinetic expressions resulting from the mass transfer between phases, 
the second being the contacting patterns of the reacting phases. 

Let us now develop the rate expressions for fluid-solid reactions. These 
will then be used in design. 


SELECTION OF A MODEL 

In asking the question “How do we obtain an expression for the rate of 
reaction of a solid particle?” we must realize that any such expression is 
simply the mathematical representation of a conceptual model or picture 
which is selected beforehand. If the model corresponds closely to what 
really takes place, the rate expression derived from the model will closely 
predict and describe the actual kinetics; if the model widely differs from 
reality, the derived kinetic expressions will be useless. We must remember 
that the most elegant and high-powered mathematical analysis based on a 
model which does not correspond with reality is simply a mathematical 
exercise which is worthless for the engineer who must make design 
predictions. What we say here about a model holds not only in deriving 
kinetic expressions but in all areas of engineering. 

The requirement for a model from which to develop the kinetic equations 
is that it be the closest representation of the actual phenomenon which can 
reasonably be treated without undue mathematical complexities. It is of 
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Fig. 2. According to the progressive-conversion model, reaction proceeds continuously 
throughout the solid particle. 


little use to select a model which very closely mirrors reality but which is so 
complicated that we cannot do anything with it. Unfortunately, this all 
too often happens. 

For the noncatalytic reactions of solid particles with the surrounding 
fluid, we consider two rather simple idealized models, the continuous- 
reaction model and the unreacted-core model. 

Continuous-reaction model 

Here we visualize that reactant gas enters and reacts throughout the 
solid particle at all times, most likely at different rates at different locations 
within the particle. Thus, solid reactant is converted continuously and 
progressively throughout the particle as shown in Fig. 2. 

Unreacted-core model 

Here we visualize that reaction occurs flrst at the outer skin of the solid 
particle. The zone of reaction then moves into the solid, leaving behind 
completely converted material and inert solid. We refer to these as “ash.” 
Thus, at any time during reaction, there exists an unreacted core of 
material which shrinks in size during reaction as shown in Fig. 3. 

Comparison of models with real situations 

In slicing and examining the cross section of partly reacted solid 
particles, we usually find unreacted solid material surrounded by a layer 
of ash. The boundary of this unreacted core may not always be sharply 
defined as the^model shows it; nevertheless, evidence from a wide variety 
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Low convorsion High conversion 



L-l I ^ » I _ I— I _ I I I » I I III I. I > 

R 0 R R 0 R R 0 R 

Radial position 


Fig. 3. According to the unreacted-core model, reaction proceeds at a narrow front which 
moves into the solid particle. Reactant is compietely converted as the front passes by. 

of situations indicates that the unreacted-core model approximates reality 
more closely in most cases than the progressive-conversion model. Ob¬ 
servations with burning coal, wood, briquettes, and tightly wrapped 
newspapers also lend weight to the unreacted-core model. 

We may object to this model on the basis of observations of the slow 
heating and subsequent boiling of an egg or the baking of a cake; here the 
reaction proceeds throughout the whole mass. This objection is overcome 
if we note that these are not heterogeneous reactions such as those shown 
in Eqs. 1, 2, and 3, requiring the contacting of a solid with a fluid for the 
reaction to proceed. These are reactions promoted by heat, and it is 
immaterial whether the heat is introduced by contact with a hot fluid phase 
or by radiant energy. 

Sometimes the progressive-conversion model fits facts better than the 
unreacted-core model, such as the slow reaction of a very porous solid. 
An example of this is the slow poisoning of a catalyst pellet. 

Since the shrinking unreacted-core model seems to represent reality 
more closely in a wide variety of situations, we develop the kinetic equa¬ 
tions for it in the following section. However, we should like to point out 
that others, for example. Walker et al. (1959), drawing on the ideas of 
catalytic gas-solid reaction, have used the continuous-reaction model to 
develop kinetic equations for heterogeneous noncatalytic reactions. 

In the treatment to follow we consider the fluid phase to be a gas, but, 
this is done only for convenience since the treatment ap{dies equally well to 
all fluids, both gases and liquids. 
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RATE OF REACTION FOR SPHERICAL PARTICLES OF 
UNCHANGING SIZE 

In the unreacted-core model we visualize five steps occurring in succes¬ 
sion during reaction (see Fig. 4). 

Step 1. Diffusion of gaseous reactant A through the film surrounding 
the particle to the surface of the soUd. 

Step 2. Penetration and diffusion of A through the blanket of ash to the 
surface of the unreacted core, the reaction surface. 

Step 3. Chemical ruction of the gaseous reactant A with solid. 

Step 4. Diffusion of gaseous products through the ash back to the 
surface of the solid. 

Step 5. Diffusion of gaseous reaction products through the gas film 
back into the main body of the fluid. 

Very often certain of these steps do not exist. For example, if no gaseous 
products are formed or if the reaction is irreversible, steps 4 and 5 do not 
contribute directly to the resistance to reaction. 

Since these steps must occur successively for reaction to take place, we 



Tc r Jt 


Radial position 


Fig. 4. Repratantatlon of concantrationt of reactants and products for the reaction 
A(g) + ^ >'R(g) + sS(s) for a particle of unchanging size. 
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consider them to offer resistances in series. Because of this, whenever one 
of the steps offers the major resistance, that step may be considered alone 
as the rate-controlling step. 

Resistances of the different steps can and usually do vary greatly from 
each other; therefore in the treatment of the kinetics we can usually con¬ 
sider one of these five steps as rate controlling. We should like to know 
which step controls in a given situation. Moreover, when operating condi¬ 
tions are changed, we should like to know when the controlling resistance 
changes. 

In this treatment we consider the chemical reaction to be elementary and 
irreversible and represented kinetically by £qs. 1, 2, or 3, in which case 
steps 4 and 5 do not apply. In addition, consider the particle to be 
spherical. Extension of this analysis to particles of other simple geometrical 
shapes such as long cylinders or flat plates (end effects ignored) is straight¬ 
forward ; however, for irregular-shaped particles analysis is difficult. So 
let us now determine the rate at which an individual spherical particle 
reacts when mass transfer of reactant through the boundaiy film, diffusion 
through ash, and chemical reaction in turn control. 

Gas film diffusion controls 

With the resistance of the gas film controlling, the concentration profile 
for gas-phase reactant A will be as shown in Fig. S. From this figure we see 
that no reactant is present at the surface; hence the concentration driving 
force is constant at all times during reaction of the 

particle. Since it is convenient to derive the kinetic equations based on 
available surface, focus attention on the unchanging exterior surface of a 
particle Noting from the stoichiometry of Equations 1, 2, and 3 that 
dNji =s b dNf^y we write 

_ JL^ __L.^ =_ 

Sex dt 4»rR* dt dt 

= bkg{Cj,g — C^,) * bkgCj^g = constant (4) 

If we let ps be the molar density of B in the solid and V be the volume of a 
particle, the amount of B present in a particle is 

The decrease in volume or radius of unreacted core accompanying the 
disappearance of dN^ moles of solid reactant or b dN^^ moles of fluid 
reactant is then given by 

-dN^ * -b dN^ * -Pb* -Pb dr^ (5) 
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- ... 


Gas film 



Surface of shrinking 
unreacted core 

Surface of particle 


Concentration 
in main 
body of gas 


For irreversible 
reaction 
1 Ca* * 0 

I 

re 0 re 
Radial position 

Fig. 5. Representation of a reacting particle when gas film diffusion is the controlling 
resistance, the reaction being A(g) + bB(s) products. 


Replacing Eq. 5 in 4 gives the rate of reaction in terms of the shrinking 
radius of unreacted core, or 

_ J_ ^ dr^ jL,.^ 

Sex dt R* dt ’ 

Rearranging and integrating, we find how the unreacted core shrinks with 
time. Thus 
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Let the time for complete reaction of a particle be t. By taking 
Eq. 6, we find 

X SB 


Oin 

(7) 


The radius of unreacted core in terms of fractional time for complete 
conversion is given by combining Eqs. 6 and 7, or 


t 


T 


1 



This can be written in terms of fractional conversion by noting that 


/volume of unreacted core\ 

1 

1 


\ total volume of particle / 

hrR^ \ 

r) 


Therefore 



( 8 ) 

(9) 


which is shown graphically in Figs. 9 and 10 (pp. 353 and 354). 

Diffusion through ash controls 

Figure 6 illustrates the situation in which the resistance to diffusion 
through the ash controls the rate of reaction. To develop an expression 
between time and radius, such as Eq. 6 for film resistance, requires a two- 
step analysis. First we examine a typical partially reacted particle, 
writing the flux relationships for this condition. Then we apply this type 
of relationship for all values of r^, in other words we integrate between 
R and 0. 

Consider a partially reacted particle as shown in Fig. 6. Both reactant 
A and boundary of unreacted core move inward toward the center of the 
particle. But the rate of shrinkage of unreacted core is smaller than the 
rate of movement of A toward the unreacted core by a factor of about 1000, 
which is roughly the ratio of densities of solid to gas. Because of this it is 
reasonable for us to assume, as far as the concentration gradient of A in 
the ash at any time is concerned, that the unreacted core is stationary. This 
assumption of quasi steady-state conditions for diffusing A at any time for 
any radius of unreacted core allows great simplification in the mathematics 
wldch follows. With this assumption the rate of reaction of reactant A at 
any instant is given by its rate of diffusion into the particle through a shell 
of any radius r in the ash, or 


dNj, 

dt 


s* ** constant (10) 
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For convenience, let the flux of A within the ash layer be expressed by 
Fick*s law for equimolar counterdiffusion, though other forms of this 
diffusion equation will give the same result (see Problem 12.1). Then 
noting that both Qj^ and dCJdr are positive, we have 

( 11 ) 


Combining Eqs. 10 and 11, we obtain for any r 

— s= 47rr* ^ as constant 
dt dr 

Integrating across the ash layer from R to we obtain 


or 


dNj, 

dt 


I. 


dr rc *,“0 

f = 4,r^ dCj 

n r •'Caj-Cai 


^(L - L] 

dt \r, rI 


= 4w^C 


Ag 


( 12 ) 


(13) 


This expression represents the conditions of a reacting particle at any time. 




t flux of A through exterior surface 
of particle (inward -f, outward —) 

t flux of A through surface 
of any radius r 


Qxe B flux of A through reaction surface 


Typical position in diffusion 
r^ion, radius ■ r, 
concentration of A a Ca 




0 re r Jl 


Radial position 


Hf. 4. RepretMUtion of a reacting particle when ash diffusion is the controlling resis¬ 
tance, the reaction being A(f) -|- bB(s) -*■ products. 
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In the second part of the analysis we let the size of unreacted core 
change with time. For a given size of unreacted core, dNJdt is constant; 
however, as the core shrinks the ash layer becomes thicker, causing a 
decrease in the rate of diffusion of A. Consequently, integration of £q. 13 
with respect to time and other variables should yield the required relation¬ 
ship. But we note that this equation contains three variables, t, and 
one of which must be eliminated or written in terms of the other variables 
before integration can be performed. As with film diffusion, let us express 
Nx in terms of r^. This relationship is given by £q. S. Replacing Eq. 5 
in £q. 13, separating variables and integrating, we obtain 



For complete reaction of a particle, 0 and the time required is 


6b^C^, 


(15) 


The radius of unreacted core based on the time required for complete 
conversion is found by dividing £q. 14 by £q. IS, or 



(16) 


which in terms of fractional conversion, as given in Eq. 8, becomes 

1 = 1 _ 3(1 - Xb)^ + 2(1 - Xb) (17) 

T 


These results are presented graphically in Figs. 9 and 10, pp. 353 and 354. 

Chemical reaction controls 


Figure 7 illustrates concentration gradients within a particle when 
chemical reaction controls. Since the progress of the reaction is independ¬ 
ent of the presence of any ash layer, the quantity of material reacting is 
proportional to the available surface of unreacted core. Thus, based on 
unit surface of unreacted core, the rate of reaction for the stoichiometry of 
Eqs. 1, 2, and 3 is 


1 dNs 


Airr* dt 


b iNj, 
itrr* dt 


hk,Cj^ 


( 18 ) 
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Writing in terms of the shrinking radius, as given in Eq. 5, we obtain 

1 . jdre dr^ ,, ^ 

PiMrt — = “/"B ~ = hk,C 
at dt 


which on integration becomes 

-Pn\ 

Jr 


Av 


bkX 


s'-'A» 


Jo 


or 


t = 


Pb 


bKCj^„ 


{R - O 


(19) 


The time x required for complete reaction is given when = 0, or 

bkfCj^g 


( 20 ) 


The decrease in radius or increase in fractional conversion of the particle 



R re 0 re R 
Radial position 


Fig. 7. Rtprastntation of a retaing particle when chemical reaction is the controlling 
retisunce, dte reaction being A(g) -t- bB(s) -«• products. 
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in terms of r is found by combining Eqs. 19 and 20. Thus 

'- = 1 - _ 1 _ (1 _ Xb)>* ( 21 ) 

T K 

This result is plotted in Figs. 9 and 10, pp. 353 and 354. 

RATE OF REACTION FOR SHRINKING SPHERICAL 
PARTICLES 

When no ash forms, as in the burning of pure carbon in air, the reacting 
particle shrinks during reaction, finally disappearing. This process is 
illustrated in Fig. 8. For a reaction of tUs kind we visualize the following 
three steps occurring in succession. 

Step 1. Diffusion of reactant A from the main body of the gas through 
the gas film to the surface of the solid. 



R Q R 

Radial position 


Fig. 8. Representation of concentration of reactants and products for the reaction 
A(g) + hB(s) -* rR(g) between a shrinking solid particie and gas. 
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Step 2. Reaction on the surface between reactant A and solid. 

Step 3. Diffusion of reaction products from the surface of the solid 
through the gas film back into the main body of gas. 

Note that ash is absent and cannot contribute any resistance. 

As with particles of constant size, let us see what rate expressions result 
when one or the other of the resistances controls. Again consider an 
irreversible reaction. 

Chemical reaction controls 

When chemical reaction controls, the behavior is identical to that of 
particles of unchanging size; therefore Fig. 7 and Eqs. 19 or 21 will repre¬ 
sent the time-conversion behavior of single particles, both shrinking and of 
constant size. 

Gas film diffusion controls 

Film resistance at the surface of a particle is dependent on numerous 
factors, such as the relative velocity between particle and fluid, size of 
particle, and fluid properties. These have been correlated on the basis of ex¬ 
perimental evidence by semiempirical dimensionless equations, each of 
which correlates the variables only for a specific method of contacting of 
fluid with solid, such as packed beds, fluidized beds, and solids in free fall. 
One such example for the mass transfer of a component of mole fraction 
y in a fluid to free-falling solids is given by Froessling (1938): 

= 2.0 + 0.6(Sc)’^(Re)^ 

During reaction particles shrink in size, and when these are in free fall 
the relative velocity between gas and solid also varies because the terminal 
settling velocity of particles is itself dependent on the size of the particles. 
These changes cause the film resistance, measured by to vary during 
reaction. Now time versus size relationship for such particles can be 
developed; however, a different relationship would be obtained every time 
a different correlation of the type shown in Eq. 22 is used. All such 
relationships would be cumbersome and limited in generality; therefore 
they will not be considered here. 

Nevertheless, the general trend of film resistance with change in particle 
size and gas velocity is as follows. Film resistance drops with decrease in 
particle siee but rises with decrease in gas velocity, particle size being the 
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primaiy influence. As an example. Fig. 12 (p. 356) and £q. 22 show that 


K 





u 


Ti 


for(Sc)^(Re)‘"< <3.3 
for(Sc)’^(Re)’'^>3.3 


(23) 


COMBINATION OF RESISTANCES FOR SPHERICAL 
PARTICLES 


First consider the progressive reaction of a spherical particle of un¬ 
changing size. The relative importance of the resistances in the gas film 
and ash layer to chemical reaction will vary as conversion progresses. This 
can be seen by noting that the gas film resistance remains unchanged 
throughout, the resistance to reaction increases as the surface of unreacted 
core decreases, and ash diffusion resistance is nonexistent at the start when 
no ash is present but becomes progressively more and more important as 
the ash layer builds up. As a result of these changing resistances, a proper 
estimate of their relative roles is obtained only by considering the complete 
reaction of a particle. 

Thus in terms of the mean rate as averaged over the time necessary for 
complete reaction, eliminating all intermediate concentrations as shown 
in the example of Chapter 11, we have 


Sex dt 



(24) 


where ^ 2^1 R is the measure of the conductance through the ash layer, 
R/l being the average thickness of this layer. 

For ash-free particles which shrink with reaction, only two resistances, 
gas film and surface reaction, need be considered. Since these are both 
based on the exterior surface of particles, we may combine them to give at 
any instant 


Sex dt 





(25) 


DETERMINATION OF THE RATE-CONTROLLING STEP 

The kinetics and rate-controlling steps of a fluid-solid reaction are 
found following die progressive conversion of solid partides and noting 
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Fig. 9. Progress of reaction of a single solid particie with surrounding fluid measured 
in terms of time for compiete reaction. From Yagi and Kunii (1955). 

how particle size and operating temperature influence this conversion. 
This information can be obtained by any one of a number of experimental 
programs. The one actually selected will depend on the facilities available 
and the materials at hand. The following observations based on the 
rate information of the previous sections are a guide to a rational plan 
of experimentation and to the proper interpretation of experimental 
results. 

Temperature. The chemical step is usually much more temperature 
sensitive than the physical steps are. Hence performing the experiment at 
different temperatures should easily distinguish between ash or film 
diffusion on the one hand and chemical reaction on the other hand as the 
controlling step. 

Tune. Figures 9 and 10 show the progress of a reaction in a particle 
of unchanging size when chemical reaction, film diffusion, and ash 
diffusion in turn control. Results of kinetic runs for various periods 
compared with these predicted curves should indicate the rate-controlling 
step. Unfortunately, the difference between ash diffudon and chemical 
reaction as controlling steps is not great and may be masked by the scatter 
in experiiifental data. 



354 


Ch. 12 NONCATALYTIC FLUfD-SOUD REACTIONS 



Fig. 10. Progress of reaction of a single solid particle with surrounding fluid measured 
in terms of time for complete conversion. 

Particle size. Equations IS and 20 and Eq. 7 with 23 show that the 
time needed to achieve the same fractional conversion for particles of 
different but unchanging sizes is given by 


— SSS -i 

/n \1.5to2.0 

for film diffusion controlling (for 


(^) - 

a rise in the Reynolds number the 

(26) 

h •'i 

\Ri/ 

power on RJRj drops) 


h 'fi 

& 

for ash diffusion controlling 

(27) 


• 

for chemical reaction controlling 

(28) 

<1 'ti 

Ri 



Thus kinetic urns with different sizes of particles can distingui^ betweas 
reactions in which the chemical and physical steps control. 

Ask versus film resistance. When a hard solid ash is formed during 
reaction, resistance to the passage of ^s-phase reactant is usu^y much 
greater throu^ this ash than through die ^s film surrounding the particle. 
Hence in the presence of a nonllaking ash layer, film resistance can safely 
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Chemical reaction 



Fig. II. Because of the series relationship among the resistances to reaction, the net or 
observed rate Is never higher than for any of the individual steps acting alone. 


be ignored. In addition, ash resistance alone is unaffected by changes in 
gas velocity. 

Predictability of film resistance. The magnitude of film resistance can 
be estimated from dimensionless correlations such as Eq. 22. Thus an 
observed rate approximately equal-to the calculated rate suggests that film 
resistance controls. 

Over-all versus individual resistance. If a plot of individual rate co¬ 
efficients is made as a function of temperature as shown in Fig. 11, the 
over-all coefficient given by Eq. 24 or 25 cannot be higher than any of the 
individual coefficients. 

With these observations we can usually discover with a small carefully 
planned experimental program which is ffie controlling mechanism. 

Let us illustrate the interplay of resistance with the well-studied gas-solid 
reaction of pure carbon particles with oxygen: 

C H- O* COj 

(BU) + A(f) — gueoiH producu] 

with rate equation 


1 dN^ 
Sex dt 


1 

4irR* 


4wRVb ^ = “Pb 

dt 


dt 




Since no ash is formed at any time during reaction, we have here a case of 
kinetics of Ij^inking particles for which two resistances at most, surface 
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reaction and gas film, may play a role. In terms of these, the over-all rate 
constant at any instant from £q. 25 is 



For surface reaction controlling, Parker and Hottel (1936) found that the 
rate is represented by 


1 dNji 4.32 X 10“ C 


Vr 


-44,000 od/ar sskC 


At 


Sex dt 


(29) 
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where T is in degrees Kelvin and is in gram moles per liter. For film 
diffusion controlling, Eq. 22 holds. Figure 12 shows all this information 
in convenient graphical form and allows determination of k, for different 
values of the system variables. Note that when film resistance controls, 
the reaction is rather temperature insensitive but is dependent on particle 
size and relative velocity between solid and gas. This is shown by the 
family of lines, close to parallel and practically horizontal. 

In extrapolating to new untried operating conditions, we must know 
when to be prepared for a change in controlling step and when we may 
reasonably expect the rate-controlling step not to change. For example, 
for particles with nonflaking ash a rise in temperature, and to a lesser 
extent an increase in particle size, niay cause the rate to switch from 
reaction to diffusion controlling, the critical temperature being a function 
of particle size, solid porosity, and reaction kinetics. For reactions in 
which ash is not present, a rise in temperature will again cause the reaction 
to switch from reaction to gas film resistance controlling. 

Finally we should note that the relative importance of the various 
resistances changes during the reaction of particles. These effects have 
been considered, however, and have been accounted for to give a proper 
mean estimate of their relative rates in Eq. 24. 


APPLICATION TO DESIGN 

Three factors primarily control the design of a fluid-solid reactor, the 
reaction kinetics for single particles, the size distribution of these solids 
being treated, and the flow patterns of both solids and fluids in the reactor. 
Where the kinetics are complex and not well known, where the products of 
reaction form a blanketing fluid phase, where temperatures within the 
system vary greatly from position to position, analysis of the situation 
becomes difficult and present design is based largely on the experiences 
gained by many years of operations, innovation, and small changes made 
on existing reactors. The blast furnace for producing iron is probably 
the most important industrial example of such a system. 

Though some real industrial reactions may never yield to simple analyses, 
this should not deter us from studying idealized systems. These satis¬ 
factorily represent many real reacting systems and in addition may be 
taken as the starting point for more involved analyses. Here we consider 
only the greatly simplified idealized systems in which the reaction kinetics, 
flow characteristics, and size distribution of solids are known. 

Referring to Fig. 13, let us discuss briefly how the various types of flow 
may be classified in gas-solid operations. 

Solid gas both in plug flow. When solids and gas pass through the 
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Coke Iron ore 



It 

Air 

(a) Blast furnace 


Hot gas 



(b) Roteiy dryer for heat- 
sensitive materials 



(e) Moving feeder for 
coal furnaces 

Fig. 13. Various contacting patterns in fluid-solid reactors: (a) countercurrent plug 
flow: (b) cocurrent plug flow; (c) crosscurrent plug flow; (d) mixed plug flow; (e) 
mixed operations, gas—intermediate, solids—backmix; ^ semibacdt operations. 
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(dt Moving-bed reactor 



Fluid in 



Ruid out 

if) ion exchange bed 
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reactor in plug How, their compositions will change during passage. In 
addition, such operations are usually nonisothermal. 

The contacting of phases may be accomplished in many ways: by 
countercurrent flow as in blast furnaces and cement kilns (Fig. 13a), by 
cocurrent flow as in polymer driers (Fig. 13A), by cross flow as in moving 
belt feeders for furnaces (Fig. 13c), or by some combination of these as in 
moving bed reactors [see Vener (1955)], (Fig. 13d). 

Solids in backmixflow. The fluidized bed (Fig. 13c) is the best example 
of a reactor with backmix flow of solids. The gas flow in such reactors 
is difficult to characterize and is intermediate between backmix and plug 
flow. Because of the high heat capacity of the solid, isothermal conditions 
can frequently be safely assumed in such operations. 

Semibatch operations. The ion exchange column of Fig. 13/ is an 
example of the batch treatment of solids in which the flow of fluid closely 
approximates plug flow. In an ordinary home fireplace, another semi¬ 
batch operation, the flow of fluid deviates more greatly from plug flow. 

Batch operations. The dissolution and reaction of a given quantity of 
solid in a batch of fluid such as the acid attack of a solid are a common 
example of batch operations. 

Analysis and design of fluid-solid reacting systems are greatly simplified 
if the composition of the fluid can be considered to be uniform throughout 
the reactor. Since this is a reasonable approximation where fractional 
conversion of fluid-phase reactants is not too great or where fluid back- 
mixing is considerable, as in fluidized beds, this assumption can frequently 
be used without deviating too greatly from reality. We use this assumption 
in all the analyses which follow. 

Let us now consider a number of frequently met contacting patterns, 
and let us develop their design equations, employing in every case the 
assumption of uniform gas composition witliin the reactor. 

Particles of a single size, plug flow of solids, 
uniform gas composition 

The contact time or reaction time needed for any specific conversion of 
solid is found in a straightforward manner from the equations derived 
earlier for film, ash, or chemical resistance controlling, Eq. 9, 17, or 21. 

Mixture of particles of different but unchanging sizes, 
plug flow of solids, uniform gas composition 

Consider a solid feed consisting of a mixture of different-sized particles. 
The size distribution of this feed can be represented by a continuous size 
distribution function analogous to those presented in Chapter 9 for the age 
distributions I and £ of fluids. On the other hand, it can he represented as 



DESIGN. SOLIDS—PLUG FLOW. GAS—6ACKMIX 


361 



^2 

< any size 

Size of particle in the feed 


Fig. 14. Representation of the feed rate of a mixture of particles. 


a discrete distribution. We use the latter representation since actual deter¬ 
mination of size distribution is made in terms of discrete distributions, the 
screen analyses. Even if these discrete distributions are transformed into 
continuous distributions, these must later be converted back to discrete 
distributions before they can be treated. 

Let F be the quantity of solid being treated in unit time. Since the 
density of solid ma^ change during reaction, Fis defined as the volumetric 
feed rate of solid in the general case. Where density change of the solid is 
negligible, F becomes the mass feed rate of solid as well. In addition, let 
F(Rt) be the quantity of material of size Ri fed to the reactor. If R„ is the 
largest particle size in the feed, we have for particles of unchanging size 


Rm 

F= 1 niQ 

Figure 14 shows the general characteristics of a discrete distribution. 

When in plug flow all solids stay in the reactor for the same length of 
time tp. From this and the kinetics for whatever resistance controls the 
conversion Xf^iR^) for any size of particle Rt can be found. Then the 
mean conversion of the solids leaving the reactor can be obtained by 
properly summing to And the over-all contribution to conversion of all 
sizes of particles. Thus 


( mean value for\ "ST /fraction of reactant ’ 

the fraction of j=ss 1 unconverted in solids 
B unconverted/ *'*“ \of size 


fraction of feed 
which is of size R^ 

( 30 ) 
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or in symbols 

I-'S’b- f 0<Xb<1 

" F«) 

1-Xb= I [I-JTbW]™ 

BU,=t) F 

where R(tj, s= x) is the radius of the largest particle completely converted 
in the reactor. These two forms of Eq. 31, actually identical, require some 
discussion. First of all, we know that the smaller a particle the shorter the 
time required for complete conversion. However, since all particles have 
the same residence time in the reactor, some, those smaller than 
= x), will be completely reacted. But for these particles the calculated 
fractional conversion will be greater than unity, indicating more than 
100% conversion, which physically is meaningless. Thus* in the first form 
of Eq. 31 must not be allowed to take on values greater than unity. In 

the second form this condition is incorporated into the lower limit of the 
summation because particles smaller than /?(/„ = x) are completely con¬ 
verted and do not contribute to the fraction unconverted, I — 

The terms R(tj, = x) and 1 — A^b(^i) 31 are given by the kinetic ex¬ 

pressions for the appropriate controlling resistances and when known allow 
evaluation of the mean conversion for a mixed feed. The following example 
illustrates the procedure. 

Example I 

A feed consisting ^ 

30% of SO-iU-radius particles 
40% of 100-/<-radius particles 
30% of 200-/i-radius particles 

is to be fed continuously in a thin layer onto a moving grate crosscurrent to a 
flow of reactant gas. For the planned operating conditions the time required for 
complete conversion is S, 10, and 20 min for the three sizes of particles in the 
solid feed. Find the conversion of solids for a residence time of 8 min in the 
reactor. 

Solution. From the statement of the problem we may consider the solids to 
be in plug flow with r, 8 min and the gas to be uniform in composition. 
Hence for a mixed feed Eq. 31 is applicable, or 

1 - .X'b “ tl - X^iSO + [1 - JradOOM)] - - ^ - - + • • • (31) 
where 


F(50,i) 

F 

Fimii) 

F 

F(200m) 

F 


0.30 and t(S0/<) » 5 min 
0.40 and <<(100 ft) ■■ 10 min 


0.30 and t(200 ft) m 20 min 
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Since for the three sizes of particles 

we see from Eq. 28 that chemical reaction controls and the conversion-time 
characteristics for each size is given by Eq. 21 or 

Replacing in Eq. 31 we obtain 


1 — 


/. 8 min / 

, SV 

1 - JTT-^ (0-4) + 

\ 10 mm/ \ 

* 20/ 


for Jt»100/< 


3 

(0.3) 

*/ 

for Jt»200/i 


= 0.0032 + 0.0648 = 0.068 


Hence the fraction of solid converted equals 93.2%. 

Note that the smallest size of particles is completely converted and does not 
contribute to the summation of Eq. 31. 


Particles of a single unchanging size, backmlx flow of solids, 
uniform gas composition 


Consider the reactor of Fig. 13e with constant flow rates of both solids 
and gas inter and out of the reactor. With the assumption of uniform gas 
concentration and backmix flow of solids, this model represents a fluidized- 
bed reactor in which there is no carryover of solids. 

The conversion of reactant in a single particle depends on its length 
of stay in the bed, and for the appropriate controlling resistance is given 
by Eq. 9, 17, or 2^ However, the length of stay is not the same for all 
particles in the reactor; hence we must calculate a mean conversion of 
material. Recognizing that the solid behaves as a macrofluid, this can be 
done by the methods of Chapter 10. Thus in terms of the fraction of solid 
reactant unconverted we may write for the solids leaving the reactor 


( mean value for\ 
the fraction of | = y 
B unconverted / 


particles 
of all 
ages 


^fraction of reactant 
unconverted for 
particles staying in 
the reactor for time 
between t and t + dti 


or in symbols 


/fraction of \ 
exit stream \ 
which has 1 
stayed in the I 
reactor for a I 
time between/ 
\ t and t + dt I 


1 - = f * (1 - X^)m 

Jo 


dt 


(32) 


Again, when a particle remains in the reactor for a time longer than that 
required for complete conversion of that particle, the calculated conversion 
is greater than 100%, or > t; Since this has no physical significance, 
JITb should fbmain at unity for particle residence times greater than t. To 
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guarantee that such particles do not contribute to the fraction unconverted, 
we modify this equation to read 

1 - Tb = fa - X^Mt) dt (33) 

Jo 


where £(/) is the exit age distribution of the solids in the reactor expressed 
in time units (see Chapter 9). 

For backmix flow of solids with mean residence time / in the reactor we 
find from Chapter 9 

m - — ( 34 ) 


Thus for backmix flow of the single size of solid which is completely 
converted in time t, we obtain 

l-^„= (35) 

Jo t 

This may be integrated for the various controlling resistances. 

For film resistance controlling Eq. 9 wi^h Eq. 35 yields 

which on integration by parts gives 


JTb = -d - c-’") 

T 

or in equivalent expanded form, useful for large //t. 


1 




(37) 


For chemical reaction controlling Eq. 21 replaced in Eq. 35 gives 

Integrating by parts using the recursion formula, found in any table of 
integrals, we obtain 

or in equivalent form, useful for large f/r, (39) 


1 — ^B 



120 
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For ash resistance controlling replacement of Eq. 17 in £q. 35 followed 
by integration leads to a cumbersome expression which on expansion 
yields [see Kunii (1958), Yagi and Kunii (1961)] 



It 19 /tV 41 /xy 

5 7 420 \7/ '^4620\7/ 


0.00149 




• (40) 


Figures 15 and 16 present these results for solids in backmix flow in 
convenient graphical form. Figure 16 shows clearly at high conversion of 
solids that the backmix reactor requires a much larger holding time for 
solids than does a plug flow reactor. 

Extensions of these expressions to multistage operations are straight* 
forward and are consider^ in problems 16 and 17. 


Example 2 

Yagi et al. (19S1) roasted pyrrhotite (iron sulfide) particles dispersed in 
asbestos fibers and found that the time for complete conversion was related to 
particle size as follows: <r oc ® 

Particles remained as hard solids during reaction. 

A fluidized-bed reactor is planned to convert pyrrhotite ore to the correspond¬ 
ing oxide. The feed is to be uniform in size, t » 20 min, with mean residence 
time f = 60 min in the reactor. What fraction of original sulfide ore remains 
unconverted? 

Solution. Since a hard product material is formed during reaction, film 
diffusion can be ruled out as the controlling resistance. For chemical reaction 
controlling Eq. 28 shows that 


whereas for ash diffusion controlling Eq. 27 shows that 

T oc /?* 

As the experimentally found diameter dependency lies between these two values, 
it is reasonable to expect that both these mechanisms offer resistance to con¬ 
version. Using in turn ash diffusion and chemical reaction as the controlling 
resistance should then give the upper and lower bound to the conversion 
expected. 

The solids in a fluidized bed approximate backmix flow; hence for chemical 
reaction controlling Eq. 39, with rji « 20 min/60 min « I, gives 

For ash diffusion controlling Eq. 40 gives 
1 — Yg 


5\3; 420\3^ ^4620^3/ 


0.062 


Hence the fraction of sulfide remaining is between 6.2% and 7.8%, or on 
averaging 0 , 07 . or 7.0% 
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Fig. 17. ReprescinUtfon of a backmix reactor with mixed feed and single exit stream. 
Note that size distribution of flow streams and the bed are alike. 


Mixture of particles of different but unchanging size, backmix 
flow of solids, uniform gas composition 

Often a spectrum of particle sizes is used as feed to a backmix reactor. 
For such a feed and a single exit stream (no carryover) the methods leading 
to Eqs. 31 and 35, when combined, should yield the required conversion. 

Let us now consider such a reacting system which is shown in Fig. 17. 
Since the particles remain unchanged in size and since the exit stream is 
representative of the bed conditions, we conclude that the size distribu¬ 
tions of the bed, feed, and exit streams are all alike, or 


F(Ri) ^ WW) ,41^ 

F W 

where fV is the quantity of material in the reactor and where W{R^ is the 
quantity of material of any size Ri in the reactor. In addition, for this flow 
the mean residence time {{Ri) of material of any size Ri is equal to the mean 
residence time of solid in the bed, or 


i - TO 


( weight of solid in\ 
_ the reactor / 

F /feed rate of solids\ 
\ to the reactor / 


(42) 
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Letting ^ mean conversion of particles of size Rf in the bed, 

we have from Eq. 33 

MRi) p-m 

1 - X4.R^ = [1 - Xb(/?.)] — dt (43) 

Jo t 


However, feed consists of particles of different sizes; hence the over-all 
mean of B unconverted in all these sizes is 


( , e , /fraction un-\ 

mean value for\ / , ,. \ 

fraction of B = > <=onv«teUln 

-- / Z. 1 particles Of I 


\unconverted 
or in symbols 


BiL Ri 


1 - = 


2 [1 - ^ 
F 


/fraction of exit 
or entering 
stream consisting j 
of particles of 
\ size Ri 


(44) 


K=0 


Combining Eqs. 43 and 44 and replacing the former expression with Eq. 37, 
39, or 40 for each size of particle, we obtain in turn, for film diffusion 
controlling. 


for chemical reaction controlling. 


(45) 


(46) 


for ash diffusion controlling. 


, r_^|W«<) 19rT(Ri)?, \md 

1 - - 2 (5--420 [—]+•■ •) — 


(47) 


where x{Ri) is the time for complete reaction of particles of size Rf. The 
following example illustrates the use of these expressions. 


Example 3 

A feed consisting 

30% of S0-/4-radius particles 
40% of 100-ju-radius particles 
30% of 200-)u-radius particles 

is to be reacted in a fluidized-bed steady-state flow reactor constructed from a 
4-ft length of 4-in. pipe. The fluidizing gas is the gas-phase reactant, and at the 
planned operating conditions the time required for complete conversion is 5,10, 
and 20 min for the three sizes of feed. Find the conversion of solids in the 
reactor for a feed rate of 1 kg solids/min if the bed contains 10 kg solids. 
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Additional information: 

The solids are hard and unchanged in size and weight during reaction. 

A cyclone separator is used to separate and return to the bed any solids that 
may be entrained by the gas. 

The change in gas>phase composition across the bed is small. 


Solution. From the statement of the problem we may treat the fluidized 
bed as a backmix reactor. For mixed feed Eq. 44 is applicable, and since 
chemical reaction controls (see Example 1), this equation reduces to Eq. 46 
where from the problem statement 


F — KKX) gm/min 
W » 10,000 gm 



10,000 gm 
1000 gm/min 


= 10 min 


F(50 /O = 300 gm/min and t(50 ^) = 5 min 
F(1(X)= 400 gm/min and t(100a^) = 10 min 
/'(200 ft) = 300 gm/min and -1(200 ft) = 20 min 

Replacing in Eq. 46 we obtain 

«_ri/5min\ l/5\* 1 300gm/min 

® [4\10min/ 20\loj JlOOOgm/min 

for A >« 50 M 


+ 


+ 


Pi 

f 10 min\ 

1 /10\* 

400 

[ 4 I 

10 minj 

20^10/ ' 

1000 


for A 

- 100/« 


Pi 

/20 min\ 

1 /20\* 

300 

[ 4 I 

10 minj 

20\10/ ■*" " 

1000 


for A 

= 200ai 





1 1 

1 

1 


\B 80 

jlbM 

4 20 

+ 

120 

jio 


1 2 

+ ...\ 

3 



+ (2 " 5 + 

15 no 

^ ) 

10 



0.034 + 0,083 

t + 0.105 

- 0.222 




The mean conversion of solids is then 

JrB»77.8% 

Application to a fluidized bed with both carryover and 
underflow of solids 

Carryover of fines may occur in a fluidized bed for a feed consisting of a 
wide size distribution of solids. When this happens we have a reactor as 
shown in Fig. 18 with one feed stream and two exit streams. Let subscripts 
0 , 1, 2 refer to* the feed, underflow, and carryover streams respectively. 
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Fig. 18. Representation of a fluidized bed with carryover of solids. 
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Then by material balances, for the whole streams and for particles of size 
Ri, we find 

f 0 * + ^2 (48) 

.and 

= FiW + FM (49) 

Since backmix flow is still assumed, the composition of the underflow 
stream is still representative of the composition within the bed, or 


(50) 


FM _ W(R,) 

F. W 

*- 

For this bed the mean residence time of material of different sizes need 
not be the same. In fact, since small particles are more likely to be blown 
out of the bed, intuition suggests that they stay in the bed for a shorter 
time than the larger particles. The mean residence time in the bed of 
particles of size Ri is then, on combining with £q. 49 and SO, 

( weight of particles \ 

of size Ri in the bed/ 
j __I!_ ' 

/flow rate of such particles\ 

\ into and put of the bed / 


WjRi) W(Ri) 


1 


FoiRi) F^iRi) + FM . W) 

W W(Ri) 


(51) 


This expression shows that the mean residence time, hence conversion, 
of particles of any given size is the same in the underflow and carryover 
stream. 

The mean conversion of particles of size i!* from Eq. 33 is then 


- MRt) = I 

Jo 


[1 - 


e 


-t/URi) 




dt 


(52) 


and for a feed consisting of a mixture of particles we have, as vwth Eq. 44, 


( mean value for' 
fraction of B 
unconverted 


)- 2 ( 


/fraction un-> 
I converted in 
particles of 
size Ri 


fraction of feed 
or combing exit 1 
streams consist¬ 
ing of particles 
^of size Ri 


or 




B 


Rm 

2 C1 




FM 

Fo 


(53) 
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Equations S3 and 52 combined in turn with Equations 37,39, and 40 give 
for film diffusion controllingy 


1 - - 2 


FM) 

® 12 i{Ri) 

3iLwJ ) 

Fo 

for chemical reaction controlling. 





Fo(Ri) 

KK) 

20Uk^J I 

Fo 

for ash diffusion controlling. 



1 r* = 5 {‘ 

19 ta)]* 

] Fo(Ri) 

>5 w 

420LtoJ 

1 Fo 


(54) 


(55) 


(56) 


Comparison with Eqs. 45 to 47 shows that it is simply the variation of the 
mean residence time with particle size which distinguishes the conversion in 
fluidized beds with carryover from the ordinary backmix reactor equations 
in which — i = constant. For a feed of a single size, T(/?j) = t — 
constant, and these expressions reduce even further to Eq. 37, 39, and 40. 

To determine requires finding the size distribution of the various 
streams (see Eq. 51), and since we normally know only the size distribution 
of the feed, these equations are not useful as they stand for predictive 
purposes and design. We may overcome this difficulty by making use of 
independent information on the rate at which particles are blown out of 
fluidized beds. 

Elutriation experiments show that the number of marked particles of a 
given size blown out of a fluidized bed of given height is proportional to 
the number of such particles present in the bed, or 

d (number of marked particles) 

- -T -= < (number of marked particles) (57) 


where k, called the elutriation velocity constant, has the units of reciprocal 
time and is a function of the properties of the system. Yagi and Kunii 
(1962) and Wen and Hashinger (1960) present generalized relationships for 
K which correlate data obtained in a wide variety of physical systems. 

Figure 19, illustrating typical elutriation experiments, shows how particle 
size, gas velocity, and bed depth influence k. In fluidization of small 
particles which are to some extent blown out of the bed, the interrelation¬ 
ship between these variables is approximated by 

(gas velocity)* 

(bed heightXparticle size)* ® 
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Fig. 19. Typical results of elutriation experiments showing the dependency of k on the 
fluidization variables. Adapted from Yagi and Kunii (1961). 


Equation 58 should not be extrapolated to larger particles which are not 
blown out of the bed because it predicts a nonzero value for k, whereas for 
such particles k is actually zero. Figure 20 shows this effect. 

For particles of size Ri in a bed of specified height 


kW = 


( rate of carryover of\ 
particles of size /?, / ^a(^i) 

/weight of such particles\ fV(Ri) 

\present in the bed / 


(59) 


With K(Rf) available from independent experiments, we have with Eq. 51 




tV(Ri) 


1 


(60) 


foW Fj/H'-h^R,) 

One last term is still to be evaluated before /(/?,) can be predicted. 
When the f(i?^) values are known, the conversion can be calculated from 
Eqs. 54, 55, and 56. Now Fj is found by combining Eq. 60 with Eq. 50 and 
rearranging to give 

which on summing over all particle sizes gives the composition and flow 
rate of the underflow stream. Thus 


Fi = Fi(«i) + Fi(J?a) + • • • F^iRJ 

^ 1 + WFMRi) 


( 62 ) 
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Fig. 20. Interrelationship of variables in eiutriation experiments with a bed of mixed 
particles. Adapted from Kunii (1958). 


Knowing the feed, size of bed, and k for all particle sizes allows us to 
solve for Fi by trial and error as follows. Choose a value for F}, evaluate 
Fi(R^ from Eq. 61, sum up all the Fi{RX ond see whether this matches the 
Fi selected. 

Finally, the most involved problem we may encounter in design is to 
find the size of reactor for a specified conversion of feed Fq of known 

size distribution. The solution is as follows. 

1. Select a value of IV and find the corresponding k(R^) for the gas 
velocity and bed height to be used. Note that K(Rf) is inversely propor¬ 
tional to bed height, hence inversely proportional to W. 

2. Find Fi(Ri) and by the trial and error solution of Eq. 62. 

3. Determine i(Ri) from Eq. 60. 

4. Calculate the conversion by Eq. 54, 55, or 56. 

5. See whether the calculated conversion matches the required con¬ 
version. If it is too low, use a larger value of IV and repeat the 
process. 

Example 4 

Solve Example 3 with the following modifications. The cyclone separator is 
removed and higher gas flow rates are used; therefore solids are entrained by 
the fluidizing gas. Tlw eiutriation velocity constant for the operating conditions 
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and bed height is estimated to be 


(2000A<*/min)d,-2 


where d, is the particle diameter in microns. 

Solution. From Example 3 and by solving for #c(^t) we have 


Fq 1000 gm/min. 


10 min 

W = 10,000 gm 

Fa 

k(50 fi) = 0.2/min 

t(50a/) 

= 5 min 

*e(100/i) »0.05/min 

t(I00//) 

a 10 min 

*K200/4) »0.0125/min 

T(200;i) 

20 min 


fi) = 300 gm/min 
Fo(100 fi) =* 400 gm/min 
Fo(200Af) = 300 gm/min 

Figure E4o shows quantities of all streams known at this point. The procedure 
will be as follows. 

Step a. Find Fi by trial and error solution of Eq. 62. 

Step b. Determine /(/{«) from Eq. 60. 

Step c. Calculate the conversion from Eq. SS, since chemical reaction controls. 
Step a. Guess Fj » 625 gm/min; then the value of Fj calculated by Eq. 62 is 

300 gm/min 400 300 


, . 10,000 gm 

R ■■ 50/* 


1 +^^( 0 . 05 ) 


625 

R -= 100/* 

71.4 gm ol S0-/« material + 222.2 + 250 
543.6 gm, too low 


, 10,000 
' + -isr 

JR > 200/1 
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Guess Fj s= 
^1 = 


400 gm/min. Then by calculation 

300 . 400 

, 10,000 

1 + ( 0 . 2 ) 


300 


1 +^?^(0.05) 


400 


1 + 1 ^( 0 . 0125 ) 


400 


= 50 + 177.7 + 228.5 
=» 456.2 gm/min, too high 

Guess Fj = 500 gm. Then by calculations similar to those just given we find 

Fi = 60 + 200 + 240 *= 500 gm, check 

Thus we have Fi(50 fi) = 60 gm/min 

Fj = 500 gm/min and Fi(100/<) = 200 gm/min 

Fi(200 ft) = 240 gm/min. 


Step b. From Eq. 60 the mean residence times of the various sizes of particles 


are 


/(50/i) = 

/(100/i) = 

f(200/i) « 


F^jW + k(50 fi) 500 gm/min . ^ 

-+ u.* nun 

10,000 gm 


= 4 min 


1 


500/10,000 + 0.05 
1 


= 10 min 

16 min 


500/10,000 + 0.0125 
Step c. From Eq. 55 we then find the mean over-all conversion. Thus 


1 


= ri/5min\ 1 /5\® l/5\» 1 300 gm/min 

[4 \4 min/ 20 \4 j 120 \4/ “ J1000 gm/min 


R =* ttO ft 


/lO min\ 

- * •. .1 

^10 minj 

20 (^ 10 ; ^ J 


jR =■ 100/< 

/20 min\ 
^16 minj 

1 /20\2 1 

20\16/ + ’ ‘ J 


300 


A - 200a< 

0.075 + 0.083 + 0.075 * 0.233 


The mean conversion of solids is then 

Xj, - 76.7% 

The composition of the bed and of the various streams, obtained by material 
balance, is shown in Fig. EAb. 
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Overflow; 


Ft *■ 500 gm/min 

P2(50m) » 240 gm/min 
F 2 ( 100 /u) ax 200 gm/min 
F 2 ( 200 iu) ss 60 gm/min 


Fo ^ 1000 gm/min 

{ Fo( 504) = 300 gm/min 
Fo(IOOm) 400 gm/min 
Fo(200/i) s 300 gm/min 


“ I i 

\ 


Fluidized bed: 
10,000 gm 

{ W(50m) »1200 gm 
ll^dOOM) a 4000 gm 
W(200 m) a 4800 gm 


Underflow: 


Fi* 500 gm/min 
Fi(50m) a 60 gm/min 
Fi(10On) s 200 gm/min 
Fi(200m) ss 240 gm/min 

Fig. E41> 


Comparing the solutions for Examples 3 and 4 we see that conversion is 
not lowered appreciably by the elutriation of fines from the bed. Actually, 
as shown in the problems at the end of the chapter, conversion can some¬ 
times be increased by allowing solids to be blown out of the bed. 

This may seem surprising at first, but the reason becomes clear when we 
realize that the elutriation of fines which are converted in a short time 
allows the larger sizes of particles to remain in the bed for longer periods, 
hence increasing their conversion. 

The predominance of larger particles in the bed can be seen in Fig. E4b. 

Comments 

We have examined a number of contacting patterns for the fluid-solid 
phases and have presented the design procedure for them. In doing so we 
have made a number of assumptions, the major ones being: 

1. No appreciable change in size of particles during reaction. 

2. Ideal flow of the phases. For fluidized beds this means uniformity in 
composition at all points within the bed. 

3. Steady^state operations. 
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In addition, to obtain numerical answers we used rate expressions such as 
Eqs. 9, 17, and 21 which entailed additional assumptions. We may feel 
that with these rather severe restrictive assumptions our models have but 
few applications. This is not so, for models such as those presented here 
have represented satisfactorily a large number of systems of industrial 
importance and have been used for their actual design; see Yagi and Kunii 
(1961) and Kunii (1958). 

Modification of these methods to account for varying composition with¬ 
in fluidized beds is considered by Yagi and Kunii (1961) and Kunii (1958), 
and deviation from plug flow in moving bed reactors is treated by Yagi 
et al. (1961) with the dispersion model. Extension to reactions of shrinking 
particles is straightforward if the feed rate is expressed in terms of numbers 
of particles of various sizes fed to the reactor. 
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1. Equation 11 


PROBLEMS 




dr 


only applies for an equimolar diffusion of gas-phase reactant into the ash layer 
of a reacting particle and gaseous product out of it. When no gaseous product 
is formed, we have diffusion of a single component through stagnant fluid, for 
which the flux equation becomes 

^ir dCk. 

8* —ST 

/'inert 

For this situation and ash diffusion controlling, find the expression for tfx ai^ 
compare it with Eq. 17. Comment. 

2. By combining resistances as suggested in this chapta*, derive Eq, 24 for the 
complete reaction of partides of unchanging size. 
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3. A large stodq>ile of coal is burning. Every part of its surface is in flames. 
In a 24-hr period the linear size of the pile, as measured by its silhouette against 
the horizon, seems to decrease by about 5% . 

(a) How should the burning mass decrease in size? 

(b) When should the fire bum itself out? 

(e) State the assumptions on which your estimation is based. 

4 . A solid feed consisting 

SO wi % of iV-in. particles and smaller 
25 wt % of i-in. particles 
25 wt % of J“in. particles 

is to be passed through an inclined rotating tubular reactor, somewhat like a 
cement kiln, in which it reacts with gas of uniform composition. The reaction is 
A(^) + B(5) -*■ K(s) which proceeds with a well-defined unreacted core leaving 
a hard nonfriable solid product. 

To determine the design specifications of the reactor (length, diameter, angle 
of incline, rate of rotation), ^e residence time of the solid must be known. For 
this two small samples of soUds are introduced into an environment identical 
to that planned for the reactor and are kept there for an hour. Under these 
conditions i-in. particles are 87.5% convert, :l-in. particles are 58.0% con¬ 
verted. 

Find the residence time needed in the tubular reactor, assuming plug flow of 
solids, for (a) 98 % conversion of B, and (b) 95 % conversion of B. 

5. In a uniform environment i-in. solid particles are 87.5% converted to 
product in 5 min. The solids are unchanged in size during reaction, and the 
chemical reaction step is known to be rate controlling. What must be the mean 
residmee time of solids to achkve the same mean conversion of reactant in a 
fluidized-bed reactor operating with the same environment as before, using a 
feed consisting of equal quantities of |-in. and -]^#-in. particles? 

6 . In a uniform environment ^-in. solid particles are 87.5% converted to 
product in 5 min. The solids are unchanged in size during reaction, and the ash 
diffusion stqp is known to be controlling. What mean conversion is obtainable 
in a fluidized-bed reactor operating with the same environment but using a feed 
ccMisisting of equal weights of |-in. and A-in. particles. The mean residence 
time of solids in this reactor is 30 min. 

7. A fluidized-bed reactor is planned for the continuous conversion of solid 
reactant B to solid product R. To find the mean residence time of solids in this 
flow reactor the following data ate obtained in a batch-fluidized unit. 

At 1-min intervals, solids are ranoved from the batch reactor and are analyzed 
for B and R by an analytical technique whidi can find the 50 % conversion point 
of B to R. The fdUowing results are found. 

Size of paitides in the batch reactor i in. f in. 

Ton^wrature of the run 1020*F 1090*F 

Time for 50% oonvertion 15 min 2 hr 
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What mean residence time is necessary to achieve 98 % conversion of B to R if 
the flow reactor is to be operated at 1020°F with a feed of i\-in. partides? 

Note: The particles are unchanged in size during reaction; therefore it is 
safe to ignore gas film resistance. 

8. (a) Particles of a single size are fed to a fluidized bed at a rate of 2 Ib/min. 
The bed contains 60 lb solids. What is the mean residence time of solid if 
carryover is absent? 

{b) With the same solid feed rate the gas flow rate is increased with the result 
that the bed expands, thus containing only SO lb solids. Another effect is that 
0.86 lb solid/min is blown over. What is the mean residence time of solids under 
these conditions? 

9. Steady-state experiments on the elutriation rates of solids are conducted in 
the simple apparatus consisting of a fluidized bed followed by a cyclone which 
serves to separate and return to the bed all entrained solids (Fig. ^). 

In a typical experiment a specially prepared batch of narrowly sized titanium 
oxide composed of400 gm of uniform 50-;t-dlameter particles, 600 gm of uniform 
100-/i-diameter particles is introduced with 5000 gm of larger material, approxi¬ 
mately 300-/1 diameter, and is fluidized with gas at a fixed velocity. When 
steady state is achieved, the carryover rate is 22 gm/min consisting of 27.3 %of 
100-/I particles, the rest being S0-/i particles. As the amount of solid in the 
recycle system at any instant is small, about 10 gm, it may be neglected in 
computing the composition of the bed. 



Fig. P9 






PROBLEMS 


381 


Find the elutriation velocity constant as a function of radius of particles 
(in centimeters), assuming the following type of relationship to hold: K(i?) » 
olR^. What are the dimensions of a and /S? 

10. (a) A mixed solid feed with size distributionF(J? j) and reaction-controlled 
kinetics with x(i? J known is to be contacted with fluid of fixed composition in 
a raining solids (or falling solids) reactor of length L. If the solids are small 
enough, then Re <0.1 and Stokes law holds. Assuming that by the time the 
solids enter the reactor they have attained their terminal settling velocity, 

2Ap 

= MR* 


derive and develop as far as possible the expression which gives the fractional 
conversion of solids leaving the reactor as a function of the pertinent variables 
of the system. 

Assume no change in weight or size of particle with reaction, hence unchang¬ 
ing velocity of fall. 

(b) Repeat with gas film resistance controlling. 

11. Glass beads were batch-fluidized in a 4-m.-i.d. column with 70°F 1-atm 
air at 4.02 ft/sec, and the quantities of the various sizes of solids blown out in 
a 2 min interval were determined by Wen and Hashinger (1960) as shown in 
the following table. 


Particle Diameter, 
in. 

Quantity Initially 
Prerent, gm 

Quantity Removed, 
gm 


450 

414 


450 

291 


450 

148 


4050 

0 


Determine the elutriation velocity constant as a function of particle size for the 
three small sizes of glass beads. 

12. Solve Example 3 with the following modification: the kinetics of the 
reaction is ash diffusion controlled with x{R » lOO n) » 10 min. 

13. Solve Example 4 with the following modification: the kinetics of the 
reaction is ash diffusion controlled with </! — 100 ft) » 10 min. 


14. A pilot plai>t is to be built to explore the fluidized-bed technique as a 
means of roasting zinc blende. The reactor is to have an internal diameter of 
10 cm and an underflow pipe 18 cm from the bottom of the bed. Feed to the 
experimental reactor is to be 35.5 gm/min consisting 40% of 20-/<-diameter 
particles, 60 % of 80-Miameter particles. For the optimum gas velocity throug)i 
the bed, the following bed characteristics can be estimated from values in the 

literature. _ .(lOrt-0.4/mia 
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From elutriation data: 


«c(40 n) X 0.01/min 


From bed porosity data: W 1100 gm 

For the temperature selected and ore to be processed, t( 10 /«) » 2.S min, 
^(40 ft) = 10 min. 

(a) What conversion of ZnS may be expected in this reactor? 

(Z>) The installation of a cyclone to separate and return to the reactor any 
solids entrained by the fluidizing gas is being considered as a possible means of 
increasing the sulfide conversion. Find the effect on conversion of such a device. 

15J A commercial-sized reactor (bed diameter 3 ft, bed height « 6 ft) is to 
be built to treat 1500 Ib/hr of feed of the previous problem. Assuming no 
change in bed density and gas velocity, find the conversion of sulfide to oxide in 
such a unit. 


16. When reaction is the rate-controlling step, the conversion of solid in a 
two-stage fluidized-bed reactor (assume backmix flow in equal-sized sta^) can 
be found to be 



where y « and li is the holding time of solids per stage. 

(a) When > x show that this conversion expression r^uces to 



ib) Selecting y >= 2, 1, 0.5, and 0.25, prepare the appropriate line on Fig. 16 
for two-stage fluidized-bed reactors. 

(c) From this line find the new treatment rate of solid if a second identical 
stage is placed in series with a single-stage fluidized-bed reactor. Conversion of 
solid is to remain at 99%. 

id) Present the general expression for conversion in an equal-sized /-stage 
fluidized-bed reactor. 

Note: For ash diffusion controlling, expressions analogous to these are 
difficult to obtain. These expressions may be used as a close approximation, 
however, because the progress of reaction of individual particles is rather 
similar in the two cases (see Fig. 10). 


17. Solid is being converted in a /stage fluidized-bed reactor (assume backmix 
flow in equal-sized stages) under conditions in which the resistance of the gas 
film is the rate-controlling step. 

id) Present the conversion versus holding time expreraion for this operation. 
ib) For a two-stage fluidized bed show that this general expresaon reduces to 


where y 


x/f^, and If is the holding time of solids p^ stage; or for it > r 
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ic) Selecting y - 4, 2, 1, and 0.5, prepare the appropriate line on Fig. 16 for 
two>stage fluidized-bed reactors. 

id) From this line find the new treatment rate of solid if a second identical 
stap is placed in series with a single-stage fluidized-bed reactor. Conversion of 
solid is to remain at 99%. 

18. The Lavender Hill Philanthropic Society is a worthy organization 
dedicated to the preservation of important historical monuments and buildings. 

Like all the other members of this close knit group, you expect, in compensa¬ 
tion for your efforts, only the satisfaction of seeing a job well done—plus a small 
token commission on each project. You have worked up steadily in the organiza¬ 
tion and at present have charge of the disposal team. 

Now the latest venture, and by far the boldest and grandest one ever under¬ 
taken by this group, is to save Fort Knox from sinking completely out of Mght 
because of the excessive and unplanned for overload on the foundations. The 
solution to this weighty problem is obvious; eliminate the overload. 

Advanced design and planning estimate that the foundation overload can be 
sufficiently lightened by removing 20 tons of long cylindrical l-in.-diameter gold 
bars worth about $40,000,000. These will be delivered to you at 8:00 p.m. on 
the day. It is up to you to dispose of them as soon as possible, but certainly 
before 8:00 a.m. the next day, when visiting dignitaries of the various constabu¬ 
laries may be expected. After weighing the various alternatives, you hit on the 
ingenious plan of dumping the bars in the employees' swimming pool, which 
will be filled for that occasion with aqua regia. 

A literature search produces no useful rate data for this reaction, so an 
experiment is devised with the only sample of gold available, a |-in.-diameter 
gold marble. The following results are obtained, using the same fluid as in the 
pool. 

Size of Marble, 

diameter in inches Time, min 


0.5 

0 

0.4 

42 

0.3 

87 

0.2 

130 

0.1 

172 

0 

216 


(a) At what time can the bars be expected to disappear, and can the 8 a.m. 
deadline be met? 

(b) Certainly the earlier the bars dissolve the safer the project is from unfore¬ 
seen contingencies. With the thought that agitation may sp^ up the reaction, 
the Project Director helpfully suggests that the group’s psychologist, and not too 
reliable member, Harry, with a slight push or prod, may volunteer his services in 
agitating the pool. Would Harry’s services be needed? 

Note: Naturally the employees’ swimming pool is largp enough so that the 
acid strength is not appreciably lowered during reaction. 
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Heterogeneous fluid-fluid reactions are made to take place for one of two 
reasons. First the product of reaction of immiscible reactants may be a 
desired material. Such reactions are numerous and can be found in 
practically all areas of the chemical industry where organic syntheses are 
employed. An example of liquid-liquid reactions is the nitration of 
organics with a mixture of nitric and sulfuric acids to form materials such 
as nitroglycerin. The chlorination of liquid benzene and other hydro¬ 
carbons with gaseous chlorine is an example of gas-liquid reactions. In the 
inorganic field we have the manufacture of sodium amide, a solid, from 
gaseous ammonia and liquid sodium: 

NHsCg) + Na(/)- NaNH^is) -H 

Fluid-fluid reactions may also be made to take place to facilitate the 
removal of an unwanted component from a fluid. Thus the absorption of a 
solute gas by water may be accelerated by adding a suitable reagent to the 
water which will react with the solute being absorbed. Table 1 shows the 
reagents used for various solute gases. 

The following factors will determine the design method used for fluid- 
fluid systems. 

The over-ail rate expression. Since materials in the two separate phases 
must contact each other before reaction can occur, both mass transfer and 
rate of chemical reaction will enter the over-all rate expression for the 
reaction. 

Equilibrium solubility. The solubility of the reacting components will 
limit their movement from phase to phase. This factor will certainly 
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Tmble I. Absorption systems with chemical reaction" 

Solute Gas Rea^nt 




CO, 

« 

Carbonates « 

CO, 

Hydroxides 

CO, 

Ethanolamines » 

CO 

Cuprous amine comjjjjexes , 

CO 

Cuprous ammonium chloride 

so, 

Ca(OH )2 

so. 

Ozone-HgO 

so. 

HCr 04 

so. 

KOH 

Cl, 

H,0 

Cl, 

FeCl, 

H,S 

Ethanolamines 

H,S 

Fe(OH), 

SO, 

H,S04 

C,H^ 

KOH 

C 2 H 4 

Trialkyl phosphates 

Olefins 

Cuprous ammonium complexes 

NO 

FeS 04 

NO 

Ca(OH )2 

NO 

H2SO4 

NO, 

HjO 


® Adapted from Teller (1960). 


influence the form of the rate equation since it will determine whether the 
reaction takes place in one or both phases. 

The contacting scheme. In gas-liquid systems semibatch and counter- 
current contacting schemes predominate. In liquid-liquid systems back- 
mix flow (mixer-settlers) and batch contacting are used in addition to 
counter and cocurrent contacting. 

Many possible permutations of rate, equilibrium, and contacting pattern 
can be visualized; however, only some of these are important in the sense 
that they are widely used on the technical scale. We treat only these cases. 


THE RATE EQUATION 

For convenience let us call the two phases the gas and liquid phases! let 
A be the reactant in the gas phase, B the reactant in the liquid phase. If we 
are actually dealing with two liquids rather than a gas and liquid, we simply 
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let the gas phase of this treatment be the second liquid phase and make the 
appropriate change in terminology. 

Consider the contacting of gas containing reactant A with liquid con¬ 
taining reactant B. The over-all rate expression will account for the 
resistances provided by the mass transfer step between phases and by the 
chemical reaction step. The relative magnitudes of these two processes 
can vary greatly. At one extreme we may have so fast a reaction that only 
the resistance to mass transfer need be considered in the rate expressions. 
At the other extreme the reaction may be so much slower than mass 
transfer that non uniformities in composition within a phase do not exist, 
materials are uniformly distributed within a phase, and reaction alone 
influences the over-all rate of the process. Between these extremes the rate 
equation mbst account for both these phenomena. 

Starting with a reaction that is very fast compared with mass transfer 
and ending with the other extreme, let us consider the various forms of 
over-all rate expressions for the reaction of A and B, each initially present 
in a distinct fluid ohase. 

A 

Mass transfer controls (reaction is infinitely fast) 

The concept that the resistance to mass transfer and reaction occurs in 
two films on either side of the interface between phases [see Lewis and 
Whitman (1924)] has been successfully used in chemical engineering, 
influencing the design procedures for fluid-fluid mass transfer operations. 
For example, the rate of physical absorption of a gas-phase component by 
a liquid is expressed by 


-'■a 


ft 


S dt 


1 

1/^A« + 


ip A — ^^AiCa) 


_ L __ (pa_ 



( 1 ) 


where and are the individual mass transfer coefficients in gas and 
liquid film, or reciprocal measures of the resistances afforded by these 
films, and is the equilibrium distribution coefficient between phases. 

Using the two-film model with an infinitely fast reaction of any order 
with the stoichiometry 

A (in gas phase) -f ^B (in liquid phase) —^ products 
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Fig. I. Concentration profiles of reactants in films between phases for an infinitely fast 
irreversible reaction of any order 




■ products 


Concentration and solubilities of reacunts determine location of reaction rone and the 
form of rate equation. In a, b, and c, both reactants influence rate; In d, e, and f, only 
one or the other of the reactants influences rate. 


we find that a number of situations, shown in Fig. 1, may occur. In all 
these the reaction takes place within the film, the reactants diffusing 
toward the reaction zone which is a sharply defined surface between 
A-rich and B-rich regions. Because the reaction is assumed to be infinitely 
fast, no A aUd B can exist simultaneously at any one place. 
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Fig. 2. Concentrations of reactants as visuaiized by the two-flim theory for an infinitely 
fut irreversible reaction of any order, A + bB -*■ products. 

With regard to the development of a rate equation. Fig. 1 shows that 
essentially we have two cases; that shown in Figs, la, and c where the 
reaction zone is located within a film and Figs. !</, e, and / where the 
reaction takes place at the interface itself. 

Consider first the case in which the reaction takes place within the film. 
Figure 2 shows this situation in detail. At steady state the flow rate of B 
toward the reaction zone will be h times the flow rate of A toward the 
reaction zone. Thus the rate of disappearance of A and B at steady state is 
given by 

Tb" _ 

——---— —- —• kAffVPA ” Pa<) 

o o at 

A in fu film 

- MCi, - 0) ^2 =, (Cb - 0) (2) 

zb Xq — z 

Ainliquldfllm Binliquidfllm 

where and Ar^j, km are the mass transfer coefficients in gas and liquid 
phases. These are the coefficients given in the literature for straight mass 
transfer without chemical reaction and are therefore based on flow through 
the whole fluid film. 

At the interface the relationship between and is given by the 
distribution coefficient, which is called Henry’s law constant in gas-liquid 
systems. Thus we have 

■ ( 3 ) 

In addition, since the movement of material within a laminar film is 
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visualized to occur by diffusion alone, then for A and B moving through 
the same section of film we have* 

Icb 

Eliminating the unknown values x, x^, pJ^^, Cm in Eqs. 2, 3, and 4, we 
obtain 

^Bi I Pa 

^ _ rg- _ 1 dN^ 1 dN„ b H^, 

^ b S dt bS dt J_ 1 ' ’ 

^At 

The constant b is given by the reaction stoichiometry, and the values for 
and kj^i can be found or estimated from the literature. The 
only term still to be found is the distribution coefficient for the partial 
pressure of A at the interface of B*free liquid. Since this partial pressure is 
not known, is approximated by the distribution coefficient for the 
partial pressure in the main body of gas. This is a reasonable approxima¬ 
tion since the variation in H is usually quite small for the partial-pressure 
differences involved. 

With all terms known £q. 6 can then be used directly in design for the 
situations shown in Figs, la, b, and c. 

Now if the concentration of one of the components, say B, is increased, 
the reaction zone moves into the gas fflm. However, if B is not soluble in 
the gas, the reaction zone will remain at the interface between phases. 
Situations of this kind are shown in Figs. Id, e, and/. Consider Fig. Id in 
which B is the insoluble component. When Cj, is high relative to or 
more specifically when 

ks.Pi. (7) 

this condition in Eq. 2 requires that the reaction zone move to and remain 
(since B is insoluble) at the interface. When this happens, the resistance 


• Alternative models [Higbie (1935), Danckwerts (1950,1955)] showing the continual 
replacement of fluid at the interface with fresh fluid have also been used. These surface 
renewal theories all predict that 



(5) 


and evidence indicates that this relationship is more closely correct than Eq. 4. 

Though these unsteady-state theories are rather different from the two-film theory, 
and from a physical point of view are probably more correct, still all these rnodels give 
essentially the same results. Because of this and because the two-film theory is so much 
easier to de^lop and use than the others, we shall deal with it exclusively. 
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of the gas phase controls, and the rate is not affected any further in¬ 
crease in concentration of B. In addition, Eq. 6 simplifiM to 




rn” , 1 dNt, 

b S dt 




( 8 ) 


To determine which of the two forms of rate expressions, Eq. 6 or Eq. 8, 
to use in any specific situation requires knowledge of the concentrations of 
reactants and of the physical properties of the fluids being used. Never¬ 
theless, we can make a rough, order of magnitude, estimation as follows. 
For mass transfer of a constituent through a liquid 


10^® cm*/sec 

and iTo ^ 10^* cm 

hence 10“* cm/sec (9) 

*6 

For a gas phase on the other hand 

^ 0.1 cm*/sec 

and *0 10~* cm 


hence for driving forces in concentration units 


V = k,RT^ 



f>ti 10 cm/sec 


Replacing these values in Eq. 7 shows that when 


jPa 

RT 



< 


10~*Cb, 

b 


( 10 ) 


( 11 ) 


the simple form of rate expression, Eq. 8, may be used. We shoidd bear 
in mind that Eq. 11 is only an order of magnitude estimate. 

In the special case where reactant B, insoluble in gas phase, is not 
dissolved in an inert liquid but is the liquid itself, no liquid film exists and 
the rate is determined completely by the gas film resistance. Here Eq. 8 
should naturally be used. 

Note that these expressions are applicable to reactions with any kinetics 
because this treatment assumes that resistance to reaction is nc^igilde 
com{»red to the resistance of mass transfer. What is important, however, 
in determining the form of the rate equation is the stoichiometry of the 
reaction. 

Example 1 (p. 404) illustrates the use of Biese forms of kinetic equatioio. 
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(c) 


Fig. 3. Graphiail representation of the three possible situations in which both reaction 
and mass transfer enter into the over-all rate expression. The concentration profile for 
reacunt A diffusing from gas and reacting with B in liquid is shown. It is assumed that 
Cg Is high and unchanging throughout, and that B is insoluble in gas. 


Mass transfer and reaction both important 

Three subcases may be recognized here, depending on the relative 
importance of the mass transfer and reaction resistances. These are graphi¬ 
cally represented in Fig. 3. Let us examine these starting with the infinitely 
fast irreversible reaction treated earlier, allowing the rate of the chemical 
step to become progressively slower. 

Raaction rata it fast compared with mass transfer. As the 

infinitely fast reaction is made to slow down, we visualize the surface of 
reaction between A-rich and B-rich fluid broadening into a diffuse zone 
of finite Vfidth located completely within the laminar layer. Both reactants 
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diffuse into this reaction region, but neither passes completely through it; 
thus neither reactant can pass into the main body of the other fluid without 
reacting (see Fig. 3a). 

Only one case here yields rather simply to analysis, and this involves the 
following assumptions. 


1. Reactant B, present in the liquid, is insoluble in gas. This assumption 
restricts the zone of reaction to the liquid him. 

2. The reaction between A and B is a linear process. This assumption is 
satisfied if the concentration of B is so high relative to A that its concentra¬ 
tion may be taken to be uniform throughout the liquid, including the 
laminar layer where it is being consumed. Then reactions with nth-order 
irreversible kinetics 


reduce to pseudo first-order reactions 

—where k = 
which are linear processes. 

The rate equation resulting from an analysis based on these assumptions 


is 


--'•a 


_ 1 _ 


( 12 ) 


where the effectiveness factor 


^ _ (kAt)wlthoutreaction 
(^A2)with reaction 


tanh arp-s/ k/£i>xi 

^oi>/ kj^^i 


^ tanh mxQ ^ ^ 
mx^ 

With the parameters of the system k, = ^ai/^aj. and ^a< 

known or estimable, the rate of reaction can be found. 

Consider = PmICax- Does it make sense to talk of an equilibrium 
if entering molecules of A are rapidly combining with the molecules of 
B present in the liquid? Is this not a dynamic situation with one process 
trying to achieve equilibrium, the other opposing it? To answer, note 
that the movement of molecules resulting in collision between A and B arc 
relatively rare compared to molecular movement in general, consequently 
the process tending to equilibrium is by far the more rapid of the two. 
Thus should be unaffected by reaction of A. Another objection may 
be raised in that the liquid is not the same in the tv'o cases. In one case 
we have pure solvent; in the other, foreign material such as reactant B 
and products of reaction. Certainly this should change Ha*. Fortunately, 
for aqueous solutions the effect of such solutes can be estimated by finding 
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how similar but unreacting materials affect 7/^*; see van Krevelens and 
Hoftyzcr (1948a). 

The question of how to relax the above assumptions and still obtain 
usefbl results is presently receiving much attention. 

Reaction rate is intermediate compared with mass transfer. 
When the reaction rate is further slowed, the reaction zone occupies the 
whole width of the laminar layer and reactant A is able to pass completely 
through this layer without reaction into the main body of the other fluid. 
Thus reaction takes place both in the laminar layer and also within the 
main body of the fluid. In general, the relatively high concentration of 
reactant A in the laminar layer results in an appreciable fraction of reactant 
being consumed in this layer. 

Hatta (1932) analyzed this situation using the same assumptions as 
those for the previous case, namely that B is not soluble in gas, is high 
and constant throughout the liquid, and the reaction is essentially of first 
order (see Fig. Zb). The over-all rate expression in terms of the partial 
pressure of A in the main gas stream is cumbersome to use and aj^in 
requires evaluation of the distribution coefficient of reactant A in B-ifch 
solution. The difficulty of performing this evaluation when reaction is fast 
enough to allow an appreciable amount of reaction to take place within 
the laminar layer has already been noted. 

The general form of the rate expression obtained has not yet been used 
in design. 

Reaction rate is slow compared with mass transfer. When 
the reaction rate is slow compared to mass transfer, most of reactant A is 
able to pass through the laminar layer into the main body of liquid without 
reacting. Thus we view the laminar layer to provide a resistance to the 
over-all process, but with the restriction that the fraction of A reacting 
within this laminar layer is small enough so that we may take the concen¬ 
tration of A to be uniform throughout the liquid, including the laminar 
layer (see Fig. 3c). 

According to Hatta (1932) the fraction of entering component A which 
reaches the main body of liquid is 

C^t cosh gp V kj2^i — Ca< ^ cosh wtarp — C^^ 

Cai - Caz cosh *0 Vk/^Ai ^ai - Cm cosh mx^ 

where C^i is the concentration in the main body of liquid. This fraction 
approaches unity as cosh mx^ approaches unity or when 

warn * *o y/kj¥^i < 0-2 (15) 

This equation then represents the restriction for the case being considered. 

ThouglUhis is a special case of the treatment by Hatta, the appl^tion 
of the resulting kinetic equations to design is still somewhat complicated. 
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We do not take up this subject here, however Trambouze et al. (1961) 
have applied such equations to batch, plug flow, and backmix reactor 
design. 

Chemical resMrtlon controls 

Slow reaction In both phases. When reaction is not too slow the 
movement of material between phases offers resistance to reaction and the 
two-fllm model is useful in accounting for this resistance to transfer of 
material. If reaction is very slow, however, reactant materials have suffi¬ 
cient time to move from phase to phase and to become uniformly tlistrib- 
uted within these phases subject to the phase distribution equilibrium. 
Here, then, the resistance to mass transfer is negligible, the two-film model 
plays no role, and reaction controls the rate of the over-all process. 

Now if both A and B are soluble in appreciable amounts in both phases, 
as shown in Fig. 4, the reaction will proceed in both phases, the over-all 
rate of reaction being the sum total of the individual rates of reaction. 

If the reaction is 

A (in gas phase) + B (in liquid phase) -*• products 
with elementary second-order kinetics in both phases, we have 

— rj^.over-all = — =/»(—'’A®) +/K“'’Ai) 

“ /if(^PAPB)gBB + /i(kC^CB)iiauid ( 16 ) 

where f„ and fi are the volume fractions of gas and liquid. With the phase 

distribution relationships „ ^ „ 

PK — (17) 

Pn * 7/„Cb (18) 


Gas phase Liquid phase 



can be ifnored. 

Fig. 4. Concentrations of reactants in the phases when reaction is slow and occurs In 
both phases. 
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the over-all rate of reaction in terms of/>^ and Cb is 

+ C/J;Wf,]p*C, (19) 

The nitration of aromatics, say 


offers examples of this kind of reaction, because even though the reactants 
and products are each preferentially soluble in one of the two phases as 
noted above, still the reaction does proceed appreciably in both aqueous 
and organic phases. Extensions of 19 to reactions with more involved 
stoichiometry or kinetics is straightforward. 

Slow reaction in one phase. If a reactant is soluble only in one 
phase, reaction occurs in that phase alone. Thus if B is not soluble in gas 
and Eq. 19 reduces to 




1 dN^ _ (/fc)uqul<l ^ 
l^lxture dt Hj^ 


( 20 ) 


or in terms of the volume of active (or liquid) phase 


( 2 .) 


Alternate approaches to the kinetics of absorption with 
reaction 

Alternate methods of treating absorption with fairly fast reactions can 
be found elsewhere (Perry and Pigford (1953), Sherwood and Pigford 
(1952), and van Krevelen and Hofty»r (19^, 1953)]. In these treatments 
the mass transfer coefficient ki is modified to account for the effects of 
reaction, the combined coefficient being k|*. Charts are then prepared 
giving the ratio 



as a function of the pertinent parameters. 

These corrected mass transfer coefficients are then used with modffi- 
cations of the lugular design methods for situations where mass transfer 
is the cate*controlling process. 



Ch. II HETEROGENEOUS FLUID-FLUID REACTIONS 


sw 

Empirical forms of tha rate equation 

In a lar^ number of reactions the theoretical expressions for rate have 
not been developed because one or the other of the process^ is not con¬ 
trolling, because the reaction is not simple and irreversible, or because the 
values of the required constants kg^ A:,, etc., are not known. For these 
reactions simplified rate expressions are used. 

For relatively fast reactions between gas-phase reactant A and liquid- 
phase reactant B the rate expression used is often of the form 

. / over-all \/displacementX 

—ss- - ss kA = I transfer || from I (22) 

^ Xcoefficient/ \ equilibrium / 

where k accounts for the reaction and mass transfer resistances of both 
phases and where A expresses the amount of reactant still unconverted or, 
for reversible reactions, the difference between the actual and equilibrium 
concentrations of the reactants. Rate equations such as these are strictly 
empirical and are risky to extrapolate. 

For relatively slow reactions the form of rate equation often used is one 
based on unit volume of total mixture or 

-ri =-J— ^ = kCJCj" (23) 

Example 3 (p. 415) illustrates the use of an equation of this kind. 


APPLICATION TO DESIGN 

Figure 5 shows the variety of equipment used for fluid-fluid con¬ 
tacting. Note that many of the contacting devices shown, a to e, employ 
flow that can be treated as cocurrent or countercurrent plug flow. Other 
contacting devices such as single agitated vessels, mixer-settlers, and 
batteries of such units,/to /, are also widely used. 

Design for all such systems will vary, depending on the model for the 
flow pattern selected, the relative rates of reaction versus mass transfer, 
and the solubilities of active compounds. 

Many factors in the design of equipment for fluid-fluid contacting with 
reaction and without reaction are the same, such as determining the per¬ 
missible flow rates for fluids and estimating the diameter of column nee^d, 
and selecting the type of contactor. These aspects are covoed in the 
standard texts on the subject [Sherwood and Pigford (1952), Treybal 
(19SiQ}. The factors in design that are particular to reacting systems are 
those influenced by the change in rate produced by reaction. It is thoe 
factois, such as height of equipment, which we comuder here. 
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We use the following nomenclature in this section. 
a ss interfacial contact area per unit volume of tower 
f = volume fraction of a phase in which reaction occurs 
I s* any* participant, reactant or product, in the reaction 
A, B, R, and S = participants in the reaction 
U carrier or inert component in a phase, hence neither reactant, 
product nor diffusing component 
T ss total moles in liquid phase 

= pjpu, moles A/mole inert in the gas 
ss CJCxjj moles A/mole inert in the liquid 
G = G'puliTf upward molar flow rate of inerts in the gas phase per 
square foot of tower cross section 

L — VCxsIC-p, downward molar flow rate of inerts in the liquid phase 
per square foot of tower cross section 
G\ IJ = molar flow rate of all gas and all liquid per square foot of 
tower cross section 
With this nomenclature 


and 


~ + jPd H-+/’u 

Cy = + Cg + • • ■ + Cu 

~ Pa ^Pv 

dX = d (= Cu</Ca ~ Cx dCxj 
^ \Cu/ 


(24) 

(25) 

(26) 


Let us now consider a number of contacting patterns. 

Towers (counter or cocurrent plug flow), mass transfer controls 

Straight mass transfer without reaction. To determine the 
tower height, we must in all cases combine the rate expression with a 
material balance expression. The former is a function of concentration of 
reactants, and the latter serves to interrelate the changing concentrations of 
reactants throughout the tower. 

Consider steady-state countercurrent operations. In simple mass trans¬ 
fer without reaction there is only one transferring component; thus a 
material balance for mutually insoluble inerts in a differential element of 
volume shows that 

/A lost\ ^ /A gained\ 

\by gas/ “ \by liquid/ 


(27a) 
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(d) Pulse column fe) Spray column (f) Mixer-settler 


Fi|. S. Equipment used in fluid-fluid contacting with reaction, (o-e) Countertairrent 
flow, (f) backmix flow or single-stage contacting, (g) countercurrent or cocurrent flew, 
(h) countercurrent flow (settlers used betureen sages in liquid-liquid systenu), (!) co- 
current flow. O') single-stage conucting, (k) batch system. 













(h) Multistaged mixers 



(i) Multistaged mixers 



(k) Laboratory reactor 
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or 


GJYa = UXj, = 

C’^^/Pa _ 

LCji dC^ 

1 

< 

1 

t: 

(Cr - C 


-d(^) 


C'rfpi t'dC. 

,r / 

-‘'IcJ 

1 

1 

1 

1 


(276) 


For dilute systems where Ca < Cj. and /»a < ’r we have L fvV and 
G G\ hence Eq. 27 simplifies to 


Tf Cji 


(28) 


At any point in the tower the transfer of A per unit surface of interface is 
given by 


-i-a" = - 


IdNj, 
S dt 


— ^AaiPA ~~ PAi) ^Ali^Ai ~ ^a) 


(29) 


Combining the material balance, Eq. Tty and the rate expression, Eq. 29, 
allows us to determine the height of tower. Thus we have for absorption 
without reaction 


h = 


C f" f'" 

a Jr^i —r*" ' 


dPA 


LCt 

i 

G' 


»Al — ^A 

•Ca« 


/‘ 


JpAx kj,„a(7r - Pa)*(Pa - PAi) 

dC^ _ 


= 4 . 


Cai — Ca) 

dPA 


VKX - PaXPa- Pa<) 

_dCA_ 

Cai kxACy> — Ca)(Ca< — Ca) 


(30) 


Again for dilute systems L on L' and G G'; hence 

-(31) 

nk^gO JpAi Pa *“ Pa< Cjtkj^iO Jcai Ca* — Ca 

Figure 6 summarizes the design procedure for countercurrent operations. 
For cocurrent operations (downward flow of gas) G is replaced by — G 
throughout. 

Mast transfer with reaction. For mass transfer with reaction 
the rate expressions involve the concentrations of both reactants A and B. 
Thus in contrast with ample absorption or extraction the material balance 
must interrelate the concentrations of both these reactants throughout the 
tower. 

The design procedure is best described by referring to the fairly general 
type of reaction, 


A (in ffts) 4* 6B (in liquid) products 



TOWER DESIGN. MASS TRANSFER CONTROLS 


401 




Interface at any point 
in tower 


Operating line, material balance, 
<slope B LIG on Xa versus 
Ya coordinates) 



/ 


j ^Equilibrium, 

Slope ■ -AaiAa* 



Fig. 6. Design procedure for straight mass transfer without reaction. 


with moderately to infinitely fast rate, the phases being in countercurrent 
plug flow. Since the reaction is limited to the region close to the phase 
interface, the two-film theory may be used, and the expression describing 
the rate of disappearance of reactants is given by £q. 6, 8, or 12. 

The material balance for A and B is obtained by noting that of the two 
reactants, A alone is present in the main body of gas and B alone is present 
in the main body of liquid. Secondly, for each mole of A reacted b moles 
of B are consumed. Thus, by referring to Fig. 7, the differential material 
balance for countercurrent flow is 


or 



(32a) 

(32b) 
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Fig. 7. Development of the materiel balance for tower operations. A straight line is 
obtained only with the mole ratio diagram. 


For cocurrent operations (downward flow of gas) G is replaced by — <7 
throughout. 

The characteristic difference in the material balance between mass trans> 
fer with and without reaction is seen by comparing the word equ^ons of 
£q. 27 and Eq. 32. 

Compositions at any point in the tower are found in terms of the end 
conditions by integration of Eq. 32; thus 


G<Ya - Yai) = 


- Xbi) 



b 
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These expressions give the composition of reactants A and B in the phases 
throughout the tower. Again for cocurrent flow G is replaced by — G 
throughout. Figure 7 shows some of the many possible graphical repre¬ 
sentations of the material balance. In the general case, however, only one 
is a straight line. 

In special cases Eq. 32 and 33 may be simplified. For example, when all 
participants in the reaction are dilute pxj rr, Cj., and we obtain, 
for the differential material balance, 

- dpA = -dCs (34) 

and for point conditions 

— (Pa — JPai) = — (Cb — Cbi) (35) 

IT dCt 

Another special case occurs when no inert or carrier component is present. 
Thus each phase contains only one pure reactant and whatever products of 
reaction have accumulated within that phase. For this situation L and G 
are zero, and the only pertinent forms of the material balance are those 
involving L' and Q'. Example 2 shows one of the many possible forms 
that the material balance may take in a specific situation. 

The height of tower is found by combining the rate equation and 
material balance for a differential element of tower volume as shown in 
Fig. 8. Noting that the rate expressions, Eqs. 6, 8, and 12, are all based on 

Gas phase Liquid phase 



Fif. 8. Development of design equation for tower operations when reaction Is restricted 
to Interfscial r^lon between phases. 
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unit interfacial area, we have for the disappearance of A 

/interfacialX 


G dYx = - 


LdXr 


( moles A 
reacted 
(unit 

interfacial 
area) (time)) 


/Went/ 


I unit 
\ volume / 


= i-r^ladh (36) 

Rearranging and integrating we obtain in terms of A or B 


h = G - 

_ L dXn 

(“^a" 


)fl 

where </Y^ and dXg are given by Eqs. 25 and 26. For dilute systems 


(37) 


ir Jp 


BAl 


dp^ ^ dCs 

(-r/)a bCg. Job. (-r/)a 


(38) 


When the rate term in £q. 37 or 38 is replaced by the appropriate expres¬ 
sion, Eq. 6, 8, or 12, the height of tower can then be found. Naturally in 
most cases the integral must be evaluated either graphically or numerically. 
The following example illustrates the use of these equations. 


Example I 

The concentration of an undesirable impurity A in air is to be reduced from 
0.1 % to 0.02% by absorption in pure water or in acid solution B of various 
strengths. Find the height of tower required for countercurrent absorption: 

(a) In pure water. 

(P) In strong acid solution of concentration Cb 0.05 lb mole/ft’, or 
approximately 0.8/V. 

(c) In dilute acid solution of concentration Cb = 0.002 lb mole/ft*. 

(d) In acid solution of concentration Cb » 0.008 lb raole/ft’ 

Da/a: The reaction 

Mg) + B(/) -* products(/) 

takes place in the liquid phase and is rapid, and the products remain in the 
liquid. 

For the packing used 

kj^ga * 2.0 lb moles/(hrXft^Katm) 
k^a SB 0.1/hr. 

The solubility of A in pure water is given by 

» (2 atmXft*)/lb mole 
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Flow rates of liquid and gas are 


^5 


V 

G 


140 lb moles/(hrXft*) 
201bmoles/Chr)(ft*) at»r 


1 atm 


Molar density of liquid is 

Cr « 3.5 lb moles/ft* 

Assume that the diffusivities of A and B in water are the same. Hence we may 
write ^ 

kxi ■* k^i ^ ki 

Solution. Fioire Ela shows the quantities known at this point. Since we 
are dealing with dilute solutions, we may use the simplified form of the material 
balance, 28. Integrating we obtain 


Cbi-0 

PAi-aoooz Cai-o 


Q 


Pa ~ Pai 


or - 0.0002 




(140X1) 


(Ca - 0) 


'-(D 


(20X3.5) 

or — 0.0002 - 2Ca 

and the concentration of A in the outlet liquid is 

Ca 2 = - 0 0001 « 0.0004 lb mole/ft» 


Pas *10.0010 


Cbj-O 
Cas appreciable 


Select a number of partial pressures of A in the 
tower, determine the corresponding concentration 
of A in the liquid, calculate the equilibrium partial 
pressure of A, p^*, ccMrresponding to this concen¬ 
tration in the liquid, and then calc^ate the over-all 
driving force for physical absorption. This procedure is shown in Table Ela. 


Fig. Ela 


Pa 


Table Elo 

Ca Pa*’~^aCa ^P’^Pa-Pa* 


0.0002 

0.0006 

0.0010 


0 

0.0002 

0.0004 


0 

0.0004 

0.0008 


0.0002 

0.0002 

0.0002 


The over-all mass transfer coefficient based on volume of tower is 

1 1 


kA^ kio 


Hence 


Ka/i - 0.0488 lb nmle/ChrXft’Kahn) 




406 


Ch. 13 HETEROGENEOUS FLUID-FLUID REACTIONS 


p^,«O4)0 K Cbi-WSO 

—I X- 


The height of tower is then given by Eq. 31, or 


G[_c 

nj(- 


^A')a ^Jpj^i^AgOAfA 


ro.oolo 

= 20 “ *640 ft 

Jo.0002 (0.0488X0.0002) 

r—rJ-0 Comment: Here the liquid film provides over 95 % 

-J of the resistance to transfer. Hence we can with little 

0.0010 Cb 2 error consider this to be a liquid>film-controlling 

process. 

FI- EI 5 (b) This part of the problem is solved as follows (see 

Fig. Elb). 

1. Express the material balance and find the concentration of acid in the exit 
stream. 

2. Find which of the two forms of rate equation should be used. 

3. Determine the tower height. 

1. Material balance. For dilute solutions with rapid reaction Eq. 35 gives 

* 

Ln 


Pa. -Pax 


(^Bl “ ^b) 


Pa. - 0.0002 


(140X1) 

(20X1X3.5) 


(0.05 - Cb) 


or Pa. =» 0.1002 - 2Cb 

The concentration of unreacted B leaving the tower is 


Cns — 


0.1002 - 0.0010 


= 0.0496 lb mole/ft* 


2. Form of rate equation to use. Check both ends of the tower: 

[f^AtflpA “ (2.0X0.0002) * 0.0004 lb mole/(hrXft*) 


at top 


AjaCb - (0.1X0.05) * 0.005 lb mole/(hrXft») 


at bottom 


^a^Pk — 0.0020 
VQ -0.00496 


At both ends of the tower IcaoPa < ^(^bI therefore gas-phase resistance 
controls and Eq. 8 should be us^. 

3. Height of tower. From Eqs. 38 and 8 


G r dp A 

h-r a’ 


rA)« 


p* * dp A 

^aiFPa 


1.0002 2.^a 


16.1 ft 
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Conunent: Even though liquid phase controls in physical absorption, it does not 
necessarily follow that it should still control whoi reaction occurs. In fact, we 
see here that it is the gas phase alone which influences the rate of the over-all 
process. Reaction serves merely to eliminate the resistance of the liquid film, 
(c) 1. Material balance (see Fig. Elc). As in part b we find from Eq. 35 


Pj, * 0.0042 - 2Cb 
and at the bottom of the tower 
^ 0.0042 - aoolo 


Pai» 0-0002 C, 


at' 


'Bt 


0.0016 lb mole/ft’ 


at top 




2. Form of rate equation to use. Check both ends of 
the tower: 

- 0.0004 
UiIzCb -0.0002 

0.0020 Pa* -0.0010 C„ 

UcCb - 0.00016 

Fig. Elc 

At both ends of the tower kj^„pj^ > AtjCb; therefore 

the reaction takes place within the liquid film, and Eq. 6 must be used, or 




at bottom 


0.002 

(iHBh) 


—r ' as ^A^B •i'/^A 

^ Ifk^ + Hjkt 

3. Height of tower ^ At a number of locations evaluate Hj^Cji + p^ as shown 
in Table Elc. 


Table Elc 

Cb from Material 

/>A Balance ^a^b — 2Cb Pa. + ^A^B 


0.0002 0.0020 0.0040 0.0042 

0.0006 0.0018 0.0036 0.0042 

0.0010 0.0016 0.0032 0.0042 


Hence the tower height from Eq. 38 and 6 is 

G fi»A. iJlcA^ + H^lkta 


A - ^ f ^ 2. f *** 


0.0010 20.541* 


J * 0.0010 
0.0002 


0.0042 


^A^B +/^A 

78.1 ft 


dpA 


id) 1. Material balance (see Fig. E\d). As with parts b and c we have at any 
point in OieHower p^ - 0.0162 - 2Cb. From this expression we find for the 
Mttom of the tower Cb* " 0.0076. 
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CD 


Cbi-ROOS 

■em 




RSMon 11 


Ratction bi 
Hqtridfibn 


Pas " WWW Cbs 

(low) 


Fig. Eld 


2. Form of rate equation to use. C3ieck both ends 
of the tower: 


at top 


“ 0.0004 
ktaC^ -0.0008 


at bottom 



0.0020 

0.00076 


At the top < kiC^ i hence Eq. 8 must be 

used. 


At the bottom kj^j^ > kiC^\ hence Eq. 6 must 
be used. 

Let us now find the condition at which the reaction 
zone just reaches the interface and where the form 
of rate equation changes. This occurs where 

^aqPa ^i^-B ®r — Cb 


Solving with the material balance we find that the change occurs at — 
0.000395. 

3. He^ht of tower. The rate is found from Table Eld. As may be expected, 
at Pa. 0.0(X>39S the calculated rates from Eqs. 6 and 8 are identical. 


Table Eld 

K^ox 


1 









1 

Pa 

Cb 

^aCb 

Pa + ^aCb 

— 

k^„a kfi 

(-rA')« 

V. 

1 

0.0002 




2.0 

0.0004 

2500) Use 

0.000395 




2.0 

0.00079 

1265|Eq. 8 

0.000395 

0.0079 

0.0158 

0.0162 

0.0488 

0.00079 

1265] 

Use 
Eq. 6 

0.0007 

0.00775 

0.0155 

0.0162 

0.0488 

0.00079 

1265 

0.0010 

0.0076 

0.0152 

0.0162 

0.0488 

0.00079 

1265i 


The tower height can be found by graphical integration or analytically as 
follows: 

h *= Aiippet lectioii + Slower section 

_ G p 0003W dp^ ^ G pooto l(k,^a + HJk^O j 

” Jo .0002 ’'Jo.000395 /’a + -^A^B 

.20/i„i95\ (20.5X0.000605) 

2 \ 2 / ^ (0.0162) * 

- 6.8 -I- 15.3 - 22.1 ft. 

Figure Ele summarizes the method of solution. 
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2500 


1265 



Upper pert LMwr pert o( tower 
of tower 


Fig. Ele 


Comment: We note that two distinct zones are present. Situations may be 
encountered where even another zone may be present. For example, if the 
entering liquid contains insuflBcient reactant, a point is reached in the tower 
where all this reactant is consumed. Below this point physical absorption alone 
takes place in reactant free liquid. The methods of parts a and </, when used 
together, deal in a straightforward manner with this three zone situation. Secor 
and Southworth (1961) develop the explicit expressions for tower height of these 
three zones based on assumptions which are reasonable for dilute systems. 

Comparing solutions for the four parts of this problem shows how reaction 
increases the effectiveness of the absorption process. 

Towers (counter or cocurrent plug flow), reaction controls 

When reaction is very slow compared to mass transfer, the two-film 
theory is not applicable and the rate of reaction is best measured in terms 
of unit volume of reacting phase rather than unit interfacial surface 
between phases. We still continue to refer to the phases as gas and liquid; 
however, two liquids may just as easily be used. 

Determination of tower height is generally difficult because of the 
complexities of the material balance, for reactants can be present in 
appreciable quantities in both phases—^flowing up the tower in one fluid 
and flowing down the tower in the other fluid. In general the design 
methods of extraction (triangular diagrams, Janecke diagrams, and so 
on) must be used. However, let us develop the design equation for the 
reaction 


A (in gas) + bh (in liquid) -► products 

with the following restrictions on the material balance; B is insoluble in 
gas, and amount of unreacted A in the liquid is small compared to the 
A in the gas phase. With these restrictions unreacted B flows downward 
in the liquid, unreacted A flows upward in the gas, and the material 
balance of Eq. 32 is applicable. 
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Noting that each mole of A reacting in the liquid is replaced by 1 mole 5f 
fresh A from the gas stream, and combining material balance with rate 
equation as with £q. 36 we get (see Fig. 9) 

CdYA = -^^ 
b 

( moles of A \ / volume of \ 

reacted \ | liquid phase | /height of\ , ^ ^ 

1 J { element ) = 

liquid-time / \ fluid / 


Because the rate is based on unit volume of fluid, the volume fraction of 
reacting phase / appears in £q. 39 instead of the interfacial area per unit 
volume a as in £q. 36. On integration we then obtain the desired design 
equation 


G ^ L 

/ -rj, bfJXtM 


(40) 


where dYj^ and dXs are given by Eqs. 25 and 26 and — is the appropriate 
rate expression in volumetric units, for example £q. 21. 

Equation 40 may take on a variety of special forms when applied to 
specific physical situations. This is often due to the particular form of the 
material balance which is applicable. 

For example, consider a spray tower with dilute B present in liquid 
droplets, A present in gas, and reaction given by Eq. 21. If conditions are 


Continuous phase 
O.Ya 


Dispersed phase 
AXa 



Unit cross-sectional area 


Volume of element mdVmdh 
Volume of dispersed phase a/dlft 


O.YA + rfYA ^Xa+4Xa 
reacted in element: 


malM 


from material balance ■ OdYji m - 
^from iMnpnoion - (-r*, SJiilSlSs)«*tMeling|*Me) 


Fif. 9. Development of desif n equation for tower operations for slow reaction oceurrini 
only in dIsperMd phase. Rate is based on unit volume of fluid. 
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such that the concentration of A in the gas is approximately constant 


throughout the tower £q. 40 becomes 



^ _ L r d(CjilC<p) L 



bfJ kCjJZYs, bfkC^Cj, 

•'Cb* C|} 


_ LHj, 

In^ 

(41) 


^B2 



The following example illustrates still another form of the design 
equation, again because of the particular form of the material balance 
which is applicable. 

Example 2 

Benzene is to be chlorinated by countercurrent contacting with a stream of 
pure gaseous chlorine in a tower. The reaction 



is slow, elemratary, and irreversible and occurs in the liquid phase between 
dissolved chlorine and benzene. With the additional assumptions: 
constant molar density of liquid, = constant 
constant pressure in gas phase, n = constant 
plug flow of both streams 

small amount of dissolved and unreacted chlorine in liquid 
low solubility of HCl in liquid 
constant 

the reaction of Clg with QHgCl able to be neglected 
derive the expression for the tower hei^t as a function of the variables of the 
system. 

Solution. Let A = chlorine, B = benzene, R = monochlorobenzene, S »= 
hydrogen chloride. 

First of all, the material balance cannot be written in terms of L and G 
because no inerts are present. But we note that for each mole of chlorine used 
1 mole HCl is formed and is returned to the gas phase. Similarly, the total 
molar flow rate of liquid is unchanged because for each mole of benzene reacted 
a mole of dilorobenzene is formed. Thus the total molar flow rates of gas and 
liquid remain unchang^ or £>' and G' are constant. Thus the matwial balance 
expression, Eq. 32, or 



Combining aith the rate expression based on unit volun» of reacting or 
continuous j>hase 

—r^ » *“^8 ■■ kCj^C^ 



412 


Ch. 13 HETEROGENEOUS FLUID-FLUID REACTIONS 


we obtain 

-dpx=-^ dCn = 

TT Ldji 

where /is now the volume fraction of liquid orteacting phase. rearranging 
and int^rating, the height of tower is then 

^ dfA dCn .... 

~ V” /’aCb */C Jc„ PaCb 

with Pa and C'b related by the material balance. Integrating the differential 
material balance, Eq. i, we find at any point in the tower, 

Cb ■* Cj. —(Pa — p^i) (iii) 


Replacing Eq. iii in Eq. ii and integrating analytically gives 


h =» 


-G'Ha 


:ln 


PAli" — iG'lL'Xn — Pj^i)] 


fCj,k[n + iG'IL')pjAir‘ ^ 

or more conveniently in terms of mole fractions 


where 


frCjikil 


•G’Hj^ 1 1^/1 \ fA>y\ 


Va 


.Pa. 


and 


Xa = 


Figure E2 shows that the rate is maximum at some intermediate position within 
the tower, dropping off at either end where the concentration of one or the other 
of the components is very low. 

Mixer-settlers (backmix flow of both phases) 

Mixer-settlers are industrial^devices for bringing into intimate contact 
and then separating immiscible fluids. Each of these units operates as an 
ideal contactor or backmix reactor. For gas-liquid systems where density 
differences between phases are great, the settler is not needed. Mixer- 
settlers are frequently used’ for systems in which a slow reaction is occur¬ 
ring. 

Single-stage contacting is illustrated in Fig. Sf. Again consider reactant 
A present in the gas phase and reactant B present in the liquid phase. 
Often reactions for which mixer-settlers are selected have rates which, 
based on unit volume of mixture, can be approximated by 




— IcC^Cb 


-'•A 


Vtotal dt 


(43) 



DESIGN. MIXER-SETTLERS 


413 


Pai ’ yAl ^ • 

(02 + HaTXJEweHe) 

e^e4^R 

[f5v^r^» 

• 

yA2"i 

Pa 2 " ^ T I ^ B2» *Ba 

(Cl2> (CeHe + CeHsCl) 


Reaction in continuous phase 


yA2 * ^ 






— Operating line for taller te)wer 
^^Operating line for shorter tower 

^ -Operating line, slope * - ^ 



Shaded area is proportional 
to rate of reartion 
because -r^ s AC^Cb 


*B2 *B1 ■ 1 

xbCot Cb) 



With the same mean residence time of fluids in the vessel, the mixture may 
be viewed to be homogeneous and conversions can be calculated by the 
methods of Chapter 6. 

MultistctgB cocurrent contacting as shown in Fig. 5i can similarly be 
treated by the methods in Chapter 6 for backmix reactors in series. 

, Multbtc^ countercurrent contactings shown in Figs. Sg and A, is one 
case thfl * cannot be treated by the methods of Chapter 6. This operation is 
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much like countercurrent plug flow of Figs. 5a and e. Actually Figs. 5b, c, 
and d'are also stagewise or stepwise contacting, though they are frequently 
treated as continuous operations. 

Given a fixed number of contactors, design for such S 3 «tems always 
involves a trial and error solution; however, for thd^simple form of rate 
given by Eq. 43 charts have been prepared by Jenney (1955), Figs. 10,11, 
and 12, to eliminate much of the tedious trial and error calculations re¬ 
quired. These charts allow rapid comparisons among cocurrent and 
countercurrent multistage operations, single mixer-settler operations, 
countercurrent plug flow operations, and batch operations. 



Fraction of reactant A or B remaining unreactad 


Fig. 10. Over-all conversion versus dimensionless time parameter for the contacting of 
immiscible phases where the kinetics of reaction is given by Eq. 43. Adapted from 
Jenney (t9SS). 
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0.001 0.01 0.1 1 


Fraction of limiting raactant A remaining unreacted 

Fig. 11. Over-all conversion versus dimensionless time parameter for the contacting of 
immiscible phases where the kinetics of reaction is given by Eq. 43. Adapted from 
Jenney (1955). 

Figui’c 13, also prepared by Jenney (1958), allows us to find intermediate 
conversions between stages in multistage operations. This information is 
helpful in estimating intercooler loads when strong heat effects are present 
or when different temperatures are to be maintained in the backmix units. 
The following example illustrates the use of these charts. 

Example 3 

Reactants A and B are present in separate phases. When these phases are 
brought into intimate contact in a backmix reactor, the reaction 

A + B -► products 
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Countercurrent 



0.001 0.01 0.1 1 
Fraction of limiting reactant A remaining unreacted 


Fig. 12. Over-all conversion versus dimensionless time parameter for the contacting of 
immiscible phases where the kinetics of reaction is given by Eq. 43. Adapted from 
Jenney (1955). 


proceeds slowly with over-all kinetics: 




1 dj^ 
l^total dt 




For equimolar feed and = C'no conversion is 95%, We plan to raise the 
conversion to 99 % using the same feed. 

(ft) Using three backmix reactors, each equal in size to the origiilal unit, with 
cocurrent flow of fluids through the reactors, find how much production can be 
raised. 

(b) Repeat part a using countercurrent flow of fluids rather than cocurrent 
flow. 

(c) Find the fractional conversion of reactants leaving each of the three 
backmix reactors of part b. 
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Fraction of limiting reactant leaving the multistage unit 
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0.001 0.01 0.1 1 
Fraction of limiting leactant leaving the multistage unit 

(0 


Fig. 13. Intermediate conversion between stages for the countercurrent contacting of 
immiscible phases. Adapted from Jenney (1958). 


(d) Repeat part a using countercurrent plug flow in a column equal in size 
to three backmix reactors. 

Assume identical mean residence time of the two phases, ignore expansion, 
and let the volume fraction of the phases remain unchanged. 

Solution, (a) Cocurrent, three stages (see Fig. E3a). From Fig. 10 we have 
for one backmix reactor at 95 % conversion 


(A:tCj^o)/=i ~ 380 


For cocurrent flow in three reactors, 99 % conversion, the same figure gives 

(^rC,o)i=3 = 380 

The holding time is the same in both cases; however, the volume is three times 
as great in the cocurrent unit. Hence production is three times as high. 



Fig. E3a 
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Comment : All corarrent flow operations can be handled by the methods and 
charts of Chapter 6 if we note the analogy between a homogeneous system and 
a heterogeneous fluid-fluid system in which both fluids move through the 
equipment in an identical manner. Thus from Fig. 6.7 we also find 

- 380 



Fig E3b 


(6) Countercurrent, three stages (see Fig. E36), From Fig. 10 we again have 
for 95 % conversion 


(^tCxo)^—1 — 380 


and for three reactors with countercurrent flow of fluids we find from the same 
figure 

(/rTC^o)i-3 ~ ^3 


But 


Fw% _ TasKflo (380K3) 
^95% TogFgs (63)(1) 


Hence production is 18 times as high if countercurrent flow is used. This is a 
sixfold improvement over cocurrent flow. 



Fig. E3c 


(c) Conversion between units. From Fig. I3fl we find the conversion to be 17 % 
in the extreme units. By subtraction conversion is 65 % in the middle unit. 
Thus we have concentrations as shown in Fig. E3c. 
id) Countercurrent plug flow (see Fig. E3</)- Figure 10 gives 

{krC ” 9*2 

Therefore 

^90% ^*95 ^99 ^ (380K3) ^ j24 

^95% TggFgs (9.2X0 

> Hence production is 124 times as high if countercurrent plug flow is used. 
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Comment. The design equation developed in Example 

__ 2 can also be used here. Thus for a 1-ft cross section of 

jT tower 

I h ^ y 

and letting G' = L' and » 0.01, Eq. 42 becomes 

yfrCrk _ _ Int/AiH -(W'Xl -yai)] 

G'Hj, 1 + iGW)y Ai 

2 In 0.01 


Fig. E3d which agrees closely with the value obtained from the charts. 

Semibatch contacting patterns 

In semibatch operation where one fluid is continuously passed through a 
vessel containing a second fluid, the contact time for a given extent of 
reaction between the components of these two fluids may be wanted. 

The approach taken again depends on the form of the material balance. 
Consider for example a gas bubbling through a vessel containing liquid. 
Reactant A is present in the gas and, in its rapid passage through the 
vessel, the concentration of A in the gas does not change appreciably. 
Reactant A is absorbed and reacts slowly with component B of the liquid. 
Agitation is sufficient to keep compositions throughout the liquid uniform. 
With the passage of time the concentration of B will fall but the concentra¬ 
tion of A will remain unchanged. Jf the kinetics is first order with respect to 
both A and B, we then have 



1 c/Nh 
kiiQuid dt 


dC^ 

dt 




Rearranging and integrating, noting that is constant, we obtain 



or 



In 



-1 


In (1 - Xn) 


(44) 


or 


=s (1 _ A'b) = * e-^KktuiK 

Guo 


Equation 41 and the equation just given are essentially identical ex¬ 
pressions, one applied to plug flow, the other to batch contacting of a liquid 
with a uniform gas environment. 
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REMARKS 

In reviewing design for fluid-fluid systems we may feel disturbed that we 
have been able to treat so small a number of very restricted situations. 
Unfortunately, only a few systems can be treated in an elementary manner, 
showing that there is need for further work in this area. 

Though small in number, still the methods presented to cover the range 
from very fast to very slow reactions and may well be used as limits for 
situations not satisfying the restrictions of the systems treated. In addition, 
very often our knowledge of the parameters k„a, kfO, and Hf is not 
precise enough to justify the complexity of the more rigorous treat¬ 
ments. 
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PROBLEMS . 

1. CO 2 is to be removed from air by countercurrent contacting with water 
at IVF. 

(a) What are the relative resistances of gas and liquid films for this operation? 
0) What simplest form of rate equation would you use for tower (^gn? 

(c) For this removal operation would you expect reaction with absorption to 
be helpful? Why? 
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From the literature we have for CO 2 in air and water 

kgO = 5.0 lb mole/(hr)(ft®)(atm) 
kfl » 25/hr 

H — 1640 atm/mole fraction in solution 

2. We plan to use an NaOH solution to hasten the removal of COg from air 
at 77°F (see data of previous problem). 

(fl) What form of rate equation would be appropriate to use when /?eo, = 0.01 
atm and the solution is IN in NaOH? 

(6) How much can absorption be speeded compared to physical absorption 
with pure water ? 

(c, d) Repeat parts a and b for = 0.2 atm and a solution 0.2N NaOH 

3. Consider a highly water-soluble gas such as ammonia for which at about 
10“C 

H ^ 0.5 atm/mole fraction gas, in dilute solution 

Also consider the slightly soluble gases such as carbon monoxide, oxygen, 
hydrogen, methane, ethane, nitric oxide, and nitrogen for which 

H 50,000 atm/mole fraction gas, in dilute solution 

For pure physical absorption of such highly soluble and slightly soluble gases in 
water, assuming no reaction: 

(a) What are the relative resistances of the gas and liquid films? 

(h) Which resistance if any controls the absorption process? 

(r) What form of rate equation should be used for design in these two cases? 

(d) How does the solubility of the slightly soluble gas affect its rate of absorp¬ 
tion in water? 

(e) In which case (slightly or highly soluble gas) would chemical reaction be 
more helpful in speeding the process and why ? 

For the estimation purposes of this problem, use the tough order of magnitude 
estimation of k, and given in this chapter. 

4. Consider the absorption of a base A by water in a packed column. At a 
location where gas is being absorbed by pure water, the over-all rate based on 
unit volume of tower may be expressed as 


1 dN^ 

-Cv = (-f-xla = “ = ^Ao«/>A 

where is the over-all coeflkient based on unit volume of tower. 

Now suppose that an acid B is added to the water to aid the absorption. 

(a) Assuming rapid reaction, show how should vary with acid strength. 
Show this on a plot 'of versus acid strength. Also show how this 
plot should allow estimation of the individual mass transfer coefficients for 
physical absorption. 
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Sherwood and Holloway (1940) present the following data for the absorption 
of ammonia in acid solution of various strengths at 2S°C. 

JITa^, lb mo]es/(hrKft”)(atm) 18.8 19.5 21 22 24 23 

Acid normality 0.4 1.0 1.5 2.0 2.8 4.2 

(b) From this data show that the gas film contributes 77% of the over-all 
resistance to mass transfer in physical absorption of ammonia in air. 

(c) Estimate the fraction of the over-all resistance supplied by the gas film, 
using literature values for H and the estimates for ki and kg given in this 
chapter. Compare with the experimentally found value of part b. 

5. Consider the infinitely fast reaction of Example 1. If the acid strength of 
the absorbing liquid is raised, a point is reached above which further increases 
will not increase the over-all rate of mass transfer and decrease the tower height. 
Find this minimum concentration for maximum transfer rate. 

6. Repeat parts a, b, and d of Example 1, using cocurrent flow of fluids in the 
tower. 

7. Repeat Example 1 using a dilute acid of concentration 

Cb = 0.0002 lb mole/ft» 

8. An impurity A in a gas is to be reduced from 1 % to 2 ppm by counter- 
current contact with liquid containing a reactant of concentration Cb 
0.0002 lb mole/ft^ 

= 20 lb moles/(hrXft*)(atm) 

= k^ia ™ 0.5/hr 
L = 140 lb moles/{hrXft*) 

G = 20 lb moles/(hrXft*) 

*= 18 (atmXft*)/lb moles 
Ct = 3.5 lb moles/ft* 

Let the reaction A -f B -+ product be rapid. 

(a) Find the height of tower needed. 

{b) What reconunendations do you have (about the concentration of liquid- 
phase reactant) that may help improve the process? 

(c) What incoming concentration of B would give the minimum height of 
tower? What is this height? 

9. Example 2 views the two fluids as passing countercurrent through an 
unpacked tower. What is the correct expression corresponding to Eq. 42 for 
the two fluids passing through a packed column with fraction voids c and with 
f the fraction of void volume occupied by liquid phase? 

10. Suppose that 50% conversion of benzene to monochlorobenzene is 
attained in countercurrent plug flow operations using pure chlorine and pure 
benzene feed, L'/G' - I (see Example 2). How much can conversion be increased 
if the height«f tower is doubled? Assume that no side reactions occur. 



41A 


Ch. 13 HETEROGENEOUS FLUID-FLUID REACTIONS 


11. In actual fact, when chlorine and benzene are contacted the primary and 
desired product, monochlorobenzene, in the presence of chlorine further 
decomposes to yield polychlorinated compounds. 

With respect to maximizing monochlorobenzene production, evaluate and 
order the following proposed contacting schemes. Give reasons for the ordering. 

Cocurrent and countercurrent plug flow, cocurrent and countercurrent flow 
through three backmix reactors, batch contacting and continuous contacting in 
a single backmix reactor. 

12. Reactants A and B are present in separate phases. For equimolar feed of 
A and B countercurrent in three backmix reactors (see Example 3), 99% 
conversion of A is now attained. 

(a) A fourth reactor is to be added to the three operating at present. For the 
same conversion how much can production be raised ? 

(b) Find the conversion occurring in each unit, and with a sketch show the 
compositions of fluids leaving each unit. 

13. Consider the three-reactor systems of the previous problem. 

(a) If the volumetric flow rate remains unchanged but Chq is raised 30% so 
that 1.3 moles B/mole A are fed to the unit, how should this aflect the 
production? 

(b) Find the conversion occurring in each unit, and with a sketch show the 
compositions of fluids leaving each unit. 

14. For a slow reaction between A and B initially present in different phases 
with second-order kinetics of Eq. 43, is countercurrent or cocurrent plug flow 
more efficient? Verify this conclusion by comparing reactor volumes for 99% 
conversion of limiting reactant using (a) equimolar feed, (b) feed consisting of 
1.3 moles B/mole A, and (c) a large excess of B. 

15. Two fluids are contacted and reacted in a mixer-settler. The continuous 
phase consists of pure reactant A which is but slightly soluble in phase B' 
containing reactant B. The reaction is slow and is confined to the dispersed 
phase as fbllows: 

1 dN. 

A + B products; - —- — = 

^dU)*er»ed 

phase 

Pure A is continually recycled; products of the reaction remain in the dispersed 
phase. 

(a) Assuming backmix flow in the mixer and negligible holding time in the 
settler, derive an expression for the concentration of B in the stream 
leaving the mixer-settler in terms of /b, k, Cbo# and the unchanged con¬ 
centration of A within the dispersed phase. 

{b) Find the rate constant for the reaction (gram moles, liters, minutes) from 
the following experimental information: 

Feed rate of phase B' » 1 cc/S sec. 

Fraction of dispersed phase in the reactor » 24% 

Volume of fluid in the reactor » ISOO cc 
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Concentration of A in dispersed phase = 2.7 x I0~* gm mole/liter 
Concentration of B in the dispersed phase entering reactor = 0.02 gm 
mole/liter 

Concentration of B in the dispersed phase leaving reactor = 0.0125 gm 
mole/liter. 

16. The two fluids of the previous problem are contacted in a column of 
height h. Fluid A remains stationary in the column, but fluid B' is dispersed 
and falls through the column in the form of fine droplets. 

ifl) Noting that different-sized droplets fall at different rates and are therefore 
in the reactor for different lengths of time, derive an expression for the 
extent of reaction of B in terms of the pertinent variables of the system. 

Let F{R) be the volumetric feed rate of droplets of size R, and let the 
velocity of fail of droplets be given by the terminal settling velocity of 
Stokes law or 

9/1 

(b) Experiments show that the volumetric size distribution of a spray can 
often be approximated by a normal, error, or Gaussian distribution, 

y zs — 

V2w 

where y dR is the volume fraction of dispersed phase of size between R 
and R -H <//?, J? is the mean size of droplets, and a is the standard deviation, 
a measure of the spread of droplet sizes. 

Derive an expression giving the extent of reaction of B in the spray 
column in terms of this continuous size distribution of droplets. 
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The rates of a large number of reactions have been observed to be 
affected by the presence of materials which are neither original reactants 
nor final products of the reaction. Such materials, called catalysts, may 
slow down reactions, in which case they are called negative catalysts, or 
they may speed up reactions, in which case they are called positive cata¬ 
lysts. Catalysts may be solids or fluids. When in fluid form the design is 
straightforward and is considered in the chapters on fluid systems. In this 
chapter we treat the reaction in which the catalyst is a solid and the 
reacting material is a fluid, usually a gas. 

Catalytic gas-phase reactions play an important role in many industrial 
processes, as in the production of methanol, ammonia, sulfuric acid, nitric 
acid, and various petrochemicals, and usually involve the high-energy 
rupture, breakdown or synthesis of low-molecular-weight materials. Let 
us, as an example, consider the reactions which are an indispensable part 
of modern petroleum technology. 

Natural petroleum contains a variety of materials, primarily hydro¬ 
carbons, and as the demands of the oil industry for products change, it is 
obvious that no natural material consisting of a mixture of many com¬ 
pounds can be used effectively unless the molecular structures of the 
undesirable fractions are drastically modified. Today the philosophy of 
this industry is one of flexibility, to tailor-make products to meet these 
rapidly changing demands by the decomposition or breaking down of 
molecules, by the reforming or rebuilding of molecules, and by the 
rearrangement of the constituents of molecules to produce new compounds. 
The reactions which take place can be classified as follows. 

426 
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1. Cracking. The rupture of high-molecular>>veight materials at a 
C—C bond to yield lower-molecular-weight products: 

CH3—CHa—CHa—CH3 -*► CH4 + CHa^CH—CH3 

it-buuine methanr propene 

2. Dehydrogenation. The rupture of a C—H bond to yield hydrogen 
and olefins: 

CH3—CHg—CHa—CHa—CH3 CHa^CH—CHg—CHa—CH3 -|- Hg 

n-pentane peniene-l 

Both cracking and dehydrogenation produce olefins, or unsaturated, 
compounds. These are highly reactive materials which can be used in the 
rebuilding of new compounds. 

3. Polymerization. The combining of two olefins to yield a higher- 
molecular-weight olefin: 

CH^CH—CHa—CH3 + CH8=CH—CHg-^ 

butene -1 propene 

CH3 


CHa=CH—CHa—CH—CHa—CHa 

4-methy Ihexene-1 

4. Alkylation. The combining of an olefin with a paraffin to yield a 
higher-molecular-weight paraffin: 

CH3 CH3 


CHa^CHa + CHg-CH—CH 3 CH 3 —C—CHg-CH 3 
eihene 2 methylpropane I 

(ethylene) (isobutene) CH 

2.2-<limethylbutane 

Alkylation possesses two advantages over polymerization for the con¬ 
trolled rebuilding of higher-molecular-weight material. First, alkylation 
produces an unreactive paraffin. Polymerization produces reactive olefin 
which can react further to yield a wide variety of materials. This is un¬ 
desirable for the controlled rebuilding of compounds. Second, alkylation 
needs less of the relatively scarce olefinic material, which must be produced 
by some previous process such as cracking and dehydrogenation. 

5. Isomerization. The rearrangement of the constituents of molecules 
without change in molecular weight: 
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6. Aromatization or cyclization. The rearrangement of the constituents 
of a compound accompanied by decomposition or dehydrogenation: 


CH3-(CHA-CH3 

R-heptane 


cr" 

toluene 


+ 4Ha 


In any actual industrial process a mixture of compounds is usually 
treated under fairly extreme conditions; therefore it is not surprising that a 
variety of changes and reactions occur simultaneously. This produces a 
spectrum of compounds, some desirable, others undesirable. Although a 
catalyst can easily speed the rate of reactions a thousandfold or a million¬ 
fold, still, when a variety of.reactions are encountered, the most important 
characteristic of a catalyst is its selectivity. By this we mean that it only 
changes the rates of certain reactions, often a single reaction, leaving the 
rest unaffected. Thus, in the presence of an appropriate catalyst, products 
containing predominantly the materials desired can be obtained from a 
given feed. 

The following are some general observations. 

1. The selection of a catalyst to promote a specific reaction is not very 
well understood; therefore in practice extensive trial and error are needed 
to produce a satisfactory catalyst. 

2. Duplication of the chemical constitution of a good catalyst is no 
guarantee that the material produced will have any catalytic activity. 

3. This observation suggests that it is the physical or crystalline structure 
which somehow imparts catalytic activity to a material. This view is 
strengthened by the fact that heating a catalyst above a certain critical 
temperature may cause it to lose its activity, often permanently. Thus 
present research on catalysts is strongly centered on the surface structure of 
the material. 

4. It is thought that reactant molecules are somehow changed, energized, 
or affected to form intermediates in the regions close to the catalyst surface, 
and various theories have been proposed to explain this catalytic activity. 
In one theory the intermediate Is viewed as an association of a reactant 
molecule with a region of surface; in other words the molecules are some¬ 
how attached to the surface. In another theory molecules are thought to 
move down into the atmosphere close to the surface and be under the 
influence of the surface forces. In this view the molecules are still mobile 
but are nevertheless modified by the surface forces. In still a third theory 
it is thought that an active complex, a free radical, is formed at the surface 
of the catalyst. This free radical then moves back into the main gas stieam, 
triggering a chain of reactions with fresh molecules before being fInaUy 
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Reaction path 

Fig. I. Representation of action of a cataiyst. 

destroyed. In contrast with the first two theories, which consider the re¬ 
action to occur in the vicinity of the surface, this theory views the catalyst 
surface simply as a source or generator of free radicals, with the reaction 
occurring in the main body of the gas far from the surface. 

5. In terms of the transition-state theory the catalyst reduces the 
potential energy barrier over which the reactants must pass to form prod¬ 
ucts. From Chapter 2 we know that this decrease in energy is reflected by 
a nearly corresponding decrease in activation energy for the reaction which 
in turn increases the rate of reaction. For example. Table 2.2 shows that if 
the activation energy for a reaction taking place at 0°C drops from 70 to 40 
kcal the rate of reaction rises to about 10^ times the original rate. This 
lowering in energy barrier is shown in Fig. 1. 

6. Though a catalyst may speed up a reaction, it never determines the 
equilibrium or end point of a reaction. This is governed by thermody¬ 
namics alone. Thus with or without a catalyst the equilibrium constant 
for the reaction is always the same. For this reason speeding the forward 
reaction of an elementary reaction will also speed up the reverse reaction in 
such a manner that £q. 2.4 always holds. 

7. Since the solid surface is responsible for catalytic activity, a large 
readily accessible surface in easily handled materials is desirable. By a 
variety of methods active surface areas the size of football fields can be 
obtained per cubic centimeter of catalyst. 

Though there are many problems related to solid catalysts, we consider 
only the various aspects of how catalysts act, insofar as these views in¬ 
fluence the fonn and development of the kinetic rate equations needed in 
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design. We simply assume that we have available a given material with 
certain catalytic properties with which to promote a specific reaction. We 
wish to evaluate the kinetic behavior of reactants in the presence of this 
material and then use this information for design. 

Thus again, as with noncatalytic heterogeneous reactions, we follow a 
two-step procedure: to determine the kinetics of the reaction and to use 
this information for design. 

THE RATE EQUATION 
The continuous-reaction model 

In solid-catalyzed gas-phase reactions, somehow the presence of catalyst 
surface in the proximity of reactive gas molecules causes the reaction to 
proceed. With porous catalyst pellets immersed in and permeated with 
reactive gas, we then have reaction proceeding at all the gas-solid interfaces 
both at the outside boundaries and within the pellets themselves. For such 
reactions we select, as the most reasonable representation of reality, a 
continuous-reaction model which pictures reaction occurring to a lesser or 
greater extent throughout the catalyst pellets. This is in contrast to the 
shrinking unreacted-core model with its definite zone of reaction which 
seemed to be the most reasonable representation of reality in the majority 
of the noncataiyzed gas-solid reactions of Chapter 12. 

In developing rate expressions for the continuous-reaction model, the 
various processes that may cause resistance to reaction must be taken into 
account. For a single porous catalyst particle we may visualize these 
processes as follows. 

Gas film resistance. Reactants must diffuse from the main body of the 
fluid to the exterior surface of the catalyst. 

Pore diffusion resistance. Because the interior of the pellet contains so 
much more area than the exterior of the particle, most of the reaction takes 
place within the particle itself. Therefore the reactants must in general 
move into the pellet through the pores. 

Surface phenomenon resistance. At some point in their wanderings the 
reactant molecules are associated with the surface of the catalyst where 
they react to give products that are released to the fluid phase within the 
pore. 

Pore diffusion resistance for products. Products then diffuse out of the 
pellet. 

Gas film resistance for products. Products then move from the mouth 
of the catalyst pores into the main gas stream. 

Again, as with the heterogeneous systems of Chapters 12 and 13, not all 
these terms need to be considered at any one time. Frequently the last two 
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Fig. 2. Continuous-reaction model for porous catalysts: (o) sketch of a catalyst pore, 
(b) concentration of reactants within a pore, (c) electrical analog of a pore. 


steps may be ignored or may be incorporated in the first two terms. For 
example, where there is no change in the number of moles during reaction 
the outward diffusion of product can be taken into account simply by 
considering equimolar counterdiffusion of reactant into the pores rather 
than diffusion of reactant through a stagnant fluid. 

Considering only the, movement of reactants through a single idealized 
catalyst pore, we then have three resistances to account for, as shown in 
Fig. 2. At first thought these resistance steps may seem to be analogous 
to the gas filriTdiffusion, ash layer diffusion, and reaction resistance steps of 
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noncatalytic gas-solid reactions which occur in series (Chapter 12). How¬ 
ever, Fig. 2 shows that in catalytic reactions these steps do not all occur in 
series or in parallel: hence the simple methods of combining resistances 
shown in Chapter 11 cannot be used here. It is true that the gas film and 
surface reaction steps are in series relationship with each other; however, it 
is the pore diffusion step which is not related in a simple way to the other 
steps. Consequently, as we presently show, film and surface reaction 
resistances can be treated separately in turn, whereas the pore diffusion 
resistance can never be treated independently. 

Let us now consider the various forms of rate equation when one or the 
other of the resistances to reaction is great. 

Film resistance controls 

When the gas film resistance is much greater than that of pore diffusion 
or surface phenomenon, the rate of reaction is limited by the rate of flow of 
reactant to the surface as given by the mass transfer coefficient kg between 
gas and solid. The rate based on unit exterior surface of particle is then 

(0 

oex dt 

where is the concentration of reactant A in the gas stream and is its 
equilibrium concentration on the surface. 

Values for the mass transfer coefficient for various contacting schemes 
can be found from the available literature, usually as empirical or semi- 
empirical dimensionless correlations such as £q. 12.22. The observed 
over-all reaction rate will be the same for both catalytic and noncatalytic 
fluid-solid reactions if gas film resistance controls. 

Surface phenomenon controls 

Because of the great industrial importance of catalytic reactions, con¬ 
siderable effort has been put into developing theories that would form 
rational bases for the development of kinetic equations for reaction. Very 
detailed mechanisms have been proposed. The most useful for our pur¬ 
poses supposes that the reaction takes place on an active site on the surface 
of the catalyst. Thus three steps are viewed to occur successively at the 
surface. 

Step 1. A molecule is adsorbed onto the surface and is attached to an 
active site. 

Step 2. It then reacts either with another molecule on an adjacent site 
(dual-site mechanism), or with one coming from the main gas stream 
(single-site mechanism), or it simply decomposes while on the site (single¬ 
site mechanism). 
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Step 3. Products are desorbed from the surface, which gives the site'* 
further opportunity to adsorb fresh reactants. 

In addition, an equilibrium is considered to exist between all species of 
molecules, free reactants and free products as well as site-attached reactants, 
intermediates, and products taking part in these three processes. 

Rate expressions derived from various postulated mechanisms are all of 
the form: 

( 2 ) 

For example, for the reaction 

A + B^R-I-S, K 

occurring in the presence of inert carrier material U, the rate expression 
when adsorption of A controls is 

^_ KPa - PrPs/^Pb) _ 

1 + ^usPrPs + ^bPb + K^Pr + KqPs + K^pu 
When reaction between adjacent site-attached molecules of A and B 
controls, the rate expression is 

,, _ KPaPh - PrPs/K) _ 

(1 + ^aPx + i^BpB + ^rPr + ^sPs + ^vPlif 
whereas for desorption of R controlling it becomes 

^_ ^CPaPb/Ps - PrIK) _ 

1 + ^aPa + ^bPb + ^rPaPb/Ps + J^bPs + ^uPu 

Each detailed mechanism of reaction with its controlling factor has its 
corresponding rate equation, involving anywhere from three to seven 
arbitrary constants, the K values. For reasons to be made clear, we do not 
intend to use equations such as these. Consequently we do not go into 
their derivations. These are given by Hougen and Watson (1947), Corrigan 
(19S4, 1955), and elsewhere. 

Now in terms of the contact time or space time, most catalytic conversion 
data can be fitted adequately by relatively simple first- or /ith-order rate 
expressions; see Prater and Lago (1956). Since this is so, we are justified 
in askliig why we have to concern ourselves with selecting one of a host of 
rather complicated rate expressions suggested by theoretical mechanisms. 
Why not select the simplest empirical rate expression which satisfactorily 
fits the data? 

The following points summarize the arguments for and against the use of 
simple empi^cal kinetic equations. 


kinetic term 


Rate of reaction = 


H driving force or displace¬ 
ment from equilibrium 
(resistance term) 
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Truth and predictability. The strongest argument in favor of searching 
for the actual mechanism is that if we find one which reasonably represents 
what truly occurs, extrapolation to new and more favorable operating 
conditions is much more safely done. This is a powerful argument. Other 
arguments, such as augmenting knowledge of the mechanism of catalysis 
with the final goal of producing better catalysts in the future, do not con¬ 
cern a design engineer who has a specific catalyst at hand. 

Problems of finding the mechanism. We must show that the family of 
curves representing the rate equation type of the favored mechanism fits 
the data so much better than the other families that the others can be 
rejected. With the large number of parameters (three to seven) that can be 
chosen arbitrarily for each rate-controlling mechanism, a very extensive 
experimental program is required, using very precise and reproducible 
data, which in itself is quite a problem. We should bear in mind that it is 
not good enough to select the mechanism that best fits the data. Differences 
in fit may be so slight as to be explainable entirely in terms of experimental 
error. In statistical terms these differences may not be “significant.” 
Unfortunately, if a number of alternative mechanisms fit the data equally 
well, we must recognize that the equation selected is simply one of good fit, 
not one that represents reality. With this admitted, there is no reason why 
we should not use the simplest and easiest-to-handle equation of satis¬ 
factory fit. In fact, unless there are good positive reasons for using the 
more complicated of two equations, we should always select the simpler of 
the two if both fit the data equally well. The statistical analyses and com¬ 
ments by Chou (1958) on the codimer example in Hougen and Watson 
(1947) in which 18 mechanisms were examined illustrate the difficulty in 
finding the correct mechanism from kinetic data, and show that even in 
the most carefully conducted programs of experimentation the magnitude 
Qf the experimental error will very likely overshadow any of the differences 
predicted by the various mechanisms. 

Thus it is hardly ever possible to determine with reasonable confidence 
which is the correct mechanism. 

Dangers in extrapolation. Let us suppose that we . have found the 
correct mechanisms. Extrapolating to unexplored regions is still dangerous 
because other resistances may become important, in which case the form 
of the over-all rate equation changes. But, such an equation does serve as a 
guide to expected favorable operating conditions. 

Problems of combining resistances. Again let us suppose that we have 
found the correct mechanism and resultant rate equation for the surface 
phenomenon. Combining this step with any of the other reliance steps, 
such as pore or film diffusion, becomes rather impractical. When this has 
to be done, it is best to replace the three to seven constant equation by 
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an equivalent first-order rate expression, which can then be combined with 
other reaction steps to yield an over-all rate expression. 

From this discussion we conclude that it is good enou gh to use the sim¬ 
plest available correlating rate expression which satisfactorily represents 
the data. 

For additional comments questioning the validity of the active-site 
approach, suggesting forms of kinetic equations to be used in reactor 
design, and suggesting what is the real utility of the active site theory see 
Weller (1956) and Boudart (1956). 

Form of rate equation to be used when surface phenomenon 
controls. For design purposes we usually can fit the data satisfactorily 
by a first-order irreversible or reversible rate equation, 

= kQ or -Tf, = k{Cj, - C^.) 

by an nth order irreversible rate equation, 

-''a “ 

or by simplified expressions suggested by the active-site theory 

k{Cj, - Ca,) 

—Tl =- - — or —r* = ^^ 

1 -h fciCA 1 + fciCA 

and 

kC^ k(Cj, - Ca.) 

—Ta =- - —■„ or —Ta — ^ 

(l + feiCA)“ (I+^iCa)* 

and similar equations when more than one reactant is involved. Rate 
expression such as this will be used to represent situations in which surface 
phenomena control. 

Qualitative predictions from active-site theory. For design the 
real value of the active-site theory is that it gives a qualitative idea of what 
may happen on extrapolation to new operating conditions. Imagine 
molecules adsorbing, reacting, and desorbing from the surface. From 
findings in adsorption we know that a rise in pressure results in an increase 
in amount of material adsorbed. Hence if adsorption is rate controlling, 
an increase in reactant concentration will result in an increase in rate of 
reaction. 

Suppose desorption controls. Desorption, being an equilibrium process 
between site-attached and free product molecules, is unaffected by an 
increase in concentration of reactants. Hence we get no increase in rate 
with a rise in reactant concentration. 

When tEe chemical reaction controls, we visualin that all the active 
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sites are constantly and continually in* use. Many cases may be considered 
here. For example, consider a single>site mechanism $iK:h as in the 
decomposition of site-attached reactant A with no other material present. 
Increasing the concentration of reactant in the gas atmosphere almve the 
surface will not speed up this reaction because the surface is assumed to be 
already saturated with A, since the surface decomposition is rate control¬ 
ling. Again consider the*dual-site mechanism for the reaction A -i- B 
products. This mechanism visualizes that a molecule of A on a site reacts 
by attacking a molecule of B on a neighboring site. Now if A is in excess 
on the surface, the reaction rate is mainly a function of the concentration 
of B on the surface, increasing or decreasing will both allow more 
B molecules on the surface and therefore increase the rate of reaction. 
Increasing will simply swamp the surface with A, crowding out B and 



AdmptiM Raictioii Doarptim 
A A* R* H 


Adsorption of 
B controls 


Adsorption of 
A controls 



Reaction 

controls 


Total pressure 
(at fixed Ca/Cb) 



AdMiplioa 
B B* 


Rnction 

(products)* 


Desorption 

products 


Ftj. 3. Variation of reaction rate with reactant ratio and total pressure for the various 
controlling mechanisms. 
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Total pressure Total pressure 


Fig. 4. Change in controlling mechanism as a function of reactant concentration or total 
pressure for reaaion of two reacunts with single-site mechanism. 


sdaorptlon 
A ==i A* 


reaction desorption 

(products)"' -c- . - " products 



and with fixed reactant ratio, or for reaction of single reactants. 


further slowing down the rate of reaction. Figure 3 summarizes these 
conclusions. Other cases can similarly be considered. 

Effect of change in operating pressures. The active-site theory 
allows us to predict what may happen to the rate when we extrapolate to 
higher or lower operating pressures. In general, at very low pressures with 
adsorption controlling we have essentially a hrst-order reaction. At higher 
pressures the surface will become 


increasingly saturated with molecules. 
If these do not react rapidly enough, 
surface reaction becomes controlling, 
causing the rate to level off or even 
drop. If the reactants on the surface 
react rapidly but the products do not 
desorb rapidly enough, the surface 
will become saturated with product 
molecules and desorption will control, 
in which case the reaction rate will 
again level off. 

The effect of pressure on rate of 
reaction as predicted by the active-site 
theory is given in Figs. 4 and 5 and 
shows that at low pressure all reactions 
are approximated by a first-order rate. 
At higher pressures the rate levels 



Total pressure 
(at fixed reactant ratio) 


Fig. 5. Change in controlling mechanism 
for the dual-site mechanism: 

adsorption 

A ^ A* reaction 

-f ..j....-- (products)* 
adsorption desorption 

B " ' — B* products 
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off, becoming zero order, or may even drop. A more detailed presentation 
using initial rate data is given by Yang and Hougen (1950). 

Pore diffusion resistance important 

Singie cylindrical pore, first-order reaction. Consider at first a 
single cylindrical pore, with reactant A diffusing into the pore, a first-order 
reaction 

A -► product and - - s= 

S dt 


taking place at the walls of the pore, and product diffusing out of the pore, 
as shown in Fig. 6. This simple model will later be extended. 

The flow of materials into and out of any section of pore is shown in 
detail in Fig. 7. At steady state a material balance for reactant A for this 
elementary section gives 

output — input + disappearance by reaction =*= 0 (4.1) 


or with the quantities shown in Fig. 7, 

.2^ + k,CJ2nr A*) 

\ dx J out \ dx / in 


—nr 

Rearranging 


= 0 


- 


\ dx / out 

\ dx 1 


Ax 


in 2k, 


-C^ = 0 


and taking the limit as Ax approaches zero (see the equation above 
Eq, 9.31), we obtain 


= 0 

dx® S>r 


( 3 ) 


Note that the first-order chemical reaction is expressed in terms of unit 
surface area of catalyst pore; hence k, has units of length per time. In 
general, the interrelation between rate constants on different bases is given 


by 



(St) 

/volume,\ /, ft® W mass of ' 

\ ft® / \ ””(hr)(lb)/\catalyst, lb; 

1 ft \ / surface of \ 

/ “ \ '’hr/ Icatalyst, ft*/ 

or 

kV=^k^W^k^ 

(4) 

Hence for the cylindrical catalyst pore 



Js»rfa«)_^/2.rL] 
v volume/ XmrL/ 

1 = ^ (5) 

r 
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Fig. 6. Representation of a cyiindrical cataiyst pore. 




Cross-sectional area «irr2 
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Fig. 7. Setting up the material balance for the elementary slice of catalyst pore. 
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Thus in terms of volumetric units Eq. 3 becomes 


B ^ 


= 0 


( 6 ) 


This is a frequently encountered linear differential equation whose general 
solution is 

Ca = A/je** 4- 

where (7) 

m =■ V kIB = V IkJBr 


and where and are constants. It is in the evaluation of these 
constants that we restrict the solution to this system alone by specifying 
what is particular about the model selected, a procedure which requires a 
clear physical picture of this model. These specifications are called the 
boundary conditions of the problem. Since two constants are to be evalu¬ 
ated, we must find and specify two boundary conditions. Examining the 
physical limits of the conceptual pore, we find that the following statements 
can always be made. First, at the pore entrance, or at the surface of the 
catalyst pellet, 

= Cjt, at a; = 0 (8a) 


Second, because there is no flux or movement of material through the 
interior end of the pore 

^ = 0, at a: = L (8b) 

dx 


With the appropriate mathematical operations of Eqs. 7 and 8 we then 
obtain 


Ml 

Afa 




— foL 


gfnL ^ g~mL 


_ Ca/ 


mL 


„mL 


+ C 


— mL 


(9) 


Hence the concentration gradient of reactant within the pore is 

^ ^ g-miL-x) ^ cOSh m(L- x) 

Ca, coshmt 


( 10 ) 


Since the rate is proportional to concentration in a first-order reaction, the 
mean concentration within the pore compared to the maximum 
possible concentration should be a measure of how much the reaction 
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Fig. 8. Distribution and average value of reactant concentration within a catalyst pore as 
a function of the parameter mL 


rate is lowered by pore diffusion. This ratio is defined as the effec¬ 

tiveness factor With Eq. 10 we can find 


/average reaction \ 

_ rate within pore/ _ _ tanh mL 

( maximum reaction rate \ mL 

if pore diffusion is absent/ 


( 11 ) 


Figure 8 shows how Q varies within a pore in terms of the dimensionless 
parameter mL and also shows the value of ^ for the curves drawn. The 
relation between mL and given by Eq, 11, is shown more clearly in 
Fig. 9. 

From these figures or Eq. 11 we find 

^ 1, when mL < 0.5 


In this range of low mL values the concentration of reactant does not drop 
appreciably within the pore: thus pore diffusion offers negligible resistance 
to reaction-. This can also be verified by noting that a small value for mL =» 
LVkl^ means either a short pore, slow reaction or rapid diffusion, all 
three factors"tending to make diffusion unimportant. 
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Fig. 9, The effectiveness factor as a function of the parameter mL for various catalyst 
shapes and for volume change during reaction. Prepared from Aris (1957) and Thiele 
(1939). 

In the other extreme 


sa —- when mL > 5 

mL 


In this range of high mL values the reactant concentration drops rapidly 
on moving into the pore; hence diffusion becomes important and plays a 
major role in determining rate of reaction. Note that the effectiveness 
factor defined here is identical to that used in Eq. 13.13. 

The average rate of reaction within the whole pore is then 


or 


S dt 




1 ^ 

(pore volume) dt 





( 12 ) 


which shows that in terms of the only concentration we can measure, that 
in the main gas stream pore diffusion can be accounted for by the 
effectiveness factor. Thus the effectiveness factor can properly be con¬ 
sidered to be an eflUciency term. 
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From the discussion related to Fig. 2 we found that pore diffusion resist¬ 
ance does not act in series with surface reaction resistance and hence 
cannot be treated independent of it. Equation 12 seems at first sight to 
indicate that pore diffusion can be accounted for by a separate, multiplica¬ 
tive correction-type term S'. This is true, however, this factor S involves 
not only a diffusion term but a surface reaction term as well in the form of 
the rate constant. Thus pore diffusion can never become controlling in the 
sense that it alone will determine the rate of reaction. 

We have gone into considerable detail to develop the expressions for the 
simple case of diffusion into a single cylindrical pore h>r a first-order 
irreversible reaction because it shows how the nonadditive pore resistance 
effect is to be treated. Relaxing the various restrictions of this treatment 
leads us to a variety of useful extensions and generalizations. These 
follow. 

Catalyst pellets of regular geometry. Aris (1957) showed that 
if we use as a measure of catalyst pore length 

^ __ (volume of pellet) 

( exterior surface of pellet \ 

available for reactant pene-1 
tration and diffusion / 

the effectiveness factor can be related to the dimensionless parameter mL. 
Figures 9 arid 10 summarize these results for fiat plates with sealed ends, 
cylinders with sealed ends, and spheres. The S versus mL curves for these 
various types of pellets conveniently coincide everywhere except in the 
intermediate region. However, in no case is the difference in S at given mL 
greater than 18%. 

Particles of irregular shape. The close matching of the curves of 
Fig. 9 for particles of various regular shapes gives confidence that the 
length parameter L defined in Eq. 13 is the correct one to use for particles 
of any shape. Thus for particles of irregular shape the mean value of the 
three curves of Fig. 9 can be used to estimate S with an error probably 
smaller than 10%. 

Mixture of particles of various shapes and sizes. For a catalyst 
bed consisting of a mixture of particles of various shapes and sizes Aris 
(1957) showed that the correct mean effectiveness factor is 

= d^i/i -I- if 2/2 + • • • (14) 

where/i,/ 2 ,... are the volume fractions of particles of sizes 1,2,.. in the 
mixture. 

Molar volume change. With decrease in fluid density (expansion) 
during reaction, or « 1 -H ea; > 1, the increased outflow of 

molecules' ft'om the pores makes it harder for reactants to diffuse into the 
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Length r j = £ 
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Effectiveness ttinimL 
factor # 


tinh mL 
mL 


Cylindrical Spherical 

catalyst pellet cata^ pellet 



2/i fmit) 3fmHcothmH- 1) 

(mR)yihR} (mR)* 


Fig. 10. Summary of effectiveness factor and length parameters used for various shapes of 
catalyst pellets 

where m = 

as effective volumetric diffusion coefficient in catalyst, area/time 
k = first-order or pseudo first-order (= reaction rate constant on 

volumetric basis, per time 
fg( ) ss modified Bessel function of zero order 
f,( ) s modified Bessel function of first order 
n = order of reaction 

k„ s reaction rate constant on a volumetric basis for an nth-order reaction, 
(cone)*“"/time 

Cj^ = mean concentration of A within pore, moles/volume 
Prepared from Aris (1957). 


catalyst, increasing the diffusional resistance and lowering On the 
other hand, volumetric contraction, I'out/l'l. < 1, results in a net molar 
flow into the catalyst and hence an increase in S'. Thiele (1939) found that 
the over-all effect of this flow is a translation of the S versus mL curve 
along the abscissa as shown in Fig. 9. 

Reactions of any order. In Chapter 11 we showed that treating a 
linear effect (diffusion^ with a nonlinear effect (reaction with order different 
from unity) leads to complications. In such situations we usually fall 
back on approximate methods of solution. Here the nonlinear effect of an 
nth-order reaction is best handled by approximating it with a first-order 
rate expression with pseudo first-order rate constant k. Thus 

m = ^ \IklB 

where k = 

Because Cf^ varies within the porous material, k and m are not constant, so 
we can only approximate S by using a mean value for the,changing 
concentration of reactant. 
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Radial distance from center of particle 
Fig. 11. Concentraticn profile for a spherical catalyst pellet. 

Heat effects during reaction. Strong heat effects accompanying 
reaction may result in appreciable temperature variations within the 
individual catalyst particles. For example, if the reaction is highly exo¬ 
thermic the interior of the particles will be at a higher temperature than the 
exterior surface. Consequently, based on the temperature measured in 
the gas space between particles, reaction is faster than expected, the over-all 
effect being an increase in effectiveness factor. For endothermic reactions 
the opposite is true. Carberry (1961) has extended Fig. 9 to account for 
these nonisothermal situations. 

Combination of resistances 

By the methods outlined in the illustrative example of Chapter 11, the 
over-all effect of gas film resistance and the combination of pore resistances 
and first-order chemical reaction can readily be combined since these are 
linear processes. Thus, referring to Fig. 11, we have for the gas film 

_ JL^ 

Sex dt 


^A*) 
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whereas for diffusion and reaction within the interior of the particle we 
have, based on particle volume Fp, and neglecting the slight contribution 
to reaction by the exterior surface of the particle, 


1 dNj, 

F, dt 




( 12 ) 


Combining these two expressions, eliminating the unknown surface con¬ 
centration, gives 


Sex dt Sex/k^V^ + l/k„ 

I dNj, 1 ^ 

F„ dt ilkS’ + VJk^Scx 


( 16 ) 


which for spherical particles of radius R becomes 


1 dNj, 1 ^ 

Sex dt 3lk^R -I- ilk, 

1 dNj,^ 1 c 

Vp dt Ilk(^ + Rl3k, 

Note that in Eqs. 16 and 17 k is the hrst-order rate constant based on unit 
volume of particle, whereas k„ is the mass transfer coefficient based on unit 
exterior surface of particle. With rates dehned on other bases, care must 
be taken to make the appropriate conversion of units. 

Exterior and interior surface. Until now, because of its relatively 
small surface area, we have assumed the contribution to reaction by 
the exterior surface of a catalyst particle to be negligible. But when 
reaction is so rapid that the reactant has little chance to penetrate the 
catalyst particle, this assumption does not hold, and the over-all rate must 
account for reaction both in the interior and on the outside of the particle. 
Referring to Fig. 2, we And the over-all effect of all these resistances to be 


or 


_ =_!_C 

Sex dt ± _1_ ‘ 

kg fc^(l^/Sex)CSiii/(Sex + S|n)] "+■ k, 

_ I _ 

V, dt ._ I _ 

kgSex k<^[Sin/(Sin + Sex)] + fcf(Sex/l'e) 

BcMitance of: itna fllm reaction reacUon 

In interior on exterior 


( 1 «) 
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where 

*.(5^ + S'..) = kr. 

Now when 

Sex 

reaction on the exterior surface of the catalyst predominates over reaction 
within the pores, and Eq. 18 reduces to 

_1 C .eg, 

Sex dt ^ ^ ^ 

Equation 19 is the expression for reaction on nonporous catalyst 
particles. 

Equation 18 also reduces, under appropriate limiting conditions, to all 
the previously derived expressions with individual resistances controlling 
or important. 

Experimental methods for finding rates 

Any type of reactor, batch, backmix, or plug flow, may be used to 
explore the kinetics of catalytic reactions. Since only one fluid phase is 
present in these reactions, the rates can be found as with homogeneous 
reactions. The only special precaution we must observe is to make sure 
that the equation used is dimensionally correct and that the various terms 
are carefully and precisely defined. The reason for this precaution is the 
wide variety of bases (void or bulk volume, surface area or mass of catalyst) 
that may he used to express rates of reaction. To illustrate, for batch 
constant volume systems Eq. 5.3 in its various forms becomes 



i^i 

1 

11 

< 

fdX^, 


J s . 

1 

1 

« 

' -^a'" 


(20a) 


For steady state plug flow systems Eq. 5.11 in its various forms becomes 


^Ao -rA dy= -rA_dVr = dS = dW (20h) 

and for backmix operations similar expressions result. 

The Vf, —system of units indicated by the underlined terms of Eq. 
20 is usually the most convenient to use in catalytic systems. By comparing 
these underlined equations we see that we need to know the fraction voids 
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€ sss VlV^, both between pellets and within pellets if porous, if we wish to 
interrelate batch and flow system data. 

In the rest of the text of this chapter V and —Tj^ units are used, however 
all the equations hold equally well if these measures are replaced by V^. 
and —The illustrative examples at the end of the chapter use the latter 
set. 

Differential reactor. We have a differential reactor when we choose 
to consider the rate to be constant at some average value throughout the 
reactor. Since reaction rates are concentration-dependent, the assumption 
of constant rate is reasonable when composition changes in the experi¬ 
mental reactor are small. A differential reactor is usually visualized to be 
small, as the name implies; however, this is not necessary because if the 
rate is slow the reactant composition change is small, even in a large 
reactor. In addition, when we have a zero-order reaction we can always 
consider the reactor to be a differential reactor, no matter how great is the 
composition change at isothermal conditions. 

Rates of reaction in differential reactors are found in a straightforward 
manner since integration of the plug flow design equation becomes trivial. 
Thus we have 

■yA.Out ^A,la 
(“^A)av 


— * --i =-i- dX 

F\0 •^■X’A.in — ("^A)av •'A'a.ib 


or 


/ _ \ _ ^.^o(^A.OUt — -X^A.Jn) 

- 


( 21 ) 


The procedure is as follows. 

1. Make a series of kinetic runs using different concentrations of 
reactants for each run. 

2. Select the highest reactant concentration as the basis for calculating 
conversions and call this concentration ^AO’ It is convenient, though not 
necessary, to do this. Other bases such as feed concentration for each 
run may be used if preferred. Then is calculated for each run. 

3. Determine for each kinetic run ^A.ouf ^ao» and V. 

4. Calculate from Eq. 21 the rate of reaction — for each kinetic run. 

5. We now have a series of rate versus average reactant concentration 
data. Applying the differential methods of analysis of Chapter 3, a rate 
equation can be found from this information. 

Figure 12 briefly summarizes this procedure, and Example 1 illustrates 
the use of the differential reactor for finding a rate equation and for 
scale-up. 
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Run 1-Run 2- 

^A, out 


t 


t 


^A. In ® “ ^A, m ) 


n 


Repeat using different 
Ca in feed 


^Aof*A,out - JfA,in> r_ n, 

y I 21 



Fig. 12. Summary of the method for finding the reaction rate and rate equation by the 
use of a differential reactor. For convenience one basis should be used to calculate 
conversions for all runs. 


Integral reactor. When the variation in reaction rate within a 
reactor is so large that we choose to consider these variations in the method 
of analysis, we have an integral reactor. Since rates are concentration- 
dependent, such large variations in rate may be expected to occur when 
the composition of reactant fluid changes significantly in passing through 
the reactor. We may follow one of two procedures in searching for a 
satisfactory rate expression. 

Integral analysis. Here a specific mechanism with its corresponding 
rate equation is put to the test by integrating the rate equation for the 
reactor flow conditions. The procedure is as follows. 

1. Make a series of runs varying V and/or in such a manner that a 
wide rangrof conversions Xj^ is obtained. 
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2. Select a rate equation to be tested. Integrating the plug flow design 
equation, we obtain 


Fao Jo -rA 


(5.12) 


Since — is the rate expression to be tested, a numerical value for the 
right-hand side of this expression can be obtained for each experimental 
run. 

3. A linearity test can then be performed to test the rate equation. 

Equations 5.16 to 5.19 are the integrated forms of Eq. 5.12 for simple 
kinetic equations, and Example 2b illustrates the general procedure. 

Differential analysis. Integral analysis provides a straightforward rapid 
procedure for testing some of the simpler rate expressions. But the inte¬ 
grated forms of these expressions become unwieldy with more complicated 
rate expressions. In these situations, the differential method of analysis 
becomes more convenient when searching for a rate equation. Rearranging 
Eq. 5.11, we obtain the expression that allows us to find rates of reaction 
in integral reactors. Thus, we have 


-.. = ^ = - 4 ^ ( 22 ) 

dVIF^ 

The procedure is as follows. 

1. Make a series of runs using feed of the same composition C^o l>ut 
varying the feed rate ^AO or reactor volume V to obtain a series of different 
VjFf^Q values. 

2. Calculate for each kinetic run A^A.out 1>^ runs C^.in «= 

Cao and = 0 are fixed. 

3. Plot .^A.out versus K/Fa© for all runs. 

4. Fit the best curve to the A^A.out versus F/Fa© data, making it pass 
through the origin. 

5. Equation 22 shows that the rate of reaction at any value of is 
simply the slope of this curve; hence at a number of A^a values find the 
slope of this curve (or rate of reaction) as well as the corresponding concen¬ 
tration of reactant Ca. 

6. We now have a series of rates versus concentrations which can be 
correlated by the methods of Chapter 3 to obtain a rate equation. 

Figure 13 briefly summarizes this procedure, and Example 2 illustrates 
the use of differential analysis of integral reactor data in scale-up and in 
determining a rate expression for a particular reaction. 

Comparison of differential and integral reactors. Differential 
reactors present a number of attractive features. First of all, each run 
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Repeat using same feed composition 
but different 


Cuive is fitted, either empirically 



^AO 


Fig. 13. Summary of the method of finding the reaction rate by the use of an integral 
reactor. 

gives directly a value for the rate of reaction. This is not so with the 
integral reactor where a series of runs must first be made, followed either 
by the testing of a preselected rate equation or by curve fitting and taking 
of slopes. An additional point in favor of differential reactors is that they 
are easier to keep isothermal because of the low conversion of materials. 

To counter these attractive features, differential reactors require more 
accurate methods of analysis of stream compositions to yield results of 
comparable accuracy to integral reactors because in differential reactors 
the rate is found by measuring concentration differences which are usually 
small. Another drawback of the differential reactors is in the study of 
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Fig. 14. Sketch of the recycle reactor. At high recycle ratios this setup behaves as a 
backmix reactor. 

complex reactions where it is difficult, often impossible, to prepare a 
synthetic feed for the various runs which matches the composition of the 
actual fluid in its various stages of conversion. 

Which reactor to use in experimentation can only be decided after 
weighing the advantages and disadvantages for the specific reaction under 
study. In general, the differential reactor is more suited to the study of 
pore diffusion and chemical reaction resistance steps, whereas the integral 
reactor is probably more convenient to study film diffusion kinetics. 

Recycle (or backmix) reactor. The problems at the end of this 
chapter suggest various modifications of the ordinary differential and 
integral reactors that may be devised to obtain kinetic data. One experi¬ 
mental scheme deserves special mention since it combines most of the 
good features of both integral and differential reactors and avoids their 
shortcomings. This is a steady-state flow system, shown in Fig. 14, 
consisting of a recycle loop containing a fixed amount of catalyst. 

Let us feed a reactant stream at a fixed composition and flow rate to the 
reactor loop, and let the conversion of the selected reactant A in the various 
streams be as shown in Fig. 14. In addition, let us choose always to 
consider the rate of reaction to be the same at all points in the catalyst bed 
in any specific run. Thus we choose to consider this to be a diflerential 
reactor. 

With recycle absent and we have 

(--■a).. - ^ (23) 

Wao 

where (—rj^)av is measured at some average conversion of the streams 
entering and leaving the catalytic bed. Thus 

^ -^A.av -^Al (24) 

Since — Xj^ may be large, choosing to use an average rate may lead to 
serious error. 
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Now suppose that a part of the product stream is recycled. As the 
recycle flow rate is raised, the incoming feed is mixed with increased 
amounts of product stream causing to approach Xj^f. From Eq. 24 
we see that this makes the error in the assumption of constant rate decrease 
accordingly. Thus at high recycle ratios we have 





VIFao 


(25) 


where the rate is measured at the exit stream conditions and is based on 
the measure of catalyst volume V selected. This type of reactor is called 
a recycle or recirculation reactor but may properly be considered to be a 
backmix reactor. Perkins and Rase (1958) discuss the many aspects of 
this reactor. 

The attractive features of the recycle reactor which recommend its use 
in many situations are as follows. 

1. A direct measure of reaction rate is obtained with each experimental 
run. 

2. The large changes in reactant concentration across the whole loop 
minimizes the effects of errors in analysis of feed and product stream 
compositions, giving accurate and precise rate measurements. 

3. Heat effects are minimized, and good temperature control is possible. 
Actually, all the catalyst need not be at one location but may be distributed 
throughout the loop. 

Determining controlling resistances and the rate equation 

Interpretation of experiments becomes difficult when more than one 
resistance affects the rate. To avoid this problem we should like, with 
preliminary runs, to find first the limits of operations where the various 
resistances become important. This will allow us to select conditions of 
operations in which the resistances can be studied separately. 

Film resistance. First of all, it is best to see whether film resistance 
needs to be considered. This can be done in one of many ways. Where 
experimental rate data are available, the mean first-order rate constant 
for these runs can be compared with the predicted mass transfer coefficient 
for that type of flow system, such as Eq. 12.22. In all cases we should find 
that the mass transfer coefficient is the upper limit to the reaction rate or 

kV^<k„S^^ (26) 

If the two terms in this equation are of the same order of magnitude, we 
may reasonably suspect that the gas film is playing a role in determining 
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Xa» 



<^A0>2 (FmH (J^Aof* 

Feed rate or gas velocity 


Fig. IS. Summary of a method to determine whether gas film resistance influences the 
rate of reaction. 

the reaction rate. On the other hand, if kVp is much smaller than 
we may conclude that some other step is providing the major resistance to 
reaction; therefore gas film resistance can be ignored. 

By experiment we can determine the limits of operations where the 
resistance of the gas film plays a role by noting conversions in plug flow 
reactors when using varying flow rates of identical feed. 

Figure IS shows an experimental procedure for exploring gas film 
resistance. A number of experimental runs are made at constant V/Faq* 
but at varying flow rates of identical feed. Where gas film resistance is 
important, conversion will vary with changing gas flow rate. Where gas 
film resistance does not influence the rate of reaction, conversion should 
remain the same at all gas flow rates. The limits of operations where gas 
film resistance just begins to make itself felt is then the point where con¬ 
version just begins to drop. 

Figure 16 illustrates a second procedure for studying gas film resistance. 
Again, conversions are compared at given VjF^^ but diflerent ^AO. A 
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Experimental runs 

Series I Series II □ 




(€) 

Fig. 16. Summary of a method for determining whether gas film resistance affects the 
rate of reaction, (o) Runs overlap; hence film diffusion is unimportant, (b) Film diffusion 
is important throughout the range of velocities covered, (c) Film diffusion affects rate at 
low velocities but plays no role at high velocities. 

decrease in conversion is evidence of gas film resistance causing a drop in 
reaction rate. 

Of the two experimental procedures, the first is to be preferred because 
it can cover a wider range of conditions and can allow easier detection of 
the onset of film diffusion. 
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In using either of these methods, we should always select operating 
conditions where bed backmixing is negligible or plays the same role 
throughout; otherwise we may ascribe incorrect causes for observed drops 
in conversion. 

Pore resistance. Assuming that we have examined for the effect 
of film diffusion, know in what range of experimental conditions it may 
become important, and are operating in the region where film diffusion 
can be ignored, we may study the effect of pore diffusion. From what we 
have mentioned earlier, pore diffusion can never be studied alone since it 
is not in a series relationship with the chemical reaction step. Pore 
diffusion is accounted for by the effectiveness factor in the rate equation, 
using concentrations in the main gas stream, or 

= (12) 
y dt 


where is a function of mL as given by Fig. 9 or Eq. 11. To find the effect 
of pore diffusion, we should like to see how S’ varies with mL. If S remains 
unchanged as mL is varied, we are in the region where pore diffusion is 
unimportant, or mL < 0.5. If S varies reciprocally with mL, we are in the 
region of strong pore diffusion, mL > 10-(see after Eq.-11). This then is 
how we find the range of conditions where pore diffusion plays a role. 
Thus the procedure is to make kinetic runs with catalyst particles of the 
same kind but of different size, hence different mL values, and observe how 
the rate of reaction is affected. For example, with particles of size Ry and 
R^, and with the same concentration of reactant in both runs, we have 

with Ry (-rj,)y = kSyCj^ 

with Rz (—r ^)2 = 

If the resistance to pore diffusion is negligible, S = I and the rate of 
reaction should be the same for both sizes of particles, or 


Q kS iCa Sy j 

^2 k^S^Cx ^2 


(27) 


If we are operating in the region of strong pore diffusion, S’ — 1/mZ., and 
we should find 

^ ss ^ ss ss ^ (28) 

^2 ^2 mLy Ry 

Thus the rate of reaction varies inversely with particle size. 

How do we find the transition between these two regions? If the 
original runs with different-sized particles showed identical rates, thus 
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negligible resistance to pore diffusion, then further runs should be made 
under conditions in which diffusional resistance becomes increasingly 
important relative to the resistance to chemical reaction. In other words, 
progressively larger-sized particles or higher-temperature levels should be 
selected until the rate of reaction starts to drop. On the other hand, if we 
originally were in the region of strong diffusional resistance, succeeding 
runs should be made with smaller particles or at lower temperatures. Thus 
the S versus mL curve can be found and fitted. 

It is interesting to note the behavior of nth-order reactions — r = A:„C" 
in the region of strong pore diffusion where S — IjinL, The first-order 
reaction becomes 


mL L 


C 


(29) 


But with an nth order reaction where k = knC*^~^ we obtain 

^<n+J)/2 

L 


(30) 


Thus an nth-order reaction behaves like a reaction of order (n -I- l)/2 or 

0 order becomes i order 
1st order remains 1st order 
2nd order becomes 1.5 order 

3rd order becomes 2nd order _ 

In addition, the observed rate constant now becomes proportional toVk„. 
Thus with an Arrhenius-type temperature dependency, k = we 

then have for any reaction order 

or t 

£ob,er,e« - ^ (31) 

Thus the observed or measured activation energy under strong diffusional 
resistance is only one-half the true activation energy. 

Chemical reaction. Kinetic equations based on the various active- 
site models may be obtained by the methods outlined by Yang and Hougen 
(1950) or Corrigan (1955). However, since these require an extensive 
research program to explore, and must be replaced by the corresponding 
linear rate expressions anyway if the diffusional resistances are to be 
considered, we consider only the simpler empirical forms of rate equations 
to represent the kinetics when surface phenomena control. With film 
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diffusion absent, the rate of surface reaction can then be found in a straight¬ 
forward manner with pore diffusional effects either present or absent.' 

PRODUCT DISTRIBUTION IN MULTIPLE REACTIONS 

More often than not solid-catalyzed reactions are multiple reactions; 
reactions occur side by side, and the products of these decompose further. 
Of the variety of products formed, usually only one is desired, and it is the 
yield of this material which is to be maximized. In cases such as these the 
question of product distribution is of primary importance. 

Now the general rules for maximizing a given product in homogeneous 
reactions apply equally well to solid-catalyzed reactions. These rules were 
developed in Chapter 7 and dealt with the type of flow patterns to be used 
in the reactor. Briefly then, for reactions in parallel the key to optimizing 
yields is to maintain the proper high or low concentration levels of reactants 
within the reactor, whereas for reactions in series the key is to avoid the 
mixing of fluids of different compositions. These considerations hold for 
the over-all or gross flow pattern of fluid through any reactor. 

In catalytic reactions the fluid in the interior of catalyst pellets may 
differ in properties from the neighboring main body of fluid. These many 
local nonhomogeneities caused by lowered reactant concentration within 
the catalyst pellets may result in a product distribution different from what 
would be observed were this nonhomogeneity absent. Here we consider 
the difference between the true (at the reacting surface of the catalyst) 
and observed (material entering the main gas stream from the catalyst) 
product distribution. Knowing the reasons for this difference will suggest 
how to control the operating conditions so as to obtain the most favorable 
over-all yield of desired product. 

In terms of fractional yields we may say that the over-all fractional 
yield O is found from the observed instantaneous fractional yields 
whereas the latter is related to the true instantaneous fractional yield 97tnie* 
Thus 

_ catalyu sroperties, methodi of, 

93 ,rue fpo\» -V 

reaction kinetics Ch. 7 

Here we examine the relation between T^true ^nd We leave to Chapter 
7 the finding of O from 

Reactions in parallel 

Here we treat two reactions which characterize the types of parallel-path 
reaction found in solid-catalyzed reactions. We relate 93true with for 
these reactions when pore diffusion is strong, when surface reaction con¬ 
trols, and when film diffusion controls. 



PRODUCT DISTRIBUTION, REACTIONS IN PARALLEL 


459 


Decomposition of a single reactant by two paths. Consider the 
parallel-path decomposition 


R (desired), Tr = 

A 

S (unwanted), rs = 

which has an instantaneous fractional yield 

(r + s) “ 1 + (fc 2 /fci)Ci*"“^ 


(32) 


(33) 


Surface reaction controls. When surface reaction is rate controlling, 
the concentration of reactant within the pellets and in the main gas stream 
are the same, and £q. 33 represents both the observed and true instan¬ 
taneous fractional yield. 

Film resistance controls. When diffusional resistance across the gas film 
about the particles controls, then at the reaction surface will be lower 
than in the main gas stream. From Eq. 33 we see that this lowered reactant 
concentration will favor the reaction of lower order. Hence if the desired 
reaction is of lower order, operating under conditions where film diffusion 
influences the rate will be advantageous and will raise the observed frac¬ 
tional yield above the true fractional yield. If the desired reaction is of 
higher order, the opposite occurs. The extent of actual shift in 9 ? is not 
easy to determine. 

When both reactions are of the same order, or Aj = a^, Eq. 33 becomes 


Strong pore diffusion. 
of Eq. 30 yields 


1 

“ 1 + kjk. 

Under conditions of strong pore diffusion use 
1 


^obs — 


1 + 



(34) 


Side-by-side decomposition of two reactants. Consider a feed con¬ 
sisting of two components, both of which react when in contact with a 
solid catalyst, for example 

A-Xr (desired), tr =/cjCa® 

B S (unwanted), rg * AtjCr* 

m 

where the rates indicated are the true rates of reaction on the solid surface. 
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Then the instantaneous fractional yield of desired product is 

(r + s) “ 1 -f kaCBV^iCA* 

Film resistance controls. When mass transfer of reactants through the 
gas film surrounding the particles controls the over-all rates, then and 
Cb 0 on the exterior surface of the particles, and the over-all rates of 
reaction of A and B in terms of main stream concentrations become 


'’k ~ — 0 ) — kj^gCj^ 

t'a ^ khgi^B ~ 0 ) 


Thus the observed fractional yield is 


T’obs 



1 _ 1 

1 + ksgCji/kj^gCj^ 1 + CjilCj^ 


(37) 


irrespective of reaction kinetics. 

Strong pore diffusion. In this region the observed rates of reaction, as 
given by Eq. 30, are 


_ (^1-^a)^ ^(o + 1)/2 

L ^ 


rR 


rs 




hence the observed fractional yield 



For first-order reactions this becomes simply 



Surface reaction controls. Since Ca and Cn are the same at the surface 
and in the main gas stream and Eq. 36 holds. For first-order 

reactions this becomes simply 

1 


T’obs =* 9^true 


1 + k^C-^/kiCj^ 


(40) 
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As characteristic in behavior of reactions in which the desired product 
can decompose further, let us consider the successive first-order decom¬ 
positions 



Film diffusion controls. Consider the physical picture when film diffusion 
controls. The individual molecules of A in the main gas stream wander in 
random fashion through the gas film to the surface of the particle. Since 
this diffusive process offers the total resistance to the over-all process, the 
molecules of reactant reaching the exterior surface of the particle decom¬ 
pose in a relatively short time to form R. There is no need for the interior 
surface of the particles to be used. The exterior surface does all the work, 
and the particle can just as well be nonporous. 

To be recovered the R molecules formed at the surface must diffuse 
outward through the gas film. However, if during these random wander¬ 
ings the molecules of R collide with the surface a few times, the chances are 
that they will decompose into S. 

Though no neat expression has yet been developed to give the yield 
of R for this situation, still, by analogy to the extremely fast reaction 
between two fluids treated in Chapter 10, we can expect that the greater 
the mass transfer resistance with respect to reaction, the lower the Cu,max- 
In the extreme for-infinitely fast reactions the probability of R escaping 
from the surface without reaction becomes negligible. Thus for film 
diffusion controlling 


Cr max 0 



Strong pore diffusion. An analysis similar to that on page 438 using 
the appropriate kinetic rate expressions gives the concentration ratio of 
materials in the main gas stream (or pore mouths) at any point in the 
reactor. Thus the differential expression, see Wheeler (1951) for details 
and compare with Eq. 7.32, is 


<jfCR 1 Cr 

rfCi ” 1 + y Ci’ “ W 

For a backmix reactor integration with Cro « 0 gives 

Cr ^ 1 ^ ^a(^A0 ~~ ^a) 

C^ 1 + y C^ + yiC^ — Ca) 


(42) 


( 43 ) 
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For a plug flow reactor integration with Crs « 0 gives 
CAo"i + y’i-yL\CAo/ “ c^oj 


(44) 


Comparing Eqs. 43 and 44 with the corresponding expressions for no 
resistance in pores, Eqs. 7.36 and 7.33, shows that hfflre the distribution 
of A and R is given by a reaction having the square root of the true k 
ratio, with the added modification that is divided by 1 + y. The 
maximum yield of R is likewise affected. Thus for plug flow £q. 3.45 
becomes 


CR.H»ax ^ 

Cao *i + y‘ 


(45) 


and for backmix flow Eq. 7.25 is modified to give 


Cr.iiu« 

Cao 


f¥ 

1 

(1 + yXy^ + D* 


(46) 


Table I. The role of diffusion in pores for first order reactions 

in series 



— for plug flow 

for backmix flow 

Wo 


No 

Strong 

Pocent 

No 

Strong 

Perqent 


, Resistance Resistance 

Decrease 

Resistance Resistance 

Decrease 

He 

0.936 

0.650 

30.6 

0.790 

0.486 

38.5 

He 

0.831 

0.S04 

39.3 

0.640 

0.356 

44.5^ 

H 

0.630 

0.333 

47.6 

0.444 

0.229 

48.5 

1 

0.368 

0.184 

50 

0.250 

0.125 

A 

50 

4 

0.137 

0,083 

47.2 

0.111 

0.057 

48.5 

16 

0.0S1 

0.031 

38.2 

0.040 
-- 

0.022 

44.3 


Tins analysis and table shows that the yield of R is about halved with 
stiong itristance to diffusion in tiie pores. 

Surface fioetiort confroh. When surface reaction is the rete^contrq^g 
step* then Ca does hot drop in the interior of catalyst particies. Thus true 
rattes are Observed and 

(sll 





PRODUCT DISTRIBUTION 4B3 

Sumnuiiy 

Table 2 shows, for reactions with elementary kinetics, the relation 
between the true and the observed ratio of k values. 

For more on this subject see Wheeler (1951). 


Table 2. The observed k ratio in terms of the true k ratio 



S 

V 

Ajk, 

ki 

A—4.R 

kt km 

A—Vr—V s 



B-^S 



R 



Film 

diffusion 

(r) -r 

kjka , 

- — w 1 

-►0 

controls 

\**2/ obs ^2 

Atb* 


Strong 




pore 

“ \kj 



diffusion 

\^%/ 

¥ 



Surface 

ki 

k\ 

ki 

reaction 




controls 


*2 

*2 


Extensions to reai catalysts> 

Consider a pore structure consisting of numerous small pores (micro¬ 
pores) branching from relatively few larger pores (macropores). If we' 
assume that the surface area of micropores is relatively large, reaction 
can be assumed to take place in these pores only. Based on this model 
Carberry (1^626) showed that in the region of strong pore diffusion 



fhis result suggests that for a real catalyst particle 



where f is now dependent on the pore structure geometry. Thus with « 
unknown, the only reliable^estimate of the true k ratio would be from 
experiments under conditions where pore diffusion is unimportant. On 
the other hand findmg the ratio of k values undc^r strong and negligible 
pore reristance should yield tiie value of a. This in torn should sh^ light 
on the poto ^toctore geometry of the catalyst. 

This shift of « from one4ialf may also aff^ the treatment of strong pore 
diffusion kigetics which learto to Eqs. 11 and 31 and to the slope cf—1 in 
Fig. 9* - 
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Fl|. 17. Virlous typat of ettalytic rwcceri. 


Am.lCATION TO DESIGN 

' Contacting of reactant gas with solid catalyst can be effected in many 
ways. Each offers specific advantages smd disadvantages, and economic 
considerations should determine the pattern selected. Figure 17 illustrates 
a number of catalytic reactors. These may be divided into two broad 
types, the fibced-bed reactors of Figs. 17a. h, and c and the fluidized<^bed 
reactors of Figs. 17d, e, and /. The moving-bed reactor of Fig. IQg is an 
intermediate case which embodies some of the advantages and some of the 
disadvantages of fixed- wtd fluidized-bed reactors. In comparing the 
merits of these broad types of reactors, we see the following. 

1. Gases in tubular fixed bed reactors approximate plug flow; in 
fluidized beds they behave in a manner as yet unknown but intermediate 
betwemi pli^ mtd badknux flow with some extent of bypassing. Hence at 
h^ conversion fluidized be<M,must be much larger than fixed beds for 
die same treaimeid rates. In addition, if multi^e reactions occur, the 
amouid of interotediate f<Hined in fluidized beds is not as gmt as in 
packed beds. This fact follo ws from Chapter 7. 

2. Tmaperature oontrol in fixed beds b difiteult. Noiiisodicirmal condi- 
tiohi eiiist vridihi foe reactor, requiring vaiying heat loads, and pm hpt 
spots font oecur may well rain a cateijftf, Ruidieed beds ire imidi in^ 
uniform Ifttemperatufw. In tmaH-seate teboratoiy o^itead^ 

of Meat remoMd is usudfy not seveK; ^ however, die la^ the ui^ foe 
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3. Fixed beds cannot use very small sixes of catal 3 i«t because of plugging 

and high-pressure drop, whereas fluidized beds are s^to use smidl- 
sized partkies. Thus fo| very fast surface reactions in which ^le and film 
diffusion may be rate controlling, the fluidized bed with gas- 

solid contecting and small particles will allow very mui^ ^re efficient 
use of the catalyst 

4. Severe attrition of catalyst may occur in fluidhsed and moving beds; 
hence friable catalyst materials cannot be used. This is not a serious 
problem in packed beds. 

5. The cost of handling catalyst is higher in fixed beds dian in fluidized 
beds; hence if the reaction is such that frequent regmieration and re|dace- 
ment of catalyst are ne^ed, a fixed bed is at a disadvantage. ActuaJIy, 
when largp amounts of catalyst must frequently be handled, this becomes 
the overriding consideration for rejecting the fixed-bed operations. 

With these points in mind, let us proceed to Fig. 17. Figure 17a is a 
typical packed bed embodying all its advantages and disadvantages. 
Figure lib shows how the problem of hot spots can be substantidly 
reduced by increasing the cooling surface. Figure 17c shows how inter¬ 
cooling can still further reduce the unwanted overheating. Note that in 
the first stage where reaction is fastest, conversion is kept low by having 
less catalyst present than in the other stages. Units such as these can all be 
incorporated in a single shell or can be kept separate with heat exchmigers 
bettveen str^. 

Figure lid riiows a typical fluidized bed with attendant regenerator 
which operates by continuously removing and regenerating a portion of 
the catalyst in the reactor. Such a reactor embodies both shortcomings of 
fluidized-bed reactors. Figure 17c shows one procedure for reducing gu 
badcmixing in fluidized beds and for increasing heat transfer from such 
beds. Figure Ilf shows a three-stage countercurrent unit winch is very 
efficient in overcoming the shortcomings of fluidized beds witli regard to 
backmixing. Figure 17f shows a moving-bed reactpr. Stidi units share 
with fixed beds the advantages of ]flug flmv and disadvantages of large 
particle s^^ but they also share with fluidized beds the advantages of low 
cataly^-^handling costs. 

Titeseilsctom must all be weig^ to obtain optimttm design. It mi^ 
the biest design is one that uses two ^etem reactor in 
a^qs*: eaunple, for hj^ converskm and a veiy eototherauc reaetu^ 

iva^ipay well'lqcdciito tbapae of q ffuMized bedfij^lpwed iby.4 fla<^ bed. 

, . inta^retation pi add rMiable^st^ 

be treated in a simple manner. These flictofs, iwMi we ^.^ conilld^ 
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1. The nomsothermsl^cohditions so frequently found within a packed- 
bed rea^or combined with the deviations from plug flow lead to problems 
requiring simultaneous consideration of heat wd mass dispersion in both 
axisl and radial directions. When we realize tliatj^in addition, we may have 
temperature gradients within individual catalyst pellets and different rate¬ 
controlling steps existing at different locations in the reactor, we see the 
ma^tude of the problem of obtaining reliable predictions of con¬ 
version. See Carberry (1962a) for a recent attack on some as{>ects of this 
problem. 

2. More important still is the effect of all these temperature and con¬ 
centrations variations on product distribution. This problem is practically 
untouched to date. 

3. Changes in catalyst behavior may be difficult to predict. Often a 
rapid initial drop in activity of fresh catalyst is followed by a slow con¬ 
tinuous decrease in activity. This whole phenomenon can called aging 
of camlyst and may be due to temporaiy or permanent poisoning of the 
material. In addition, a change in operating conditions may result in a 
slow, delayed creeping of catalyst activity upward or downward to new 
levels. These hysteresis effects indicate that often the past history of the 
catalyst may influence its present behavior. 


When faced with an actual design problem, we inevitably ask which 
factors should be considered and. incorporated in our model and which 
should be ignored. Only good engineering judgment can answer this. A 
wise decision clearly requires an awareness of the degree of predictive 
accuracy needed (preliminary feasability study? detailed design recom¬ 
mendation?) and the reliability of the data being used (it makes little 
sense to employ elegant and high-powered analyses based on crude order 
of magnitude data), both of these factors considered and weighed within 
the framework of resources available. Often the simple model for ideal 
flow is quite satisfactory. In this case, with the complete kinetics of the 
reaction known, design is straightforward using the methods given in 


Chiqrter 5. 

Finally, how much laboratory data should be taken and how far <»n we 
extriipolate this data and stiU assure an adequate design? This is a diiffiailt 
question to answer. Only with game theory striitegy, where we maxini^ 
o^ expectalioh of pi^flt, can we ppop^iy balance the cost qf additianal 
against the pt^Ue gain that may acc^ in op^ting 
at new extrapolated conditiW. Usu^y it paja to dbtain the addhioiml 
experirn^information. This is one ofthe primary uses of a pilot plant, 
to obtain MnC^ dida at giyatfety of opmating conditiona which wifi then 
be imed !^' optiiniiinln opoh^ for the chemical 
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Mflnrwittel 

Tile catalytic reaction 

A-4R 

is run at 3.2atm and 1 iV€ in a plug flow retttor which eonteine llD^ bulk 
volume of catalyst and uses a feed coiwstii» of the paitiatty cottvcrteill {Mroduct 
of 20 liters/hr of pure unreacted A. Table Ela summarizes the results. 

Table Ele 


Run 

1 

2 

3 

4 

gn» moles/liter 

0.100 

0.080 

0.060 

0.040 

^A-out* gn» moles/liter 

0.084 

0.070 

0.0SS 

0.038 


(a) What b the rate equation for this reaction? 

(b) Using the rate equation, find the size of plug flow reactor (liters) udiidt 
would yield 3S% conversion of A to R for a feed rate of 2000 gpi moh» Afta at 
3.2 atm and 117”C. 

(c) RepMt part b without using the rate equation but by graf^cal intention 
of the desi^ equation. 

Solution, (a) Since the maximum variation about the mean concentration 
is 8% (run 1), we mi^ consider this to be a d^erential reactor; thoefore we 
may ai^y Eq. 22 to find the reaction rate. 

Basif^ convmion for all runs on pure A at 3.2 atm and 117*C, we have 




^SuM AT 


and 


Aao * ^^AS® * 


3.2 atm . . gpimoks A 

\ (gm moleX K) ) 

^ 0.1 ^20 - J 


With density diange during reaction, concentrations and conversions ate related 
by 


Pa 

Pae 


1 + -aA'a 


or 


X - ^-^a/Cas 
* 1 + 


udbere ■■ 3 foe the bi^ selected (pure A). 

Tilrile Elb ihows the details of die cakulatiom* Flottihg vcmn Cj, u 
Shown In F%. Elogves a straight Hne through the a fhs^drdlir 

d e composition. TnetaieintemisofmolesAreactewChtXlhercrayeOistiMm 
fouad-nomPig. Etotobe ...<<%/ 
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(b) The volume of catalyst required is given by the design equation for plug 
flow reactors. Showing all units and being careful to distinguish between the 
various volume terms used, we have 


j-Xj,-o .36 moles A reacted 
Vr, liters catalyst mole A 

p moles A , moles A reacted 

hlT" ® ’ (hrKliter catalyst) 


With a first-order rate equation we obtain 


K 


AO 


f 


kC. kC 


AO 


f1 + I 

Jo 1 - 


^A^A 


dx. 


By using £q. S.17 to evaluate tihe inte^l, this becomes 




By replacing all the known values into this expression, 

moles A 


0.3S 

0 


2000 : 


Y, 


hr 


h 


liters fluid 


(hr)(liter catalyst) 
140 liters catalyst. 


moles A \ 
liter flttki; 


(♦■"oS- 
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Xj^, dimensionless 
Fig. Elb 


(c) To find the volume directly, graphically integrate the design equation of 
part b, using the tabulated l/( versus data. From Fig. E16 


Hence 


2000 


moles A\ 

w-)[^ 


J *0.35 tiXt. 

= 0.0735 

0 “'■a 

r» (brXliters catalyst)^ 


mole A 


147 liters catalyst 


Example 2. Integral Reactor 

The catalytic reaction A -*■ 4R 

is studied in a plug flow reactor using various amounts of catalyst and 20 liters/hr 
of pure A feed at 3.2 atm and 117°C. The concentrations of A in the effluent 
stream is recorded for the various runs as shown in Table E2a, 

Table E2a 
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Vr liters catalyst 
f^/(moleA)/(hr) 

Fig. E2a 


(a) Find the size of plug flow reactor (liters) which would yield .15 % conversion 
of A to R for a feed rate of 2000 gm moles A/hr at 3.2 atm and 117°C. 

(b) Find the rate equation for this reaction, using the integral method of 
analysis. 

(c) Repeat part 6, using the diflerential method of analysis. 


iSolution. (a) From Example 1 we have for all expo’imental runs 

C^o - 0.1 moles A/liter fluid 
2 moles A/hr 
6^-3 


Since the concentration varies significantly during the runs, the experimental 

reactor should be considered to be an integral reactor. 

The size of reactor needed can be found directly from an versus 

plot. From the first four columns of Tal^ E2c and Fig. E2a we find at 33 % 

conversion . 

F, _ ^ (hters cataly8t)(hr) 

Fao " mole A 
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and for a feed rate of 2000 moles A/hr, 


Vr 


^0.07 


Piters catalystXhr) 


mole A 
140 liters catalyst. 




(b) Integral analysis. Try a first-order rate expression. If this is not satis¬ 
factory, try some other simple forms of rate equation. Using the same units as 
in Example \b, we then have 


K 
Fao 


O Jo -'■i Jo Jo 1 - JTi 


Using Eq. S.17 to evaluate the integral, we have 
*^'=(l+^A)In ^ 


fAO 


1 - Jir, 


-e.x 




and with and replaced this becomes 


A plot of the terms in the two parentheses should yield a proportionality 
relationship with k as the constant of proportionality. Evaluating these terms 
in Table E26 for the data points and plotting as in Fig. E26, we see that there is 
no reason to suspect that we do not have a linear relationship. Hence we may 
conclude that the first-order rate equation satisfactorily fits the data. With k 
evaluated from Fig. E2b, we then have 

— ' moles A _ / liters fluid \ / _ moles A \ 

’ (hrXliter catalyst) \ (hr)0iter catalyst)/ \ liter fluid/ 


Table E2b 



1 


/ 1 \ 

y„ liters 

Vr 

Xa 

[ftom TaMe E2c] 


3 ^a 


catalyst 

20 

0.0808 

0.3372 

0.2424 

0.0748 

0.02 

0.001 

0.1429 

0.6160 

0.4287 

0.1873 

0.04 

0.002 

0.2415 

1.1080 

0.7245 

0.3835 

0.08 

0.004 

0.317 

1.5268 

0.951 

0.5758 

0.12 

0.006 

0.379 

1.908 

1.137 

0.771 

0.16 

0.008 


(c) Differential analysis. Equation 22 shows that the rate of reaction is given 
by the slope of the versus curve. The tabulation (Table E2c) based 
on Fig. E2a shows how the rate of reaction is found at various The linear 
relfUiOT bebveen and in Fig. E2c then gives for the rate equation: 

, _ 1 dNj^ liters fluid \ moles A \ 

^ " 'Vf. d$ \ (hrXliter catalyst)/ \ liter fluid/ 
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1. Derive the expression 


PROBLEMS 

^ tanh mL 

S ^ - — 

mL 


01 ) 


by the following two methods. 

(a) The effectiveness factor may be viewed as 

avera^ reactant 
concentration in pore 

,, ' . ® /maximum possible \ ~ C*, 

\reactant concentration/ 

Evaluate by integration of Eq. 10 along the length of paxt; then solve fw 
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(b) The effectiveness factor may also be located upon as 


( actual rate of 
disappearance of 
reactant in pore^ 

^maximum possible'^ 
rate of 

^disappearance 


actual flow rate of reactant^ 


o'^into pore 


'flow rate into pore if reactionX 
proceeds at rate correspond- I 
ing to everywhere within I 
^pore, or maximum rate / 


m 


pore entrance 


( interiorX /maximum\ 
surface 11 reaction | 
of pore j \ rate j 


Evaluate these terms and then find S’. Note the analogy with the equations 
for heat flow from fins. 

2. When the smallest size of particle in a bed of mixed catalyst particles 
exhibits strong diffusional effects, show that a mean characteristic length L can 
be u^ to determine the effectiveness factor S for the bed. Derive the expression 
for L in terms of the amounts of the various sizes of particles making up the 
mixed bed. 

3. (a) What fraction of the over-all resistance to mass transfer and reaction is 
provided by the gas film in a catalytic decomposition if the observed rate based 
on volume of catalyst bed is 

k B 4/time 

and if the gas film resistance as estimated by the dimensionless correlations of 
mass transfer is 

kg a- 0.008 ft/time 

{b) If gas film resistance were negligible, what would be the observed rate of 
reaction expressed on a mass basis? 

Data: porosity * 0.33 

Diameter of spherical catalyst pellets « ^ in. 

Bulk density of bed » 120 Ib/f^ 

4. Derive Eqs. 16 and 17 either by combining the appropriate rate equations 
or by using the electrical resistance a^og. 

5. Dorive Eq. 18 either by combining the appropriate rate equations or 
using the electrical resistance analog. 

6 . While being shown around Lumphead Laboratories, you stop to view a 
packed-bed reaetdr used to obtain kinetic data. It consists of a gjUuss column 
padeed with 2 in. inert material, 1 in. active catalyst, then anothw 2 in. inert 
matnial. Should this be considered a differential or integral reactor? 
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7. What is the most reasonable interpretation of the data in Table P7a in 
terms of controlling resistances if (a) the catalyst is nonporous, (b) the catalyst 


IS porous. 

Run 

Quantity of 
Catalyst 

Table f7a 

Feed Rate of 
Given Feed 
Material 

Fractional 
Conversion 
of Reactant 

Catalyst 

Diameter 

1 

10 

10 

0.06 

1 

2 

30 

30 

0.06 

1 

3 

30 

30 

0.02 

3 


(c) What can you tell about the controlling resistances and about catalyst 
porosity from the set of data in Table P76? 

Table P7i> 

Feed Rate of Fractional 


Run 

Quantity of 
Catalyst 

Given Feed 
Material 

Conversion 
of Reactant 

Catalyst 

Diameter 

4 

10 

0.5 


2 

5 

80 

4 


2 

6 

20 

1 

0.06 

4 

7 

100 

5 

0.06 

4 


8 . What can you tell about the controlling resistances and activation energy 
for the reaction from the data in Table P 8 ? Is the catalyst porous? 


Table P8 


Run 

Quantity of 
Catalyst 

Feed Rate of 
Given Feed 
Material 

Fractional 
Conversion 
of Reactant 

Catalyst 

Diameter 

Temperature, 

“C 

1 

10 

5 

0.08 

1 

344 

2 

9 

3 

0.06 

2 

344 

3 

12 

6 

0.08 

2 

372 

4 

18 

9 

0.08 

2 

372 


9. A noi^rous material which we suspect to be common gravel is daimed to 
accelerate the rate of reaction of A with B which normally proceeds homo¬ 
geneously as follows: A + B R. To test this claim, two ^s runs are 
made in a tubular reactor using identical operating conditions of temperature. 
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pressure, and feed composition (equimolar mixture of A, B, and inert). From 
the data in Table P9 is the claim justified and to what extent approximately does 
the claimed catalyst influence the rate of reaction? 


Run 

Volumetric 
Feed Rate, 
cc/sec 

Table P9 

Mole Fraction 
of R in Product 

Stream 

1 

26 

0.26 ] 


2 

57 

0.14 

Empty reactor; 

3 

142 

0 . 055 ] 

void volume » 50 cc 

4 

20 

0.21 ] 

Reactor packed with 

5 

38 

0.12 

claimed catalyst; 

6 

89 

0 . 057 ] 

bed porosity « 0.36 


10. Determine the order of reaction and size of reactor required for 35% 
conversion for the reaction of Example 1 with one modification. Take the 
stoichiometry to be A -► R. 

Note: This is equivalent to ignoring density changes when analyzing the data 
of Example 1. Comparison of answers will show whether this simplified 
treatment significantly changes the answer. 

11. Determine the approximate order of reaction and the size of reactor for 
35 % conversion for the reaction of Example 2 with one modification. Take the 
stoichiometry to be A -♦ R. 

12. Because the catalytic reaction A R is highly exothermic with rate 
highly temperature-dependent, a long tubular flow reactor immersed in a trough 



Fig. PI2 

of water, as shown in Fig. PI2, is used to obtain essentially isothermal kinetic 
data. Pure A at O^C and 1 atm flows through this tube at 10 cc/sec, and the 

stream composition is analyzed at various locations. 

/ 

0 12 24 36 48 60 72 84 cc 

760 600 475 390 320 275 240 215 ISO 


Distance from feed input, 
meters 

Partial procure o( A, 
mm Hr' 
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(а) Determine the size of plug flow reactor operating at O^C and 1 atm 
required to effect a 50% conversion of A to R for a feed rate of 200 lb 
moles A/hr. 

(б) Suppose that this data had been obtained for a reaction whose stoichi¬ 
ometry is A 5=^ 2.5R. 

Find the volume of reactor required for the same feed rate and conversion as 
given in part a. 

13. A closed-loop experimental flow system as shown in Fig. PI 3 is used to 
study the kinetics of a catalytic flow reaction A 5=* R. Pure A is introduced into 

Total void volume ■ 100 ccv 



Fig. PI3 

the systems and is circulated at 0“C and 1 atm at lOcc/sec, The stream is 
analyzed from time to time with the following results: 

Tinw, min 0 2 4 6 8 10 12 14 oo 

Partial pressure of A, 

mmHg 760 600 475 390 320 275 240 215 150 

Assume plug flow throughout. 

(fl) Determine the size of a plug flow reactor operating at 0“C and 1 atm 
required to effect a 50% conversion of A to R for a feed rate of 200 lb 
moles pure A/hr. 

(b) Repeat part a with the modification that an inert at a partial pressure of 
1 atm is present in the closed loop so that the total pressure at the start 
is 2 atm. 

See Butt et al. (1962) for an example of the use of this type of reactor. 

14. Let the data of the previous problem be for a reaction with stoichiometry 
A T* 2,5R, assuming plug flow throughout. 

(a) Find the rate equation for the reaction based on both void volume and 
bulk volume of catalyst, using seconds for time. 

(b) What would be the partial pressure of A in a very, very long plug flow 
reactor using feed of pure A at 0°C and 1 atm? 

(r) Find the. size of a plug flow reactor operating at OX and 1 atm required 
to effect a 50% conversion of A to R for a feed rate of 200 (b, motes 
pure A/hr. 
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Fig. PIS 


15. An experimental setup as shown in Fig. PI 5 is used to study the kinetics 
of the gas-phase reaction A -*■ R. Feed at different stages of conversion is 
passed through the experimental setup, and the concentration of A is accurately 
determined upstream and downstream from the catalyst, with the results given 
in Table PI 5. 

Table PIS 


Pa (upstream) 

(downstream) 

760 

754.2 

650 

645.8 

600 

596.4 

500 

497.5 

450 

448.0 

400 

398.4 

350 

348.8 

300 

299.1 

200 

199.6 

100 

99.9 


(a) What is the rate equation (in concentration units and based on bulk volume 
of catalyst) for this reaction? 

{b) Using the rate equation, find the size of plug flow reactor (ft*) that would 
yield a 50% conversion of A for a feed rate of 200 lb moles A/hr. 

(c) Repeat part b without using the rate equation but by direct graphical 
integration of the design equation. 

16. The so]id-cataly»d decomposition of gaseous A proceeds as follow ; 

A R + S, 

A tubular pilot plant reactor packed with 5 ft* of catalyst is fed 500 ft*/hr of 
pure A at 300“C and 20 atm. Conversion of reactant is 65%. 

In a larger plant it is desired to treat 8000 ft*/hr of feed gases at 40 atm absolute 
pressure and 300“C containing 60% A and 40% diluents to obtain 85% con¬ 
version of A. Compute the internal volume of the reactor required. 

17. Thft^reaction A R + S takes place only in the presence of a special 
catalyst and produces no side products. To study this reaction, an ejqienmental 
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reactor with an intnnal volume of 3 was completely filled with this catalyst: 
density 130 Ib/ft’ of reactor volume 
specific surface ■> 650 ft*/lb 
fraction voids available for flowing fluids » 0.57 
The reactor was then filled with pure A to 2 atm pressure at 40‘’C. It was heated 
quickly to 400°C and held at this temperature, after which the pressure of the 
gas within the bomb was noted at 4 min intervals with the following results. 

Time, min 4 8 12 16 20 

Pressure, atm 4.75 5.50 6.28 7.00 7.72 

(а) If a reactor with 400 ft* available for catalyst is fed pure A continuously 
at 20 atm absolute pressure and is operated at 400°C, compute the volume 
of A per minute that can be fed to the reactor at the reactor operating 
conditions if a 40% conversion is to be obtained. 

(б) If a conversion of 80% is required, find the feed rate of A. 

(c) How should the pressure be varied to increase the production rate of R 
and S. 

Assume that plug flow conditions prevail in the flow reactor and that the same 
rate mechanism and rate laws hold in the batch and flow reactor. 

(d) Discuss the adequacy and reasonableness of these assumptions. 

18. Assume that the reaction 


CH,=CH—CHj—CH, -> CH,=CH—CH=CH, + H, 

butene butndiene 

is first order in the presence of a special catalyst and does not produce any side 
products. 

An experimental reactor with an internal volume of 3 ft* is packed with this 
catalyst: 

density » 70 Ib/ft* of reactor volume 

sp^ific surface = 23 ft*/lb 

fraction voids available for flowing fluids » 0 57 
and is then flushed out and filled with pure butene to 2 atm pressure at 40°C. 
The bomb is then lieated quickly, essentially instantaneously, to 400°C and held 
at this temperature. After 8 min at 400°C the pressure in the bomb has risen 
to 6.01 atm absolute. 

(а) If a reactor with 400 ft* available for catalyst is fed pure butene contin¬ 
uously at 20 atm absolute pressure and is operated at 400°C, compute the 
volume butene that can be fed to the reactor at the reactor operating 
conditions if a 40% conversimi is to be obtained. 

(б) If a conversion of 80% is required, find the buteitti feed rate. Assume 
that plug flow conditit^ l»evail In the flow reactor and that the same 
rate medianism and rate laws hedd in both batch and flow reactor, 

(c) Discuss the adequacy and reasmtatdatres of these assumptions. 
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19. The kinetics of the catalytically controlled gas*phase reaction 2A -► R is 
studied in a constant-volume batch reactor as follows. A small experimental 
reactor is filled with catalyst, the resulting void space being 48%. Pure A Is 
introduced until the total pressure in the reactor is 2.5 atm at 40‘’C - 

1.5 atm). The reactor is then heated rapidly, to 400°C and held at this tempera¬ 
ture. The pressure of the ^s in the bomb is recorded at definite time intervals, 
with the results shown in Table PI 9. 

Table PI9 


Time, min Total Pressure, atm 


1 

5.26 

2 

5.01 

3 

4.76 

4 

4.51 

5 

4.30 

6 

4.13 

7 

4.01 

8 

3.93 

9 

3.88 

10 

3.84 

11 

3.81 


(a) For a feed rate of 150 lb moles A/hr, 25% inerts, at 40 atm pressure and 
400®C, what size of plug flojv reactor would give 90% conversion? 

{b) Have you any suggestions on how to improve operations? 

(r) How much smaller would the reactor need to be if the feed were pretreated 
so that the inerts constitute only 5 % of the feed stream? 

Assume that the ideal gas law holds and the fixed operating temperature is 
400‘’C. 

20. Table P20 summarizes the results of three series of runs in a packed-bed 
reactor on the solid-catalyzed first-order decomposition A R -► S. 

Table P20 


Size of Porous 
Catalyst, in. 

Temperature 
of Run, ®C 

VIFao 

^Il,niax/^A0 ^K,inax 

i 

300 

27 

0.50 

i 

300 

54 

0.50 

i 

320 

21 

0.50 


Further experiments anywhere between 200 and 340‘’C are planned to search for 
the conditions under whidi production of R is maximized. What operating 
conditions (catalyst size and temperature) should we explore, tmd what fractionid 
yidd or R may we expect to find? 

21. Sulfur dioxide is converted into sulfur trioxide by die reiKtion 
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T.X 

Fig. P2I. From Kubota et al. (1961). 

2 SO 2 + O 2 -«■ 2 SO 3 . The kinetics of this reaction, using an industrial vanadium 
catalyst, has been studied by Kubota et al. (19S9) for a feed consisting of 8 % SO^, 
12 % Os, and 80 % Nj at an average pressure of800 nun Hg. The rate of reaction 
as a function of temperature and fractional conversion of limiting reactant, SOf, 
is summarized in Fig. P21. 

We wish to compare the catalyst requirements of single and multistage 
fluidized-bed reactors and packed-bed reactors to effect 98 % conversion of SOg, 
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limiting the maximum allowable operating temperature to 600®C. Assume plug 
flow in the packed bed and backmix flow in each of the fluidized beds. 

Based on weight of catalyst required in a tubular reactor in which the 
optimum temperature progression through the reactor is used: 

(a) Find the weight of catalyst required in a fluidized-bed reactor. At what 
temperature should this reactor be operated? 

(b) Repeat part a using a two-stage (equal-sized) fluidized-bed reactor, each 
stage maintained at its optimum temperature. What are these tempera¬ 
tures? 

(c) Repeat, using a two-stage fluidized-bed reactor, each stage of such size 
that the total amount of catalyst required is minimized. What should 
be the temperatures of the two stages? 

22. A gaseous material decomposes according to the elementary reaction 
2A -*■ R + S when in contact with a solid catalyst. 

The kinetics of this reaction is investigated in a packed-bed reactor using 
i in. spherical beads in the following manner. A 2-in. layer of noncatalytically 
active beads is laid down on a support. This is then followed by a ^-in. layer of 
catalyst beads and in turn is followed by another 2-in, layer of nonactive beads. 
The 2-in. fore and after sections are to eliminate entrance and exit flow pattern 
disturbances. For a gas flow rate corresponding to a particle Reynolds number 
of 23, the reactant is 99% decomposed. Find the error in the calculated second- 
order rate constant which would result if plug flow is assumed. Assume iso¬ 
thermal conditions throughout. 

23. On graduation you choose a position with the Clumsy Chemical Corpo¬ 
ration, and you are immediately assigned to a small group (project leader and 
two technicians) which has just started work on the characteristics of a certain 
catalyst. The catalyst is manufactured only in the form of spherical pellets 

i, and ^ in. in diameter. 

The day you arrive you find yourself in charge of the group, since the group 
leader has come down with the flu. Data, taken in the experimental reactor the 
previous week, are brought to you for evaluation. 

(а) From the data given in Table P23, what can you find out about the 
catalyst? Variable that may have to be considered include porosity of 
catalyst, bed backmixing, film and pore diffusion, adsorption, desoqption, 
and surface reaction. 

(б) The technicians will soon be here for instructions. What are your sug¬ 
gestions for the next set of experimental runs? 

Data: 

The reaction is of the type A -*> R. 

Hie temperature of all runs is 291 °C. 

The experimental section of the reactor is li-in. i.d. and over 1 ft long. 

No other units are given; however, you may consider that the tabulated 

values are all consistent. W « weight of catalyst. 

You caiuiot tell on inspection whether the catal]^ is porous or not. 

Your kock of catidyst is exhausted. 
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Table P23 



IV ^ 

10 , d, - 

i in. 


fVm 

10 , dj, - 

i in. 


Run 

Fao 

^A 


Run 

^AO 

^A 


1 

10 

0.20 


8 

10 

0.37 


2 

7 

0.28 


9 

7 

0.48 


3 

5 

0.37 


10 

5 

0.60 


4 

4 

0.44 


11 

4 

0.68 


5 

2.5 

0.59 


12 

3 

0.78 


6 

2 

0.66 


13 

2 

0.88 


7 

1.5 

0,72 


14 

1.5 

0.92 

= 

20 . dj, = 

i in. 

IF- 

20 . d, = 

i in. 


3» dp * in. 

Run 

Fao 

^A 

Run 

Fao 


Run 

^AO ^A 

IS 

20 

0.20 

22 

20 

0.37 

29 

6 0.29 

16 

IS 

0.26 

23 

15 

0.46 

30 

3 0.50 

17 

10 

0.37 

24 

10 

0.60 

31 

1.5 0.75 

18 

8 

0.44 

25 

8 

0.68 

32 

1 0.85 

19 

6 

0.54 

26 

6 

0.78 



20 

4 

0.68 

27 

4 

0.90 



21 

3 

0.76 

28 

3 

0.95 




24. The solid-catalyzed first-order decomposition A -»> R S is studied in a 
recycle reactor in whi^ the recycle rate of fluid is at least 50 times the throughput 
rate. The results are summarized in Table P24. 

Table P24 

Size of Porous Temperature or 


Catalyst, in. 

Runs, *C 

T, sec 

^U,max/^A0 

i 

300 

30 

0.17 

i 

300 

60 

0.17 

i 

320 

30 

0.17 


From these data an installation is planned to produce as much R as possible 
from a feed identical to that used in the experiments. 

(a) Choose between a packed-bed or fluidized-bed reactor. 

{b) Choose between ^-in. and ^-in. catalyst. 

(r) In the range between 280 and 320°C select the operating temperature. 
id) Determine the space time. 

(e) Predict 
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25. Catalysts lose their effectiveness with use. This is the result of slow 
progressive poisoning and is manifested by a drop in rate constant for the reac¬ 
tion. Poisoning may be temporary, in which case regeneration will restore 
the catalyst's original activity, or it may be permanent, in which case a point is 
reached at which a given batch of catalyst must be replaced. Let us consider 
permanent poisoning in this problem. 

A fluidized-bed reactor is being planned to effect a catalytic reaction, the 
fluidized solid being the catalyst. 

Data: A is the limiting reactant, feed temperature is leOT: 

^A0 = 100 lb moles A/hr 
Cao = 0.001 lb mole A/ft® 

T = 16 sec, based on entering feed conditions 
AH, = -24,000 Btu/lb mole A (independent of temperature) 

- « Btu/(lb mole A fedK-F) 

The material balance curves for the kinetics of fresh catalyst are given in Fig. 
P25. 

Experiments show that the reaction rate constant halves every two weeks 
because of poisoning. 

When the conversion of A drops to 70%, the catalyst is replaced. 

(а) How long can the process operate before the catalyst must be replaced? 

(б) The j»aximum hourly heat load must be known for the proper design of 
the heat transfer coils. Determine this. 
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(<r) Tabulate or plot the heat load and conversion at two-week intervals. 

(d) What is the mean conversion of reactant A on a long-time basis? 

For more on how to treat time-varying catalyst activity see Resnick (1960). 

26. With cross flow absent, determine the conversion for catalytic first-order 
reactions occurring in the fluidized beds of models Ml to M5 and M8 of Table9.1. 

27. Where cross flow is absent, determine the conversion for homogeneous 
first-order reactions occurring in the fluidized beds of models Ml, M2,..., MS 
of Table 9.1. Let V' be the void volume in a phase, noting that this quantity is 
a function of the total volume of phase and volume of solids in a phase. 

28. (a) Table P28 records data for the solid-catalyzed reaction A R -»■ S 
occurring isothermally in an experimental recycle reactor. Under what condi¬ 
tions (what controlling resistance, packed or fluidized-bed operations) will the 
concentration of intermediate be maximized? What is the expected value of 

JVofe: It is not known whether the catalyst is porous or not. 

Table P28 

Size of Catalyst, in. Cu.max/CAO 


i 27 0.5 

i 54 0.5 


(b) Repeat part a if for both runs VIFj^q * 27 and Cj^,mAxl^Ao “0.17. 

29. Find the mean activity of catalyst k in terms of the activity of fresh catalyst 
Jtot both in a single-stage reactor and in an equal-sized two-stage fluidized-bed 
reactor. Let i be the holding time of catalyst in the reactor, let t' be the time 
required for the activity of a particle of catalyst to drop halfway to its final value, 
and let the activity 

(a) drop linearly with time, 

(b) decay exponentially to zero, 

(c) decay exponentially to a final activity 

Note: The first-order rate constant for the conversion of gas-phase reactant is 
a direct measure of the activity of the catalyst. 

30. The catalytic gas-phase decomposition of A yields a variety of products 
which for the sake of simplicity can be designated as R (desired product) and S 
(undesired product). Under optimum conditions of maximum R yield, the 
stoichiometric relationship characterizing the over-all reaction is A 0.8R + 
3.2S. This occurs in the presence of cadmium-impregnated WW pumice catalyst 
(porosity — 0.375) at 635®F. 

Experimental studies in a constant-volume bomb at 635‘*F using a 50% A» 
50% inert mixture give the following results: 

Time, sec 0 30 60 90 120 150 

Total pressure, atm 4.00 5.17 6.43 7.60 8.79 9.97 
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Six moles R/hr are to be produced from a feed of pure A (S4.00/mole) in a 
packed tubular reactor. Any pressure from atmospheric up to 20 atm ateolute 
may be used. Naturally, the cost of reactor and supporting equipment will 
depend not only on its size but also on the pressure selected. This cost on an 
hourly basis is 

$2.00 + ($0.03/ft*Xpressure in atm)®-®, n > 1 atm 

and includes cost of catalyst replacement because of poisoning, etc. 

(а) For optimum conditions assuming isothermal plug flow operations. And 
the operating pressure, the fractional conversion A, the size of reactor, and 
the unit cost of producing R. 

(б) Feed consisting of 25% inerts instead of pure A can be purchased at 
S3.20/mole A. How would a change to this new feed affect the operations? 

(c) If the stoichiometric equation were A -*• 0.8R + 0.2S and the tate 
equation were that of part a, in what way would this affect the answer to 
part a? 

id) If tracer experiments indicate that the flow pattern in the flow reactor can 
be approximated by simply assuming that one*sixth of the fluid bypasses 
the reactor completely, the rest passing through the catalyst in ordinary 
dispersed plug flow, how would this affect the answer to part a? Take 
particle Reynolds number — 350, particle size «0.25 in., reactor 
diameter 4 ft. 
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Absolute rate theory, see Transition- 
state theory 

Absorption columns, see Design of 
towers 

Absorption with reaction, design, 400 
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Activation energy, 23 
apparent under strong pore diffusion, 
457 

Arrhenius, 23 
dimensions, 23 

Active-site model, 432-438,457 
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irreversible reactions in backmix 
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temperature versus conversion, 225 
Age distributions, 244 
experimental methods, 247 
of exit stream, 245 
of vessel contents, 244 
ways of using, 253 
Agitation in stirred tanks, 293 
Alkylation, 427 

Analysis of data, comparison of meth¬ 
ods, 43 

differential method, 43,71 
integral method, 43,71 
total pressure use, 44 
Apparent activation energy, 457 
Application to design, catalytic reac¬ 
tions^ 465 

Iluid'fluia reactions, 396 
fhud-soUd reactions, 357 


Arbitrary E, conversion with. 315 
Aromatization, 428 
Arrhenius’ law, 22 

Ash diffusion controls, backmix flow, 
365, 368, 372 

fluidized beds with carryover, 372 
single particles, 346 
Autocatalytic reactions, 57,146 
optimum reactor type, 148 
Autothermal reactions, 229 
comparison with autocatalytic reac¬ 
tions, 229 

Backmix reactor, 100 
conversion of macrofluid, 313 
design equation, 102 
for catalytic reactions, see Recycle 
reactor 

Backmix reactors in series. 139 
graphical design method, 143,146 
Batch reactor, advantages, 94 
constant volume, 43 
design equation, 100 
variable volume, 69 
versus flow reactors, 126 
Boltzmann constant, 24 
Bond dissociation energy, 34 
Boundary conditions, significance, 440 
Bypass flow, 285 
determination of existence, 287 

C curve, 248 

and distribution functions, 249 
mean, 252 

C* reactor, see Badunix reactor 
Carbon particles, oxidation kinetics. 356 
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Carryover in fluidized beda, 377 
Catalyst* activity of* 487* 489 
definition* 4 

general characteristics, 428 
internal diffusion in pores, 430 
macro-microporous structure* 463 
Catalyst particle, characteristic length 
of, 443 

Catalytic reactions* adsorption step, 432 
comparison of reactor types, 465 
definition, 4 
design, 465 
desorption step, 432 
experimental methods* 447 
homogeneous, 56 
interior and exterior surface, 446 
pore diffusion step, 438 
product distribution, 458 
rate equation, see Rates of catalytic 
reactions and Active-site model 
surface reaction step* 432 
types of equipment, 464 
use of differential reactors, 448 
use of integral reactors, 449 
use of recycle reactors, 452 
CFSTR, see Backmix reactor 
Chain reactions, 17 
Chemical kinetics, its various uses, 3 
Chemical reaction engineering, v 
Chemical reactions, catalytic* 4 
classification, 4 
definition, 3 

elementary and nonelementary, 11 
homogeneous and heterogeneous, 4 
single and multiple, 10 
Closed vessels, 263 

Coalescence rate of dispersed phase, 322 
Collision theory* 24 
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Consecutive reactions* see Reactimis, in 
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equation* 69 

Constant-volume batch reactor* rate 
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Cttntact time* see Mean re«dence ttme 


Contacting pattern* fluid-fluid systems, 
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Continuous-reaction model, 341 
Continuous versus batch process, 126 
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and concentration* 48* 70 
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influence of temperature level on, 207 
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of solids in backmix flow* 364, 368* 
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Cracking* 427 
Crossflow, 285 
CSTR* see Backmix reactor 
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Deadwater regions, 285 
Definitions of reaction rate, 5 
Dehydrogenation, 427 
Design, for catalytic reactions, 465 
for fast multiple reactimis, 329 
for reaction of solids, backmix flow, 
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of one-sized solid* 363 
fluidized beds with carryover* 369 
plug flow, 360 
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of towers, absorption with reaction, 
400* 409 
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fluid-fluid operations, 414-418 
macrofluid (^rations* 314* 316 
reaction of solids, 366 
reactions in series* 173, 174, 176-178, 
189, 190 

series-parallel reactions* 189* 190 
single reactions in ideal reactors, 128* 
130* 131* 140* 141 
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Differential-integral reactor, see Recycle 
reactor 

Differential method of analysis. 43,71.450 
batch reactor data, 66 
method of initial rates. 68 
method of isolation, 68 
Differential reactor, advantages, 451 
definition, 448 

Diffusion, and probability, 262 
in ash controls, see Ash diffusion con¬ 
trols 

in porous catalysts, see Strong pore 
diffusion 

Dirac delta function, 292 
Dispersed fluid, approach to macrofluid, 
323 

Dispersed plug flow model, see Disper¬ 
sion model 

Dispersion, and reaction, 274 
in a series of nonideal vessels, 273 
relation to diffusion, 262 
Dispersion model, 261 
comparison with tanks in series 
model, 283 

evaluation of parameters, 263 
fitting with a G curve, 263 
fitting with an F curve, 267 
use of frequency response, 269 
use of “one shot” inputs, 270 
Dual-site mechanism, 436 

E distribution, 245 
for bypass flow, 287 
for multiple regions, 288 
for simple mixed models, 290 
mean, 252 

relation to other distributions, 249 
variance, 252 

with deadwater regions, 286 
Earliness and lateness of mixing, 318 
Effective thermal conductivity in packed 
beds. 281 

Effectiveness factor, catalytic reactions, 
441 

fluid-fluid reactions. 392 
Elementary reactions, 11 
Elutriatioli velocity constant, 372 
Endothermic reactions, 2 
equiUbrlum shift with temperature, 
207’ 


Endothermic reactions, reactor setups, 
222 

Energy balance, adiabatic operations, 
226 

general, 97 

nonadiabatic reactions, 230 
Enthalpy of activation, 26 
Entropy of activation, 26 
Enzyme substrate reactions, 4, 17 
Equal-sized backmix reactors, 139 
Equilibrium, composition. 207 
kinetic view, 12 
various interpretations, 13 
Equilibrium constant, definition, 205 
effect of inerts, 208 
for gases, 206 
for ideal gases, 206 
for liquids, 206 
for solids, 206 
variation with pressure, 208 
variation with temperature, 207 
Exit age, see E distribution 
Exothermic reactions, 2 
equilibrium shift with temperature, 
207 

reactor setups for, 222 
Expansion, 70 

Experimental findings on dispersion, 
274 

Exponential integral, xii, 313 
F curve, 247 

and distribution functions, 249 
with the dispersion model, 264,267 
Fast multiple reactions, product distri¬ 
bution, 326 
rules for design, 329 
Pick’s law of diffusion, 262 
First-order reaction, 47,72 
in a series of backmix reactors, 139 
in plug flow, 110 
of macrofluids, 313 
with tracer curves, 259 
First-order reversible reactions, 62 
in plug flow, 110 
of macrofluids, 331 
with tracer curves, 259 
Fitting a kinetic model to data, 82 
Fitting a rate equation to data, 82 
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Fitting the dispersion model, C curve, 
263 

F curve, 267 

Fixed-bed reactors, comparison with 
other types, 465 
dispersion within, 275 
Flame temperature, 226 
Flow models, vdth linear systems, 255 
with nonlinear systems, 254 
Flow reactors, comparison with batch, 
95 

ideal, 99 

Fluid-fluid reactions, 384-425 
charts for staged contactors, 414-418 
design, 396 

empirical rate forms, 396 
limitation of design methods, 421 
mass transfer controls, 386 
multistage contacting, 413 
nomenclature for design, 397 
rate equation, 385 
reaction step controls. 394 
semibatch contacting, 420 
single-stage contacting, 412 
types of equipment, 396 
Fluidized-bed reactors, carryover of 
fines, 369 

catalytic reactions, 299 
comparison with other reactors, 465 
homogeneous reactions, 299 
reaction of solids, 363 
Fluidized beds, characteristics, 295 
evaluation of models, 299 
flow of gases, 296 
flow of solids, 296 
models for, gas flow, 296 
multistage contacting in the reaction 
of solids. 365, 382 

Fluid-solid reactions, see Reaction of 
solids 

Fractional conversion, see Conversion 
Fractional expansion, 70 
Fractional yield, catalytic reactions, in 
parallel, 458 
in series, 461 
instantaneous, 164 
over-all, 165 

in a backmix reactor, 165 

in a plug flow reactor, 165 

in a series of backmix reactors, 166 


Fractional yield, true and observed in 
catalytic reactions, 458 
Free-radical intermediates, 15 
occurrence, 19 

Free-radical mechanism, exan^ple, 40 
Frequency factor, 23 
Frequency r^ponse, 269 

Gas backmixing, see Nonideal flow 
Gas constant, see R, xiv 
Gas film controls, conversion of solids, 
345, 351, 364, 368, 372 
effect on product distribution, 462 
empirical correlation, 351 
Gas-liquid reactions, see Fluid-fluid re¬ 
actions 

Gas-solid reactions, see Reaction of 
solids 

Gaussian distribution, 425 

Half-life method for reaction order, 

53 

Heat balance, see Energy balance 
Heat effects in design, 222 
Heat of reaction, 2 
from thermodynamics, 204 
variation with temperature, 204 
Henry’s law, 388 

Heterogeneous fluid-fluid reactions, see 
Fluid-fluid reactions 
Heterogeneous reactions, 332-489 
complications in the rate, 333 
definition, 4 

introduction to design, 332 
Holding time, see Mean residence time 
Homogeneous reactions, catalytic, 56 
definition, 3 

factors influencing the rate, 9 
form of rate equation used, 9 
Hydrogen bromide, formation mecha¬ 
nism, 17 

I distribution, 244 
for bypass flow, 287 
for multiple regions, 288 
for simple mixed models, 290 
mean, 252 

relation to other distributions, 249 
with deadwater regions, 286 
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Ideal flow, deviations from, 242 
Ideal gas, equilibrium constant for, 206 
Ideal gas law constant, see R, xiv 
Ideal reactors, 99 
summary of design equations, 116 
Ideal tubular reactor, see Plug flow 
Ignition point, 228 
Initial-rate method, 164 
Instantaneous fractional yield, defini¬ 
tion, 164 

Integral-differential reactor, see Recycle 
reactor 

Integral method of analysis of data, 43, 
71,449 

autocatalytic reactions, 57 
first-order reactions, 47, 72 
general procedure, 45, 71 
half-life method, 53 
homogeneous catalyzed reactions, 56 
plug flow, 107 
reactions, in parallel, 55 
in series, 59 
of nth order, 52,74 
reversible first-order reactions. 62 
reversible second-order reactions, 63 
second-order reactions, 48,73 
third-order reactions, 51 
zero-order reactions, 53, 72 
Integral reactor, advantages, 451 
definition, 449 
differential' analysis of, 450 
integral analysis of, 449 
Intensity of dispersion, experimental 
findings, 274 

Intermediates in nonelementary reac¬ 
tions, 15 

Intermixing of flowing fluids, 303 
Internal age, see I distribution 
Internal diffusion in porous catalysts, 
see Strong pore diffusion 
Interpretation of batch reactor data, 42- 
93 

Ionic reactions, occurrence, 19 
Ions and polar substances, 16 
Iron sulfide, oxidation, 365 
Irreversible reactions, adiabatic opera¬ 
tions. 228 
Isomerization, 427 
Isothesnal derations, 227 


Kinetic models, for nonelementary re¬ 
actions, 15 

problems of justifying and verifying, 
434 

reflection of reality, 83 
Kinetic view of equilibrium, 12 

Laminar flow, age distribution func¬ 
tions, 302 

correlation for dispersion, 275 
deviations from plug flow, 274 
Lateness and earliness of mixing, 318 
Laws of thermodynamics, see Thermo¬ 
dynamics 
Least squares, 68 
Life expectation. 320 
Linear first-order differential equation, 
59 

Linear process, 253 
Linear systems and age distributions, 
253 

Liquid-gas reactions, see Fluid-fluid re¬ 
actions 

Liquid-liquid reactions, see Fluid-fluid 
reactions 

Liquid-solid reactions, see Reaction of 
solids 

Macrofluid, 309 

as an approximation for homogene¬ 
ous systems, 322 
in backmix flow, 313 
in a batch reactor, 311 
in plug flow, 311 

Macrofluid and microfluid, definitions, 
309 

performance comparison, 314-316 
relation with real systems, 323 
summary of behavior in ideal re¬ 
actors, 317 

Macrofluids and heterogeneous systems, 
322 

Macromixing, 309 
Macropores, 463 

Mass transfer, see Gas film diffusion 
and Strong pore diffusion 
Material balaiKe, 96 
Maximum mixedness, 320 
Mean of a distribution, 251 
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Mean residence time, backmix reactor, 
113 

comparison with space time, 115 
plug flow, 113 

Mechanism, of reaction, search for, 31 
of surface reaction, see Active-site 
model 

Method, of initial rates, 68 
of isolation, 68 
of least squares, 68 
Microfluid, 309 

and macrofluid, see Macrofluid and 
microfluid 

Microheterogeneous system, 4 
Micromixing, 309 
Micropores, 463 
Microreversibility, 32 
Microscopic reversibility, 32 
Mixed models, applications, to fluidized 
beds, 297 

to real stirred tanks, 289 
examples of, 290 
for nonideal flow, 284 
number of parameters, 288 
regions, in parallel, 288 
in series, 288 
types, of flow, 285 
of regions, 284 

Mixed reactions, 158, 182-193, 235, 
326 

applications, 192 
design for, 193 
fast reactions, 326 
method of treatment, 186 
nonisothermal operations, 235 
type of reactor to use, 187 
Mixer-settlers, 412 
Mixing, of fluids, 309 
of two fluids, segregation, 323 
Mixture of particles, backmix flow, 367, 
372 

plug flow, 360 

Models, for flow, in fluidized beds, 298 
in real stirred tanks, 289 
for nonideal flow, 260 
Moleeularity, 13 
Moments of a distribution, 251 
Moving bed reactors, 465 
Multiple reactions, 10,126,158 
catalytic, product distribution, 458 


Multiple reactions, ef|BCt of tempera¬ 
ture, 233 

homogeneous, product distribution, 
158 

optimum temperature progression, 
236 

Multiple-reactor system, see Multistage 
operations 

Multistage operations, arbitrary net¬ 
work, 143 

equal-sized backmix reactors, 139 
fluid-fluid reactions, 414 
fluidized beds, 365, 382 
multiple reactions, 199 
nonisothermal example, 232 
optimum temperature of stages, 220, 
236, 239, 240 
plug flow units, 137 
reaction in solids, 365, 382 
single reactions, 137-146 

Natural petroleum, 426 ■ 

Nonadiabatic operations, backmix re¬ 
actor, 230 

Noncatalytic fluid-solid reactions, see 
Reaction of solids 
Nonchain reactions, 16 
Nonelementary reactions, 11 
kinetic models for, 15 
Nonhomogeneity and product distribu¬ 
tion, 186 

Nonideal flow, 242-308 
in fluidized beds, 294 
in packed beds, 274 
in pipe flow, 274 
in stirred tanks, 289 
models for, 260 
simple mixed models for, 290 
summary, 300 
Nonlinear process, 253 
Nonlinear systems and age dtetribution 
functions, 254 

nth-order reactions, 52, 74, 317, 444 

One-shot tracer input, 270 
Open-closed vessel, 265 
Open vessel, 265 

Optimum reactor type, adiabatic opera¬ 
tions, 229 

autocatalytic reactions, 146 
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Optimum reactor type, autothermal re¬ 
actions, 229 
catalytic reactions, 466 
for particular multiple reactions, 198, 
199 

for proper product distribution, 193, 
462 

Optimum temperature progression, mul¬ 
tiple reactions, 236 
single reaction, 216 
Order of reaction, 13 
Over-all fractional yield, 16S, 166 
catalytic reactions, 4S8 

Packed beds, effective thermal conduc¬ 
tivity, 281 
nonideal flow, 275 
Parallel reactions, 10 
catalytic, 56, 458 
homogeneous, 55, 158 
product distribution, see Product dis¬ 
tribution 

Partial segregation, definition, 310 
homogeneous system, 322 
Performance comparison, see Design 
charts 

Petroleum industry, use of catalytic re¬ 
actions, 426 

Piston flow, see Plug flow 
Planck constant, 24 
Plug flow, definition, 99 
Plug flow reactor, design equation, 107 
conversion for various reactions, 110 
temperature progession, 232 
Polymerization, 427 
reactor type and product distribution, 
193 

Pore diffusion, see Strong pore diffusion 
Probability paper, use with dispersion 
model, 268 

Product distribution, backmix reactors 
in series, 199 

catalytic reactions, 458-463 
effect of temperature on, 233 
fast reactions, 326 

parallel Teactions, 159-169, 193, 234, 
458-460, 463 

reactions hi series, 169-181, 193,235, 
461-463 


Product distribution, series-parallel re- 
acUons, 182-195, 235, 326 
summary, 193 
Pseudo-equilibrium, 65 

Random fluctuations and dispersion, 
262 

Rate constant, 14 
change of units, 438 
Rate-controlling step, determination, 
catalytic reactions, 453 
reaction of solids, 352 
Rate equation for heterogeneous reac¬ 
tions, 333 

Rate of reaction, definition, 5 
experimental findings, 36 
from theory, 35 

in constant-volume batch reactor, 44 
influencing variables, 5 
in variable-volume batch reactor, 69 
predicting, 35 
representation, 14 

use of predicted values in design, 36 
Rates, of catalytic reactions, 430-458 
combination of resistances, 446 
continuous-reaction model, 430 
contributing resistances, 430 
determining the controlling resist¬ 
ance, 453 

gas film controls, 432 
pore diffusion important, see 
Strong pore diffusion 
surface phenomenon controls, 432- 
438, 457 

of fluid-fluid reactions, 385-396 
chemical kinetics controls, 394 
general case, 391 
mass transfer controls, 386 
Reactant ratio, effect on reactor per¬ 
formance, 129 
Reaction and dispersion, 274 
Reaction controls, fluid-fluid systems, 
394 

Reaction of solids, 338-383 
application to design, 357 
ash diffusion controls, 346, 365, 368, 
372, 382 

combination of resistances, 352 
examples of, 338 

finding the rate-contrtrfling st^, 352 
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Reaction of solids, gas film controls, 
34S, 351, 364, 368, 372, 382 
in backmix flow, 363 
in fluidized beds with carryover, 372 
in plug flow, 360 

multistage fluidized beds, 365, 382 
selection of a model for, 340 
shrinking particles, 350 
surface reaction controls, 348, 351, 
364, 368, 372, 382 
two-stage fluidized beds, 365,382 
types of reactors, 357 
Reaction order, 13 
Reaction rate, see Rate of reaction 
Reactions, classification of, 3 
in parallel, see Parallel reactions 
in series, 10 
different orders, 178 
product distribution, see Product 
distribution 
reversible, 179 

temperature and product distribu¬ 
tion, 235 

with pseudo equilibria, 65 
Reactor holding time, see Mean resi¬ 
dence time 

Reactor performance, comparison, see 
Design charts 

with arbitrary flow pattern, 315 
Reactors, for catalytic reactions, 464 
for fluid-fluid reactions, 396 
for reaction of solids, 357 
Real stirred-tank reactors, see Stirred- 
tank reactors 

Recirculation reactor, see Recycle re¬ 
actor 

Recycle flow, 285 
model, 291 
Recycle reactor, 452 
Reduced time, 244 

Relationship among F, C, I, and E, 
248 

Residence time distribution, 243 
Resistances, combination of, catalytic 
reactions, 445 
fluid-solid reactions. 352 
fluid-fluid reactions. 391 
Reversible reasons, 62 
adiabatic in backmix flow, 229 
equilibrium, 12 


Reversible reactions, first-order, 62 
in plug flow, 110 
second-order, 63 

Search for a mechanism, 31 
example, 20 

Second law of thermodynamics, see 
Thermodynamics 
Second-order reaction, 48, 73 
in a series of backmix reactors, 141 
in macrofluid, 317 
in plug flow, 110 
reversible, 63 
Segregation, 310 

in fast homogeneous reactions, 325 
in mixing two fluids, 323 
in real systems, 323 
Selecting a model, 82 
in reaction of solids, 340 
Self-mixing of a single fluid. 310 
Semibatch operations, 95, 187 
fluid-fluid reactions, 420 
for desirable product distribution, 
162 

Series-parallel reactions, 182 
experimental, 190 

product distribution, backmix flow, 
188 

graphical representation, 189, 190 
Series reactions, see Reactions, in series 
Shrinking particles, rate of reaction, 350 
Simple mixed models, 290 
Single fluid, self-mixing, 310 
Single reactions, 10, 125, 158 
effect of temperature, 203 
Single reactors, size comparison, 126 
Single-site mechanism, 436 
^ze comparison of reactors, see Design 
charts 

Size distribution of solids, 361 
Slow reaction, fluid-fluid systems, 394 
Solid-catalyzed fluid reactions, see Cata¬ 
lytic reactions 

Solids, reaction Of, see Reaction, of 
solids 

Solids, size distribution, 361 
Space time, 101 
advantages in use of, 115 
Space velocity, 101 



SUUEa INDEX 


501 


^herical partkles, reaction of. see Re¬ 
action. of solids 

Staged contactors, see Multistage opera¬ 
tions 

Standard free energy, 2,205 
Standard states, 206 
Steady-state approximation, ash diffu¬ 
sion kinetics, 346 
homogeneous kinetics, 20 
Stimulus-response experimentation, 247 
Stirred-tank reactors, 289 
for macrofluids, 330 
ideal, see Backmix reactor 
Stoichiometry and mechanism, 15 
Stokes law, 425 

Strong pore diffusion, apparent activa¬ 
tion energy, 457 
cylindrical particles, 443 
effect on product distribution. 458 
experimental determination, 456 
extension to real catalysts, 463 
flrst-order reaction in a single pore, 
438 

flat slabs, 443 
heat effects, 445 
irregularly shaped particles, 443 
mixture of particles, 443 
molar volume change, 443 
particles of regular geometry, 443 
reactions of any order, 444 
spherical particles, 443 
with multiple reactions, 458 
Successive reactions, see Reactions, in 
series 

Surface of catalysts, interior and ex¬ 
terior, 446 

Surface renewal theories, 389 

TIanks in aeries model, 282 
comparison with dispersion model, 
283 

Temperature and reaction rate, 22 
conqiarison of theories, 27,28 
mqierimental, 74 
from Arrhenius’ law, 22 


Temperature and reaction rate, from 
collision theory, 24 
from thermodynamics, 23 
from transition-state theory, 25 
predictions of theories, 30 
role of activation energy, 28 
role of temperature level, 29 
Temperature effect, multiple reactions, 
233 

single reactions, 203 
Temperature level and conversion, 210 
Temperature versus conversion, adia¬ 
batic operations, 225 
Testing kinetic models, 19 
Thermal conductivity in packed beds, 
281 

Thermodynamics, 2, 204 
equilibrium conversion from, 205 
first law or energy balance, 97 
second law, and diffusion, 262 
and dispersion, 262 
and mixing, 318 
and tracer curves, 318 
use in reactor design, 2 
Third-order reactions, 51 
Total pressure data, analysis of, 41 
Tower design, see Design of towers 
Transition complexes, 16 
Transition-state theory, 25 
Tubular reactor, ideal, see Plug flow 
Two-film theory, 389 
Types of reactors, catalytic reactions, 
464 

fluid-fluid systems, 396 
reactions of solids, 357 

Unreacted-core model, 341 

Variables affecting the rate of reaction, 
5 

Variance of a distribution, 252 

Zero-order reactitnis, 53,72,109 
approximation to diffusion-controlled 
reactions, 322 
of macrofluid, 314,315,317 









